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ABSTRACT 
This thesis is concerned with feasibility of reducing 
the energy requirement for mtilticomponent distillation 
processes. 
Four systems of four component ideal mixturesare considered, 
using for each system two degrees of recovery (95% and 99.5%) 
and two configurations I and lI. 
A mathematical model has been developed to predict 
the minimum energy sequence for four component mixtures. 
Because of the difficulties in solving the equations a 
graphical method is devised to deal with the problem. 
To develop this method the concept of pseudo-components 
is invoked,. where a 'pseudo-component' is defined as one 
having predetermined values of the properties required 
for the design analysis, e.g. K-values, vapour and liquid 
enthalpies. 
A prediction design method has been developed for 
four component ideal systems which enables the optimal 
sequence to be related for any type of feed, different 
degree of recoveries and a set of relative volatilities. 
Energy integration is considered between reboilers 
and condensers only and then between intermediate heaters 
and coolers at the pinch points below and above the feed 
plate, respectively. 
ii ~ 
The concept of non-ideality is introduced. Non-
ideal systemsoften occur e.g.industrially significant 
mixturefo such as Ethanol!Water. Their non-ideality makes 
them energy intensive usually because of the high reflux 
ratio required. 
No general solution is possible but two real mixtures 
are considered, Acetone/Cumene /Phenol and Ethanol/Water. 
, 
It is shown that the engineering techniques discussed 
earlier can be used to produce significant savings in 
energy requirement for the two systems. 
These techniques are also applied to an industrial 
system. The first is the separation of light hydrocarbons, 
in a stabilizer, C3/C4 splitter and Gasoline Splitter. 
The mixture is nearly ideal in its vapour-liquid 
equilibrium relationships and again it is sho~m that 
considerable energy savings are possible. 
The conclusions of the work are summarised and 
suggestions for further studies in this field are provided. 
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Introduction' 
The design of an industrial process can be div.ided 
into two parts. First synthesis which deals with the 
creation of process systems that have desired properties; 
example of this are the process\route and configurations 
, 
and the selection of the type of the process units required. 
Second analysis, which deals with the understanding of what they 
are and how they work. 
Examples of this are the design and optimisation of each 
unit within a given configuration. 
In the late 1960s and early 1970s research in process 
synthesis established for the first time a set of formal 
design techniques for process development. The need for 
this approach has been emphasised by the energy crisis 
for those process which are energy intensive. 
Table 1 below shows the total annual energy requirements 
of the whole of the U.K. chemical industry from 1970 to 1975 
which accounts for x% of the total annual industrial energy 
of U.K. taken from Chesshire (1976). 
.;, 
Table 1 U.K. energy demand by sectors 1970 - 1975 (million therms, heat supplied basis) 
1970 1971 1972 1973 1974 1975 
Agriculture (%) 1.29 1.39 1.46 1.45 1.28 1.31 
Iron and Steel (%) 12.41 11.51 10.88 10.77 9.51 8.75 
Other Industries (%) 30.19 30.71 30.92 31.48 31.32 30.33 
Engineering an 6.66 6.39 6.38 6.90 6.99 7.07 
Food, drink, tobacco (%1 3.37 3.45 3.49 3.44 3.61 3.50 
CheIllica1s Cb) 5.20 6.08 6.31 6.94 7.13 7.04 
Textiles, leather, clothing (%) 2.66 2.39 2.34 2.32 2.23 2.13 
raper and printing (%) 2.62 2.56 2.52 2.40 2.34 2.21 
Bricks, tiles etc. (%) 1.38 1.24 1.04 1.10 0.99 0.92 
China and glas s (%) 1.20 1.26 1.19 1.15 1.22 1.12 
CeIllent (%1 1.93 1.96. 2.09 2.09 2.02 . 1.94 
Other trades an 5.17 5.39 5.56 5.16 4.80 4.89 
Railways (%) 1.10 1.05 0.96 0.91 0.91 0.92 
Road transport (%) , 14.68 15.61 16.10 16.34 16.66 17.02. 
Water transport (%) 0.87 0.80 0.67 0.71 0.85 0.93 
Domes tic (%) 25.27 24.81 24.80 24.44 25.88 26.31 
Air transport (%) 2.65 2.96 3.09 3.13 2.87 3.08 
Public services (%) 5.96 6.00 6.01 5.80 5.69 5.78 
Miscellaneous (%) 5.58 5.17 5.11 4.96 5.03 5.37 
Total Cb) 100.0 100.0 100.0 100.0 100.0 100.0 
Conversionldistribution losses 25721 25788 26040 26816 25205 24547 
Total U.K. primary energy demand 83674 82790 84080 87850 83494 80421 
I 
I 
I 
N 
I 
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In addition crude petroleum processing in the U.K. 
in 1973 amounted to 112,532,000 tons of this 6,941,000 tons 
was as refinery fuel· 60 and 70 per cent of the energy 
was used for one operation only that of fractional 
distillation. 
Table 2. shows the total energy required per year 
both theoretical and actual for some typical large 
processes. The ten chemicals considered together account 
for 34.2 pe4-Cent of the actual energy used in the 
chemical industry. Freshwater (1975). 
- 4 -
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Table 2. Total annual energy requirement Kcal xl09 
Chemical Theoretical Actual 
Sulphuric acid -4390 -770 
Annnonia - 580 +4075 
Chlorine +1020 +8830 
Nitric acid - 260 + 90 , 
Ethylene +1300 +5070 
Vinyle chloride - 150 +2150 
Butadiene +1210 +2310 
Styrene + 10 +2520 
Polyvinyl chloride - 160 +3550 
Polyethylene - 440 +4280 
Total for selected 
chemicals +3540 -5980 +32875 -770 
Total for chemical 
industry nJa nJa +96,000 
Actual percentage in list to actual total = 34.2 % 
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It is seen that all these processes are extremely 
inefficient on a first law basis. The reasons for this 
are a comple~ interaction of both economic and technical 
factors and the table illustrates the general rule that 
the smaller the number of manufacturing stages the higher 
the ratio of energy cost to total cost. 
\ 
It follows from this that as fuel costs increase it 
is likely to see a greater proportional increase in the 
production of the more complex chemicals particularly those 
which are petrochemical products. 
There are three ways in which the reduction of energy 
can be tackled. First is by application of conventional 
methods of fuel economy, and second is the method of the 
more radical one of changing the process. The third 
method is the re-use of energy or the large scale application 
of the second law of thermodynamics. 
The role of chemical engineer in the management of 
energy especially heat energy has long been recognised as 
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integral part of his function and with energy costs 
increasing rapidly this aspect of his work is becoming 
more and more important. 
This was considered by Rudd et al (1973), who pointed 
out that the amount and hence the cost of raw material 
required in a process is an immutable function of the 
reaction path. Economy B thus possible only by changing 
the chemistry o~ the process in a manner which either 
dramatically improves the yield or uses a cheaper feedstock. 
Thus for ·a given process route the amount of energy 
theoretically required is fixed. However the amount of 
eriergy that is actually used depends very largely on the skill of 
the designer and especially on his ability to see how energy 
rejected at one part of the process can be re-used in 
another part. 
Three general types of problems are wlo1ve d in the management 
of heat in processing system. Meissner, H.P. (1971). 
7 .,. 
1. Sensible heat 
Chemical reactions are usually carried out at temperatures 
higher than ambient either to increase a reaction rate or to 
obtain a favourable shift in the equilibrium. 
'. 
Therefore reactants must be heated and the products 
cooled which gives opportunities for heat interchange. 
2. Heat of reaction 
Most reactions are more .or less vigorously exothermic 
or endothermic. The majority of industrially important 
reactions are strongly endothermic. In either case provision 
has to be made for supplying or removing heat from the reactors. 
Table 2. shows that in theory there is very large scope for 
reducing energy requirements in the chemical industry. 
3. Energy of product recovery 
Most processes result in mixtures of components which 
must be separated. All separation and purification processes 
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require energy which is nearly always supplied in the 
form of heat. 
Although the above three points have been listed 
separately they are clearly all interconnected as part of 
the total processing system. 
, 
Distillation is the most widely used of all separation 
process in both chemical and petroleum industries. It is 
also one of the most energy intensive. Therefore many techniques 
have been proposed for the reduction of the energy requirements 
of distillation processes and these will be considered in Chapter 
1. 
Chapter 1 
Review of previous work 
-q- . 
Chapter One 
Previous Work 
1.1 Definition of energy of separation 
T~e energy supplied to a separation process may be 
in the form of electrical, mechanical, chemical or thermal 
energy, depending upon the type of process. 
In theory, energy is required because of the decrease 
in entropy of the system which occurs when it is separated~nto 
its components. 
In practice extra energy is required owing to:-
Ci) Inefficiencies of the separating process, and 
Cii) Heat losses 
Therefore the energy of separation may be divided into:-
1. 2 Ideal energy of separation 
To determine the efficiency of a process the ideal or 
- 10- ~ 
theoretical energy requirement must be found. The least 
work will be required by a process which is isothermal and 
reversible, although it is only the initial and final 
states of the substances involved Which affect the energy 
requirement. 
As an example the energy requirement will be calculated 
for an idealised distillation. Considering first, the case 
of the separation of one mole of pure component A from an 
infinite amount of a mixture of components A and B, i.e. 
the composition does not change. 
The following carried out:-
Step (1):- Vapourize 1 mole of A from a large amount 
of fee~tock at a temperature of T degree kelvin through 
a semi-permeable membrane, which passes A only at its equilibriUll 
pressure Pa and specific volume Va' 
The work required = P 
a 
(V - V (liq) ) 
a a 
= P
a 
Va neglecting Va(liq) 
Where P
a 
= Equilibrium vapour pressure. 
V = specific volume. 
a 
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Step (2):- Compress the resulting vapour isothermally 
and reversibly at T degree kelvin to the vapour pressure 
of pure A, i.e. p 
a 
Work required = R To Ln (p /P a) 
Step (3):- Condense the vapour at T degree kelvin 
through a membrane. 
Work required = -p v 
a a 
Where va = specific volume of the vapour at pressure p. 
Total work of separation is the sum of these steps and 
the minimum work of separation is:-
Work ideal = R T In (p/P) ............................. (l.l.) 
a a 
Where P V = P v 
a a a a 
= R T 
For ideal mixture Raoult's law may be introduced in the form of 
Thus Wideal .= - R T L~. Xf ..........•................... (1.2) 
Where Xf is the mole fraction oi component A in the 
original mixture. The same analysis may be appl ied for separation of 
component B which gives. 
For ideal mixture 
Wideal = - R T Ln ( I - Xf ) 
! 
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Thus the most simple separation process is the isothermal 
reversible separation of an ideal two component mixture. 
for wti.c.h the work or energy is measured by change in free 
energy, AF. = Wideal 
Therefore the total energy required for separating 
, 
a mixture into its pure component is:-
llF = Wideal = P'Tl (Xf Ln (Pa/Pa> + (l - Xf ) Ln (Pb/Pb) ) ••• (1.3) 
= RTl (Xf Ln (ya Ta/Pa) +(1 - Xf ) Ln (Tb Yb/Pb) ) 
For ideal mixture this becomes 
Wideal = - RTl (Xf Ln(Xf ) + (J - Xf ) L~ (l - Xf ) ) ••••• (1.4) 
Where R = gas constant,Jol.lls/gmmole degree 'kelvin 
T = Temperature, degree l-<e1vin 
W = Ideal work of separation, Jouh/~ole 
P a'Pb = Equilibrium vapour pressure for 'component A, B. 
P a,Pb = Partial pressure of A, B. 
Figurel,lshows a plot of the theoretical work required versus 
feed composition for complete separation 
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For non-ideal mixture,Xf in equation (1.2) and the 
logarithmic terms in equation (1.4) must be replaced by 
the corresponding thermodynamic activities. 
-,. 
W required = -RT (X Ln(yaX )+x LnlYb~ ») ............. (1.5) 
a. a --0 . 
Wherey Yb are activity coeffici'ent of A, B. \. a, 
For a mu1ticomponent liquid mixture being separated isothermally 
into pure products the equation is:-
fl,F = Widea1 = - RT~_~' 
J 
Ln (y. X.) ..................... (1.6) 
J J 
If the mixture were separated into a distillate mixture 
and a bottom product mixture equation (1.5) becomes. 
flF = Widea1 = -RT(X Ln(y X.)+ Xb Ln(Yb X)- D(X nLn(y D a a a _. -0 _ a a 
= XaI1 + X,bDLn(~DYb:a-W(XaWLn(YawXaJ + 
= ~ W Ln (Yob W ~ t-f ) ) ....................... (1. 7) 
Where D = distillate rate 
W = bottom rate 
The first equation (1.5) is for ideal solution Le. 
activity coefficients equal to unity. The maximum work required 
for separation occurs when the feed contains equal mole fractions 
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of the two components. 
Non-ideal solutions, with activity coefficients 
greater than 1.0 require less work of separation than 
,. 
do ideal solutions, while those with activity coefficients 
less than 1.0 require more work.'. 
Equation (1.7) shows that separation into mixtures 
requires less work than separation into pure components. 
Some calculations made by Freshwater (1951) illustrate 
the minimum work required to separate a mixture of Phenol 
and 0-creso1 which approximates ideal behaviour and contains 
50 per cent Phenol by. weight. Table: 1.1 shows the minimum 
work required for five different first product strengths. 
The results are plotted in figure 1.2 which shows that the 
work required increases sharply as the product strength 
increases. 
- 15-
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Tablel.l Work of separation Phenol/O-cresol mixture 
Phenol in feed Phenol in bottom Phenol in product Min. work 
percent by weight percent by weight percent by weight per mole 
o~,ftT.ed 
50 5.0 90 319 
50 5.0 94 348 
\ 
50 5.0 96 397 
50 5.0 98 456 
50 5.0 100 510 
The system of ethanol/water which is highly non-ideal 
was studied by Freshwater (1951). It was assumed that the 
product would be 92 per cent by weight and the bottom 0.1 per 
cent by weight alcohol. Eight different feed strengths were 
considered and for each of them table 1.2 gives the minimum 
work requirements • 
• 
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Table 1.2For ethanol/water system 
Feed strength percent 
alcohol by weight 
2 
3 
4 
5 
6 
8 
10 
20 
',' 
Minimum work CH.U/mole 
product 
1790 
1885 
1695 
1615 
1450 
1250 
1220 
925 
g 
Q) 
Q) 
.... 
.... 
o 
Q) 
.... 
~ 
.... 
'" Q) 
'" ..... 
:0< 
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0.2 0.4 0.6 0.8 1.0 
XF - Mole fraction of Feed 
Figure 1.1 Theoretical work of separation ideal two componentf 
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u 
92 9 
Phenols in product by weight 
Figure 1.2 Minimum work of separation phenol/M-Cresol mixture 
at 100oC. Feed 50% by Weight. Bottoms 5% by weight. 
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1.3 Definition of thermodynamic efficiency in terms of 
first law and second law. 
The efficiency of practical processes which employ 
mechanical or electrical energy to effect the separation 
can" be defined in terms of the fifst law of thermodynamics 
, 
as the ratio of energy required for separation to the 
energy supplied. This will henceforth be referred to as 
first law efficiency. 
For processes which employ thermal energy the above 
methods of analysis are not directly applicable since the 
efficiency of conversion of heat into mechanical or 
electrical energy is necessarily less than unity, so the 
efficiency must be defined in terms ox the"second law of 
thermodynamics. 
Definition of thermodynamic efficiency in terms of 
the second law. 
= 
Minimum or ideal work 
Net available work X 100 ................... (1.8) 
1.3.1. Efficiency in terms of first law of thermodynamics 
As an example consider the separation of a mixture of 
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Phenol and 0-creso1 which contains 50 percent Phenol by 
weight. 
The energy required is:-
Widea1 = - RT 1 (X LnOO-(1 - X) Lno.. - X» •••••••••••••• (1.9) 
Where X is the mole fraction of Phenol in feed 
\ 
By thermal distillation using a heat source, the 
heat input required for separation is equal to the molal 
latent heat of vapourisation.Therefore first law efficiency 
Wmin -RT(X Ln(X) - (1 - X) Ln (1 - X) ) •••••••••••••••• (1.10) 
n 1 = x-= A 
where A is the latent heat of vapourisation. 
To evaiuate the first law efficiency, consider the 
process is conducted by thermal distillation, using heat 
source, the heat input required for the separation is equal to 
the molal latent heat of vapourisation. 
Taking this as 9641 Ca1/mo1e, and assume the process 
to be operated under reduced pressure so that the condensation 
temperature is 20 degree -centigrade the minimum work of 
separation from equation (1.9) is 403.5 Ca1/mo1e. 
403.5 The first law efficiency ni'.· 9641 = 4.18 percent 
This low value of the efficiency is a result of the 
low Garnot efficiency in the conversion· of heat into 
mechanical energy over the temperature range involved. 
Where, this range is equal to the boiling point elevation, 
for an ideal dilute solution is:-
AT =-R TJ T2 (](LnX + (l-X)Ln(l-X) ) 
A 
= -R T (](LnX + (l-X)Ln(l-X) ) ........................ (1.11) 
A 
Where T l' T 2 are the boiling points oJ; Phenol and a-Cresol 
in mixture. 
Therefore equation (1.10) shows that the first law 
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efficiency is essentially independent of the temperature 
driving force across the heat exchange surface, since 
the variation of latent heat with temperature is relatively 
sEall; further, it increases directly as the absolute 
temperature, due to the minimum work of separation. Hence 
if the process is carried out at\lOOoC the efficiency 
, 
increases slightly to 5.33 percent. 
1.3.2. Efficiency in terms of second law of thermodynamics 
To calculate the second law efficiency it is necessary 
to find the loss in output of useful work from the process. 
The heat is charged to the process at a temperature T2 • 
Then this heat, is supplied to a Carnot engine with 
a sink temperature would perform useful work:-
A( 1 - T ) 
--.£. .................................. (1.12) 
T2 
The same amount of heat is rejected by the process 
at the lower temperature T l' this would perform work equals:-
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)'(l-T) 
= 
o 
- .......................... , ........ (1.13) 
The loss of work is equal to the difference in. 
W = To (1..-_1_) ....................................... (1.14) 
T1T Z 
= T :lIS 
o ' 
Where As is the entropy gain of the process, this applies to 
the ideal and the actual cases, the second law efficiency 
defined as;-
. 4Sideal n 2 = Wideal Wactual llSactual ..•..•....• , •.• 'O •••••••••••••••• (1.15) 
TIT 2 represent the temperatures at which heat is supplied to 
and withdrawn from the process respectively. 
aSide .. ! = ).~- ..!l 
Tl T 2 
.= A CT 2 - T J) ••••••••••••••••••••••••••••••••••• (1 .16) 
T 2 Tl 
" " For practical case, temperature Tl-' T 2 obtain therefore, 
" / lISactual = A (T '?- - T.u. 
T' T"' •••••••••••••••••••••••••••••••• • (1.17) 
2 ~ I 
Then n2 = (T 2 - 'lj) T J T_2 ••••••••••••..•.•.•••••.•••••• (I.l/a) (T ." - T ') T T 2 r 1 2 
,/ / 
R TIT 2 (Ln Xf ) .. , ............................. (1.18) 
= - ).(T ; - T? 
I I 
In the ideal case (T' 2 - T t is equal to ('12 -T t ' 
the boiling point elevation, i.e. 2.90 C, so the value 
of n 2 given by equation (1.17a) is obviously 100 percent. 
This will be reduced in practice due to the need for 
an increased temperature differepce across each heat exchanger; 
'. 
if this is taken as 100 e in both boiler and condenser, the 
inlet and outlet temperatures become 112.90 C and 900 e 
o 
so that (T 2 - T i = 22.9 e, and the second law efficiency 
is then from equation (1.18):-
1.987 x 386 x 363 x 100 Ln 0.5 
=- 9641 x 22.9 
-; 87.4 percent. 
The second law efficiency is therefore markedly 
dependent upon irreversibi1ities in tte process, although it 
is much higher than the first law efficiency. For this 
reason it is of particular value in comparing processes which employ 
thermal energy with those which require other forms of energy. 
1.3.3. Examples of thermodynamic efficiency, using both 
first and second law expressions:-
"-j. 
Several workers, Benedict (1947), Robinson and 
G illi1and (1950); Freshwater (1951) and King (1971), have 
calculated and reported the results for ideal and non-ideal 
systems. 
Benedict (1947), considered an example of the second 
law efficiency for conventional distillation as in table (1.3). 
He defined it as the ratio of entropy increase in a thermodynamic 
ideal distillation to the minimum entropy increase in 
conventional distillation and calculated this for a feed 
between 30 to 70 percent. 
Conventional distillation run at minimum heat input has 
a fairly high second law efficiency of 89.3 percent, but at 
very low or very high feed composition it is very inefficient. 
When heat is used to supply the energy of separation there 
will be a net upf10w which is minimum at the top and 
bottom of the column and a ~inimum at the feed plate. 
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In conventional distillation the column operates at 
a nearly constant net heat upflow. Therefore the energy 
supplied over the whole temperature range from the. top to the bottom 
is much greater than it need:: to be for all except feed plate 
condition. 
, 
In thermally ideal distillation only the minimum net 
upflow of heat is supplied at any point in the column. 
Therefore heat dQs must be added to each plate of the 
stripping section by means of partial reboiler. At each 
plate of the enriching section heat is removed by means of 
a partial condenser. Only a small fraction of heat added to 
the column flows through the full temperature difference between 
the top and bottom. The direction in which conventional 
distillation should be modified to improve its thermodynamic 
efficiency is shown in figure (1.3). The net heat flow should 
be smaller at the product ends of the columns than at the 
feed point. 
The net upflow of heat in the ideal distillation of a 
close boiling ideal solution is plotted against the mole 
fraction of the light component. 
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The example chosen illustrates complete separation of feed 
of composition 0.1 mole fraction light component (X = 0.0, 
X n= 1.0). The full line represented the net upflow of heat 
at various concentrations or temperatures in ideal distillation, 
as in figure (1.4) 
To calculate the heat added to the stripping section 
and heat removed from rectifying section Benedict (1947), 
considered the minimum upflow of heat at any given point 
as given by:-
CJrun· = L mn = V min 
L ... must be calculated for stripping and rectifying 
m~u 
section first, to calculate the difference in composition 
between corresponding streams leaving two adjacent stages 
two equations must be considered,the material balance equation 
combined factor. 
Enrichment equation: 
, 
X - X = (a - 1) X (1 - Y) - (Y. - X) P /L p 
Stripping section: 
/ 
X - X.= (a - 1) X (1 - Y) - (X - Xw) W/L 
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The difference in composition between streams leaving 
/ 
adjacent stages (X - X) is less than the difference in 
composition between two streams leaving the same stage 
given by: 
Y - X = (a - l):X ( 1 - Y) 
By an amount which is inversely proportional to the 
interstage down flow rate L. The minimum value of the down 
flow rate Lmin may be expressed in term of the top rate P, 
the bottom rate W or the feed rate F, by the following equation: 
L.. P(X -X) 
ml.n _ -r--';'P __ :::--,;;-""7.' 
- (a-I) X (l-Y) 
(Enriching section) 
= F CYp -Y) (Xf-Xw) 
(a-I) X (l-Y) (X -X ) p w 
L. W (X-X) 
ml.n w (Stripping section) 
:-----
(a-I) X (l-Y) 
F (X -Xf)(X-X ) p w 
(a-I) X (l-Y) 
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Robinson and Gilliland (1950), considered the 
thermodynamic efficiency of two systems Benzene/Toluene 
and Ethanol/Water at atmospheric pressure. For the first 
system complete separation was assumed. For the second 
system the distillate was 87 percent mole alcohol and 
the bottoms was pure water. 
, 
The maximum second law thermodynamic efficiency for the 
first system was about 80 percent for the feed of composition 
of 0.4. The efficiency decreases for both weaker and 
stronger feeds but in the range of feed composition from 0.1 
to 0.8 is good as given in table {1.4).The second law 
thermodynamic efficiency as defined by equation (1.8) will 
always decline when the mole fraction of the more volatile 
• 
component in the feed exceeds 0.5. For the Benzene/Toluene 
system the actual efficiency for a feed of 0.4 mole fraction 
varies from 0.3 to 0.5. The results for the Ethanol/Water 
system "are given in table (1.5) 
The heat requirement per mole of distillate is essentially 
independent of the feed composition over the range shown because 
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the minimum reflux ratio condition corresponds to the 
tangent with the equilibrium curve at about 84 percent 
alcohol. The reflux ratio is the same over the whole 
concentration region, see figure (1.5) 
Freshwater (1951) , studied the thermodynamic efficiency 
for t~o systems Phenol/O-cresol and Ethanol/Water. Table (1.6) 
and(1.7)show the first law efficiency of thermodynamic for 
both systems. 
For the first system the thermodynamic efficiency 
actually increases as the product strength increases. For 
example a certain mixture similar to this mixture but with 
a lower phenol content 40 percent had a thermodynamic steam 
requirement; of 0.0518 Ibsteam/Ib product when producing Phenol 
at 85 percent. The actual steam consumption was 4.5 Ib/Ib of 
product and the first law thermodynamic efficiency was 1.15 percent. 
The "thermodynamic efficiency" here was defined as:-
Ideal steam consumption x 100 
Actual steam consumption 
For the second example the efficiency increases, as the 
feed strength increases, but is still very low even at the 
high feed strength of 20 percent. 
.,' 
King (1971), calculated the thermodynamic second law 
efficiency for the close boiling mixture Propylene-Propane as:-
=lIBsepF 
W'" 
n 
Where 1I Bsep = is the minimum work required for separation. 
/ 
W = is the net available work required for separation. 
n 
The actual work for ideal close-boiling mixture at 
minimum reflux is: 
... 
W = R F T 
n o 
And it is also true for any actual operating reflux ratio 
as the products are relatively pure. For the minimum re~lux 
ratio. it will be:-
/ 
W = 
n 
d + Lact 
d + Lmin 
R F T 
o 
Where d = Distillate rate. 
Lact = Liquid rate at actual reflux ratio 
Lmin = Liquid rate at minimum reflux ratio. 
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For the separation of a nearly ideal close-boiling 
mixture 1>H for the process streams entering and leaving 
is very nearly equal to zero. 
, 
Thermodynamic efficiency will be 1.0 for a reversible 
process, and will be less than 1.0 to the extent that the net 
work consumption exceeds the thermodynamic minimum work 
requirement. 
Figure(1.6)shows the thermodynamic efficiency of close-
boiling distillation of an ideal mixture giving relatively 
pure products when carried out at minimum reflux. Also 
includedis the comparison of results given by Robinson and 
Gilliland (1950) for both Benzene/Toluene distillation and 
Ethanol/Water distillation, which were carried out at atmospheric 
pressure. Complete separation was postulated in the Benzene/ 
Toluene·case. The Ethanol/Water distillation was taken to give 
87 per....cent and 0 per...cent alcohol in the distillate and bottom prodUl 
respectively. The non-ideality does not necessarily imply a 
lower thermodynamic efficiency. 
The results calculated for both first and second law 
efficienciesby the above workers are summarised in tables 
(1.3, 1.4, 1.5, 1.6, 1.7). 
.~. 
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Tablel~3 Thermodynamic efficiency for conventional distillation 
Feed composition in percent Second law thermodynamic 
efficiency of conventional 
distillation 
0 or 100 0.00 
" 
'I or 99 0.056 
5 or 95 0.189 
10 or 90 0.325 
20 or 80 0.500 
30 or 70 0.611 
50 0.693 
7ab1e 1.4 Fractionation efficiency for Benzene}To1uene mixt;re 
Tw = 692 degree rankin, Tc = 636 degree rankin, To = 546 degree rankin 
.. 
Mole fraction Min.heat required . Thermodynamic Net work Thermodynamic 
Benzene in feed Btu}Ibmo1e feed work Btu}Ibmo1 Btu/Ibm eff % 
0.1 13100 439 895 49 
0.2 14100 662 964 . 69 
0.3 15200 810 1040 78 
0.4 16200 882 1110 80 
0.5 17200 900 1180 76 
0,6 18300 880 1250 70 
0.7 19300 785 1320 60 
0.8 20300 630 1390 45 
0.9 21400 410 1460 28 
I 
w 
'(' 
, TabU! 1.5 Fractionation efficiency for Ethanol/Water mixture 
, 
Mole fraction Min.heat required Thermodynamic Available 
Ethanol in feed Btu/Ibmole feed work Btu/Ibmole work Btu/Ib 
0.03 2620 
, 
106 131 
0.1 8740 195 437 
0.2 17500 261 875 
, 
0.3 26200 310 1310 
0.4 34900 288 1745 
0.5 43600 283 2180 
0.6 52400 234 2620 
0.7 61200 195 3060 
0.8 69600 90 3480 
, 
Thermodynamic 
eff. 
81 
45 
30 
24 
17 
13 
4 
6 
3 
I 
w 
... 
I 
Table 1. 6 Phenol/a-Cresol mixture 
Product Strength Min reflux ratio Steam for Rmin 
percent by weight molar Ib /Ibproduc t 
90 1.34 0.575 
94 1.55 0.62 
96 1.67 0.65 
98 1.77 0.675 
Steam for min 
work Ib/Ib Proe 
0.0545 
0.0624 
0.0731 
0.0858 
Thermodynamic 
.eff • 
9.5 
11.5 
13.0 
14.7 
I 
...., 
In 
I 
Tab1e'l.7 Ethanol/Water system 
Feed strength Min work 'Equivalent steam 
percent alcohol C.R.U./mo1e at 50 psig Ib/ 
by weight product mole 
2 1790 10.55 
3 1885 11.12 
4 1695 10.00 
5 1615 ' 9.55 
6 1450 8.56 
8 1250 7.47 
10 1220 7.18 
20 925 5.45 
Min Steam for 
Reflux Rmin/mo1e 
ratio of product 
8.65 118 
5.95 124 
4.89 106 
3.96 89 
.-3.30 77.5 
2.51 63.00 
2.13 55.60 
1.17 39.00 
Thermodynamic 
eff. 
5.62 
9.00 
9.45 
10.75 
11.07 
11.90 
12.90 
14.00 
I 
W 
'" I 
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1.4 Summary:-
SummaTising it can be seen that the thermodynamic 
efficiency on a first law basis is generally very poor. 
Although this looks better on a second law basis the 
improvement is more imaginary than real unless use is 
made of the heat rejected. Therefore there is considerable 
scope for improvement in the thermal economy of distillation. 
In the next section various ways of improving this will be 
reviewed. 
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Ordinary Distillation, R = 1.2 x R. (Case 11) 
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1.5 Energy conservation schemes for distillation processes:-
There are three ways in which the problem of reducing 
energy consumption can be tackled. The first is by the 
application of conventional methods of fuel economy. It 
has been estimated that 10 to 15\ percent of energy 
'. 
consumption of the chemical industry in the USA could be 
saved by the adoption of conservation methods which were considered 
by, The National Economic Developments Office Report In 
Industry (1975). This largest single economy would be the 
wider spread of the use of combined steam and power generation. 
This has been well dealt in the paper by Caudle (1975), who 
points out the very high capital value of such schemes and the 
low scale value of surplus electricity makes them less 
attractive in practice than in theory. The second method is 
the more radical method of changing the process by making 
an existing process more efficient and by making fundamental 
changes in the chemistry of a particular manufacture. For 
example the production of Acetylene from Naphtha instead of 
by the electric arc furnace process. In more general terms, 
a certain reaction may produce a mixture which poses a very 
_ 42-
.~. 
difficult separation problem by .distillation e.g. 
existence of azeotropic. The third method which is the 
rause of energy or the large scale application of the 
second law of thermodynamics. 
For distillation there are ~hree basic ways in which 
the energy required may be reduced. The first of these 
is by good operating practice which range from simplistic 
measures such as lagging to check the feed plate location. 
The second is the design modifications to the existing equipments 
such as tray or redesignoEaheat exchange replacement. 
The third is the complete design of new system to take 
advantage of alternate column configurations or advanced 
heat steam matching. The first two of these have been well 
reviewed by GeYer (1976). 
1.5.1. Operating strategy for existing column:-
For minimum energy consumption, a distillation column 
must be operated at a calculated reflux ratio with overhead 
and bottom concentrations at minimum quality requirements. 
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However, in the interest of smooth safe operation 
excess reflux rates tend to be used. To achieve minimum 
reflux ratio, plant supervision must provide the operators 
with the tools and incentives to minimize energy consumption. 
Tools means good instrumentation. Plant supervisors should 
measure steam, water, electricity, and gas usage, and then 
plot the energy usage per unit mass of product versus time. 
When the unit rates run above normal determine the causes 
of the consumption. 
The higher level of management. in energy conservation 
involve. 
1.S.1.a Quality specifications overhead and bottom purity 
specifications 'which should be challenged 
S:.Ja11 changes in overhead and bottoms concentration can 
result in large energy increases. An example given by Geyer 
(1976) , a relative volatility of 1.4 was designed for an 
. overhead light materials concentrations of 98 percent and 
a bottom heavy concentration of 99.6 percent •. 
Operating at 99 percent lights overhead and 99.7 
percent bottoms will result in an 8 pe~ent increase 
in energy consumption. Conversely, a decreased overhead and/or 
bottoms concentration can result in significant energy savings. 
Energy savings must be balanced against possible 
additional cost because overhead ,or bottom streams are 
usually recycled or subsequently processed. 
1.5.1. b Rate versus efficiency:-
Distillation columns should be operated at rates giving 
maximum separation efficiency. At reduced feed rates, 
vacuum distillations can be carried out at optimum efficiency 
by reducing the normal top operating pressure. This reduces 
the temperature difference for condensing the overhead product. 
The decrease in heat load usually will compensate for the 
decrease in the tp.mperature difference. Operating columns near 
maximum efficiency requires good instrumentation and operator 
attention. 
1.5.1 c. Incorrect feed plate locations:-
In continuous distillation coltmms, inc.orrect feed plate 
locations can result in reduced efficiency and increased steam 
consumption. 
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If the original design feed temperature or composition 
or the product specifications has changed, it may be 
desirable to recalculate the optimum feed point. Most 
continuous column have multiple feed points that can 
be readily changed. 
To discuss this point a four component feedstock 
was considered, of feed composition, 0.25, 0.25, 0.25, 
0.25, feed temperature of 75.6oC, and recovery of light 
and heavy key component of the feed is 0.995, 0.995, 
respectively. The optimal feed plate location was 
found to be at plate number 10, reboiler load equals 
8.47 million kJ/hr, and steam consumption is equal to 
0.2023 Kg/hr 
Changing the recovery of the light and heavy key 
component to 0.95, 0.95, respectively keeping the feed 
composition and temperature constant, the optimal feed 
plate location was found to be at plate number 6, the 
reboiler load equals to 7.9 million kJ/hr. and steam 
consumption equal to .18868 kg/hr. 
-. 
.". 
1.S.1.d. Column auxiliaries:-
Improperly operated distillation auxiliaries, such 
as steam traps and vacuum steam jets can result in a 
sizable energy waste. A 0.9525 centimeters, blowing 
steam trap, for instance, can waste up to 181439 kg/month 
'. 
of steam. With vacuum steam jets operators tend to 
postpone changing worn diffusers and nozzles. They try 
to achieve the required vacuum by increasing steam pressure 
to the jet, or by operating a spare jet 100 percent of the 
time. 
1.S.2~ Extensive modification of existing equipment:-
This is particularly useful for columns operated at 
rates significantly below design feed rates such as columns with 
large safety factors, due to the lack of good relative 
volatility data during the original design calculations. 
The solution of-course is to repair the column internals 
or better yet switch the column internals to the newer and 
more efficient trays. 
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l.S.3. Design of a new system:-
The designer Gf a distillation system should look at 
the whole process since the design of reactors, extraction 
equipment, and other nondistillation equipment often has 
a large effect on the energy req~irements for the actual, 
distillation steps. 
Increasing the reactor pressure and decreasing the 
operating pressure of the column and possibly using very 
low pressure drop on trays. The degree of separation by 
distillation can be linked with reaction and extraction 
steps to minimize energy requirements. Exothermic processes 
should supply all heat energy requirements. The aim is to 
design a process to accomplish this and only add outside energy 
to eliminate the capital that cannot be justified by the 
energy saved. This will result in process that uses less 
energy. Column internals should be designed with energy 
costs in mind thus:-
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a. Packed towers or valve trays should be used 
where dual flow and sieve trays do not have 
sufficient turndown. 
b. Very large single-train columns are considered 
more advantageous either splitting single columns 
or operating with a dual system. 
, 
c. Large column should be designed for the maximum 
production rate specified. 
d. When multiple distillation trains are necessary, 
it is sometimes best to design some to run at 
maximum capacity and the others to have extreme 
flexibility for handling capacity swings. 
Kline (1974), considered first the use of energy and 
second law efficiency, It was found that plotting the actual 
energy versus theoretical energy consunption for each of 
the processes was a useful tool to help reduce energy needs. 
To measure both actual and theoretical energy consumption 
these must be:-
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a. A reliable and cred ible metering system. 
b. A very good energy and mass balance on each 
process. 
Theoretical energy is defined not as the absolute 
minimum determined by thermodynamic, but rather the minimum 
for which the equipment is designed. 
, 
General opportunities were found for energy survey in 
the following areas:-
a. Excessive reflux on distillation column. 
b. Excessive air in furnaces. 
c. High steam to oil ratios on reactors. 
d. Fouled heat exchangers. 
c. Poor control systems relating to the above. 
e. Spare equipment such as pumps, compressors even 
reactors which would be shut down completely and 
still serve as effective spares in case of operating 
problems. 
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Shinskey (1976), considered the application of 
thermodynamic principle relating work and energy and has 
shown-up certain inefficiencies connnon to separation units. 
The irreversible processes to be minimized are blending, 
throttling and excessive temperature drop across heat 
transfer surfaces. Within the l~mits of equipment at 
, 
present in use, up to 20 percent of the energy required 
to make a given separation is wasted because of these 
inefficiencies. 
1.6 A different approach to improve the energy efficiency 
of process has been put forward by Fitt (1977):-
He considered that in principle two sorts of contributions 
to energy conservation could be defined and called them 
"positive saving" on the one hand contrasted with "Bartering" 
on the other. 
"Positive saving" is obtained when the basic efficiency 
of the process is enhanced by improving the chemistry of the 
process. An example is given of improving the efficiency of 
a Platinum reforming catalyst. 
._ 51_ 
Another example is given to add an inhibitor to Styrene 
to prevent excessive polymerisation occurring in the 
hotter part of distillation train. 
A second way which the gross energy requirement of 
the process can be reduced is by'.making an otherwise value-
'. 
less biproduct st~eam usable as a fuel. 
"Bartering" is reducing the net energy requirement of 
the process by expending some other resource· 'jj:J.e "other 
resources" is capital and the contractor is trading off 
energy saved against the cost of extra heat exchangers or 
other changes in equipment design. This is not the only 
way in which "Bartering" can be described. Sometimes the 
design has to balance expenditures of energy against the 
material efficiency. "Bartering" can be defined as follows 
with examples taken from distillation processes:-
a. Energy versus capital: e.g. feed product heat 
exchangers, energy recovery from condensing 
overheads, and feed bottoms exchangers. 
• 
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b. Energy versus product: e.g. Reflux versus 
product loss in off-fractions and feed 
evaporator costs versus losses in mother 
liquor. 
c. Energy versus other utilities: e.g. Air versus 
water cooling and hii~ temperature processes 
versus consumption of fuel oil. 
1.7 Methods of reducing energy consumption in distillation 
and improving thermal efficiency:-
An additional heat source need nodobe at a temperature 
level sufficient to operate the reboiler but should be suitable for 
the intermediate region. Above the feed plate heat must be 
removed at some intermediate position. An example given 
by Robinson and Gilliland (1950), for Ethanol/Water separation 
as in table (1.5) at a high feed concentration 0.8 percent; gave 
low fractionating efficiency of 3 percent. This was because 
lower quantities of heat could have been used for the concentration 
region below a mole fraction of Ethanol less than 0.8 and moreover hil 
heat requirement resulted from the pinch in region at the top. 
Therefore a high percentage of heat could have been added at a 
temperature level only a few degrees above that of the 
condenser rather than at the higher temperature of the still. 
To reduce the irreversibility in the fractionating 
tower it is necessary to make the vapour stream entering a 
plate more nearly in equilibrium. with the liquid on the plate. 
To accomplish this condition throughout the tower implies 
that the operating line coincides with the. equilibrium curve, 
and requires a different reflux ratio at each point in the 
column and an infinite number of stages or plates. 
The conventional manner of operation is that all the heat is 
supplied at the bottom of the tower. Therefore for a feed 
at its bubble point and ignoring heat losses, the vapour load 
is constant throughout the tower. In most systems the 
minimum vapour load is determined by conditions in the region 
. around the feed plate. A lower quantity of vapour would be 
suitable for the regions at the top or bottom of the tower. 
It would be possible to operate a fractionating tower by 
supplying less heat at the bottom th"n additional heat at 
the pinch points intermediate between the reboiler and the feed 
region. 
- 54-
1.7.1. Inter"reboilers and condensers 
Interreboi1ero and intercondensers when applied in 
accordance with typical economic and operating criteria 
can produce significant reductions in the operating cost 
of a distillation system • 
• 
The generally accepted approach of applying heat only at 
the base, is most often directed by the economic and 
operability requirements imposed on the design. In 
situations where energy costs are low, the thermodynamic 
inefficiencies inherent on 
worth reducing. 
this approach are usually not 
However, in multistage distillation it is possible to 
add and remove heat at numerous locations in the distillation 
column train. It is theoretically possible but never practical 
to apply this concept to each equilibrium stage in the column 
by adding finite quantities of heat to every stripping stage 
and removing finite quantities of heat from every rectification 
stage. 
For a specific case the feed and product rates and purities 
are constant, and for a particular condenser duty, the total 
heat applied to the stripping section has a unique value, 
regardless of the number of places where it is put into the 
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stripping section. In a single reboiler system, the entire 
heat load must have a high temperature. Since the cost 
of heat energy is usually a function of departure from 
ambient temperature, this single input of high temperature 
energy is the most expensive method of reboiling a distillation 
system. When the amount of energy is divided up and added 
• 
to several intermediate points between the feed tray and bottom 
tray the temperature levels of the energy can be progressively 
lower as the feed tray is approached. The temperature of the 
energy source at a particular location must be higher than 
that of the tower liquid at that point, but only by the amount that 
results in an economic quantity of heat transfer area in the 
intermediate reboiler. The same concepts apply to the 
rectification section. 
Using mUltiple condensers and multiple reboilers can 
have significant effects on the design of a distillation column. 
Figure 1.7 shows a Mocabethiele diagram for a binary system, 
which employs an intermediate condenser and an intermediate 
reboiler. This diagram shows the change in the liquid to vapour 
ratio that occurs above the intercondenser and below the interreboiler 
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These changes cause an increase in the number of distillation 
stages required in both the stripping and rectifying sections. 
These increases, are a function of the total duty requirements 
satisfied by the systems. The reduction in vapour and liquid 
rate in the intercondenser and interreboiler cause the' -reduction 
in column diameter in both sections. The application to these 
'. 
considered as:-
1. The applicable level of heat.ing or cooling sources 
determine the point of application of intercondenser 
and interreboiler. The magnitude of the potential 
energy savings dictates their applicability to a 
particular system. 
2. The increased loading of the intermediate systems 
causes changes in the overall tower height and 
diameter and heat transfer area. 
3. The use of less-expensive energy levels reduces 
the overall operating cost of a particular 
distillation system. 
"-:i" 
4. The reliability of the heat sources and the 
accurate determination of" the column internal 
loading and conditions, must be considered when 
designing for different levelf of flexibility 
and reliability. An example given by William 
and Thomas (1977), considers two distillation 
systems. One is equipped with an interreboiler 
while the other is not. Each system produces 
identical products for a given feed. The use 
of an interreboiler system for the above example 
takes half a year to recover the capital investment. 
1.7.2 Heat pump or vapour recompression process:-
Thermally distillation consists of putting heat into 
the bottom of a column and taking it out again at the top. 
In many cases of practical importance the heat taken 
out at the top of a column is almost equal to that put in at 
the base. This paradox of taking almost the same quantity of 
heat from the top of column as is put in at the bottom applies 
to a number of columns in series as well as to one column. 
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For an.ideal system (i.e. reversible) heat pumping 
would be done using a minimum amount of work by linking 
infini tesilnal sources and sinks above and below the feed 
by an infinite array of heat pumps each driven by a 
compressor. The individual sources and sinks can be linked 
in pairs in an infinite number o~ different ways. As an 
\ 
example sources and sinks at successively increasing temperature 
may be linked to the hottest sink and all the other sources 
and sinks connected in reverse sequence. 
Heat pumping systems for distillation columns may operate 
between the condenser aSa source and the reboiler and sink, 
either directly by compression of the overhead vapour or 
indirectly by using a secondary heat-transfer medium. 
Therefore vapour recompression processes can be divided 
in to two kinds. 
1.7.2.a. Direct vapour recompression process:-
This process is shown in Figure l.g, The vapours from column 
CA) are compressed by pump Ol} and condensed in the combined 
condenser and reboiler (C), thus providing the necessary heat 
for distillation. 
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The condensate is withdrawn to give product and reflux. 
IDis is a closed circuit and the only energy required is that 
to compress the vapour from the top temperature to slightly 
over base temperature. The overhead vapour from a distillation 
column is compressed to a pressure where its condensation 
temperature will be greater than the boiling poir: t of the 
bottoms, the hea t of condensation of the overhead can then 
be used as the source of heat for reboiling the bottoms. 
The reflux may be passed through an .expansion device such as 
an isenthalpic valve. This type 
of vapour recompression is used when distillation involves 
a relatively close-boiling mixture.In an example given by 
Freshwater (19 51)hE' calculated the thermodynamic efficiency for 
a column separating Phenol/Cresol, at minimum reflux, without 
, If 
heat recovery. The efficiency with direct vapour recompression 
assuming the compressor to be 100 percent efficient was 36 
percent. This represents a considerable improvement for 
systems in figure 1.a.However these systems are impracticable 
for a variety of reasons, not the least being the difficulty 
of designing a suitable mechanical compressor. The device 
adopted to overcome it was use of the steam jet compressor • 
.. 
. ...... 
,' . 
• 
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1.7.2.b. Indirect vapour recompression process:-
Figure 1.9 shows the indirect vapour recompression 
process~ it consist of a column A, the vapours from the top 
of which are condensed in the evaporat or condenser B. 
The vapours give up their latent,heat during condensation 
, 
which reboil the water on the waterside of the condenser. 
The steam is removed by combined ejector compressor Band 
compressed by the use of high pressure steam to a temperature 
where it can be used to heat the bottom of column D. In an 
example given by Freshwater (1951), calculated the thermodynamic 
efficiency of the indirect vapour recompression process by 
using the same example given above for direct vapour recompression. 
separation of a Phenol/Cresol mixture, assuming high pressure 
steam is available at 10340.136 mm Hg which gives an entrainment 
ratio of 0.5 i.e. requires 907.18 gram of high pressure 
steam to compress 453.59 gram of low pressure steam. Allowing 
2.6 mole of steam at the base of column/mole of product 
shows that the total high pressure steam is 1.73 mole/mole of 
product, or 14061.29 gram/mole of product, giving a thermodynamic 
efficienc~ of 19 percent. This when producing 94 percent Phenol 
as against the system without any heat recovery, which had an 
efficiency of 11.5 percent. 
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There are some difficulties in applying the heat pump 
in practice such as the need for large heat transfer surfaces 
(in order to keep the temperature difference as low as 
possible) and the need for special start-up arrangements. 
1.7.2.c. Examples of vapour recompression process (heat pump):-
'. 
Flower and Jackson (1964), calculated the amount of 
heat to be supplied to a small element of the column about 
the temperature T and assume that it is made available by a 
heat pump which extracts an amount of heat dQ from an element 
of the column about the temperature T. Assuming the heat pump 
is reversible, and gives:-
,-
dQ 
= 
,-
T 
T 
dQ 
The work done by the heat pump. 
/ 
dW =......;;;.T -::-".--:;;T_ dQ 
T 
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Flower and Jackson (1964), considered another problem 
of energy economy by replacing heat using mechanical 
work by pumps which consume heat from a reservoir at the 
reboiler temperature, assuming the heat pumping is reversible. 
/ 
and dq :: ..;;T~"B--7(T;;,.----,,-T~) ~d.:>.Q 
T eT B - 1') 
Where T = Reboiler temperature. 
B 
Two examples will be considered, the first is the 
methanol/water system whose Q - curve is given in figure 
1.10 and the second a mixture of acetic acid and water, 
containing 28 pe~ent by weight acid and at its boiling 
point, which is separated at atmospheric pressure into a 
bottom product containing 99 percent acid and a top product 
containing 98.5 percent water. The results are given in 
table 1.8 in which Q is the boiler heat required for 
Bo 
conventional adiabatic distillation at minimum reflux. 
T~ble 1.8 Energy cost in distillation 
Methanol/Water Acetic acid/Water 
(Basis) 100 lb basis 100 lb bottom 
distillate product. 
--
QBo (Ibcal) 45730 452000 
\ 
QT (Ibcal) 9375 62807 
W (Ibcal) 850 2500 
Cl (pence) 4.57/9.14 45.2/90.4 
C2 (pence) 0.45 1.32 
Where W is the work consumption of the optimum heat 
pumping system using heat pumps which consume electric power. 
Cl is the energy cost for adiabatic distillation at 
minimum reflux. 
, 
C2 is the cost of electric power in the optimum heat 
pumping system. 
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, 
Freshwater (1961), suggest ed a technique to reduce the 
energy consumption by operating a heat pump in conjunction 
with a distillation column and discussed it usin.g.3u example 
of separation of a petroleum fraction. ]): was decided to 
start the calculation at the distillate end using reflux 
ratio less than the minimum and 'then increase the reflux 
. \ 
rat10 to 1.5 times the minimum reflux when a pinch zone was 
reached. The mixture considered was that used by Gi11i1and 
and Rob inson (1950) , so that results could be compared as in table 1.9 
able '1.9 Energy consumption by operating a heat pump 
in conjection with a distillation column 
Robinson and Gi11i1and Freshwater and 
Smith 
Plates above feed 
Plates below feed 
Feed plate number 
Reflux ratio 
Auxiliary reflux ratio 
Plates across which 
auxiliary reflux is 
applied 
Heat added to system 
reboiler 
Heat removed from 
system in condenser 
Heat used by heat 
pump 
7 
9 
7 
2.0 
368.2 
294 
9 
9 
9 
0.6 
2.0 
7 to 8 
inclusive 
289 
156.2 
8.9 
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'r; ... 
Difference between heat input in conventional system 
and new system is 368.2 - 297.9 = 70.4 or 19 percent 
saving. 
King (l971), considered an analysis given by Robinson 
and Gilliland (1950) for Ethanol/Water system for high 
, 
product strength, where X d= 0.87, the minimum reflux is 
determined by a tangent pinch in the upper portion of the 
tower. Minimum reflux operatinglines are given for salura.ted liquid 
feed Ethanol mole fractions of 0.56, 0.31, 0.15 and 0.04. 
It is apparent that greater gaps between the equilibrium 
curve and lower operating line exist for higher feed mole 
fractions of Ethanol, thus the thermodynamic efficiency 
of Ethanol/Water system is very low at a higher feed mole fraction. 
For a high feed mole fraction a large portion of the heat 
could be introduced in an intermediate reboiler at a 
temperature only slightly above that of the condenser. 
The heat pump cycle consists of adding a compressor 
on the overhead to compress the overhead vapour. The heat 
of compression must be removed in a separate heat exchanger 
against air or cooling water, example given by Wei1er (1975), 
to improve the distillation systemin the separation of 
propylene from propane. 
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The best application for vapour recompression 
method is by having a close boiling top and bottom product 
so that the work of compression will be low and compressor 
efficiency high. 
1.7.3. Mu1tieffect method:-
It is possible to employ mu1tieffect operation in 
distillation as practised with evaporators, using the heat 
rejected from the condenser in the reboi1er of a subsequent 
column. This system may be used either for mu1ticomponent 
separations where each column is used to separate one of the 
components in a relatively pure state, or for binary separations 
in which a single feed is divided amongst a number of parallel 
columns. Each effect must be operated at a lower pressure 
than the previous one, to enable a positive temperature 
difference to be maintained in each reboi1er condenser. This 
process is applicable to low strength feeds, especially with 
non-ideal systems with positive deviations from Raoult's law 
taking advantage of the fact that the minimum reflux raLio 
decreases with increase in feed concentration. 
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Consequently the feed is passed into a stripping column 
operating at a relatively high reflux ratio and the overhead 
vapour is used to provide the boil up in a center feed 
column operatingat<liower pressure. 
Freshwater (l95t), Armengand, King and William(1977) have describe 
the multieffect method, where first Freshwater shows the 
limiting effect of temperature drop across the column by 
multieffect distillation method for Ethanol/Water mixture 
as shown in figurel.ll by starting with feed to the first 
column at atmos?heric pressure and ~t in each heat exchanger 
of 5 degree centigrade. If the feed is entering at its 
boiling point for each column then the heat required in each 
case is exactly one quarter of what was used previously, the 
first law thermodynamic efficiency is increased four times. 
In this method the heating of these columns is by their own 
vapour and the feed is introduced into a number of columns 
simultaneously. Each column operates under a different 
pressure and provides heat for the next column. 
The first column receives heat from an external source. 
Armengand considered a procedure to heat one distillation 
column with the vapour from the. top of another. 
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The first column was operated under vacuum. 
King (1971), William and Thomas (1977), have described a 
process involving several possible arrangements that 
utilize two separate towers that are "Thermally linked". 
Basically they consist of a high\pressure tower and low 
pressure tower operating in parallel, the high-pressure 
tower condenser is used as a source of heat for the low 
pressure tower reboiler,this is shown in figure .1.12. An 
example given by William and Thomas (1977) ,such that the products 
from both towers have the same compositions, which result 
from parallel operation on the same feed. The feed split 
between the towers depends on the thermal conditions of the 
feed. The linking of the towers allows the same fractionation 
as the heat pump with about half the reboiler and condenser 
duty. However the much greater temperature difference 
across the overall system results in increased energy. The 
results show nearly zquivalence with the single tower desi~ 
As shown in table 1;10 below. 
Table 1.10 Summarising the economy for a split tower design and comparing it with a heat 
pump design. 
.> 
Equipment cost High pressure Low pressure Heat pump 
and dimension. split tower split tower 
Tower height, ft 225 205 157 
Tower diameter, ft 10.0 9.3 13.9 
Shell thickness, In 11/16 3/4 9/16 
.Number of trays 123 110 
Compressor, boil up 5240 5550 
Total system 
capacity 10 5.84 4.9 
Operating cost 4 
years 10 5.13 5.0 
Total capital 
+4 years operating 
cost 10 10.97 9.9. 
Total annual cost 10 2.74 2.5 
I 
'" 
'" I 
_ 70 _ 
Split tower design is a reuse of vapour by using 
the heat rejected from the condenser in the reboiler 
of a subsequent column. This system may be used either 
for mUlticomponent separation where each column is used 
to separate one of the components in a relatively pure 
state, or for binary separation ,in which a single feed is 
. . ' dl.Vl.ded amongst a number· 0·£ parallel· columns. In either 
case it is necessary for each effect to be operated at a 
lower pressure than the previous one, to enable a positive 
temperature difference to be maintained in each reboiler:-
condenser. 
Finally Brien (1976). considered the reduction of steam 
consumption in a column by using a split tower arrangement. 
An example was given of a plant operated by Du Pont. It was found 
that it was necessary to increase the Xylol solvent recovery 
capacity when the solvent recovery unit consisted of a 
conventional fractional distillation column. 
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Feed to the column is preheated by condensing part of 
the overhead vapour. The management were concerned 
with ever increasing usage of steam and recommended 
that a study be made to see if the steam usage per 
pound of solvent could be reduced. Therefore by 
using a split-column, the total heat input is 22.2 
'. 
million Btu/hr.Whereas the conventional one column 
operation was calculated to be 37.6 million Btu/hr. 
The heat consumption of the double effect system 
(split tower) is S9 percent of that of conventional 
one column operation, corresponding to a steam saving 
of 16800 Ib/hr of nominal lS0 1b/ln square guage steam .• 
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1.8 Application to multicomponent distillation:-
So far discussion is limited to separation of 
two component mixture. But mostly in practice we have 
to deal with multicomponent mixtures. Heat consumption 
of mUlticomponent .systems must b!! greater because of need for 
, 
successive vapourisation. 
The need for economy is greater,scope for economy is also , 
greater. 
Ways of doing this are:-
1. Application of vapour re~use 
2. Application of heat pump 
3. Variation of sequences 
4. Optimal sequence 
5. Optimal sequence with vapour re-use 
6. Optimal sequence with heat pump 
7. Optimal sequence with vapour re-use and heat pump 
1.8.1. Determination of the optimal sequence of distillation 
columns in multicomponent distillation:-
The determination of the optimal configuration of a 
sequence of distillation columns, by which it is required to 
separate an n-component feed into relatively pure products. In 
the separation of n-components a sequence of n-l distillation 
columnsis required, provided that each column has a single feed, 
and produces a single overhead and bottom product. 
The columns may be interconnected in a variety of 
configurations, the possible number of which increases 
rapidly with the number of components in the feed 
mixture. 
Several studies have been ~de to determine the 
, 
optbna1 sequence of distillation columns in mu1ticomponent 
distillation up to 1972. The first was that of Lockhart 
(1947), Harbert (1957), Rod and Marek(1959), Pety1uk et a1 
(1965), Heaven (1969), King (1971), Nishimura et a1 (1971) 
and Maikov et a1 (1972). These studIes· have 
been concerned principally with three-component feeds, 
though several have considered individual four and five 
component feeds. 
As a result of the investigations by Heaven (1969), 
King (19]1) proposed four heuristics for the sequencing 
of mU1ticomponent systems. 
1. Separation where the relative volatility of the 
key components is close to unity should be performed 
in the absence of non-key components. 
''» 
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2. Sequences which remove the components one by 
one in the column overheads should be favoured. 
3. Sequences which give a more equimolal division 
of the feed between the distillat e and the 
bottoms products should be favoured. 
4. Separations involving very high specified recovery 
, 
tractions should be reserved until last in a sequence. 
Work up to 1972 can be divided to two parts:-
1.8.l.a. One in which the study of multicomponent distillation 
system has been made in an attempt to generate guide lines 
for the selection of the optimal arrangement of the columns 
required for a given separation. Work in this area can be 
further divided into two areas in which the analysis of the 
configurations has been made by:-
1. Design methods. 
2. Analytical methods. 
1.8.l.b. One in which the sequencing of multi component 
distiflation systems has been used as an example for the 
application of the techniques being developed in the field 
of process synthesis. 
I.B.la.l. Design methods:-
Lockhart (1947), studied the separation of natural 
gasoline into its various components by distillation. His 
study adopted a design approach in which the cost of 
separation of feedstock was det,ermined by the design and 
costing of the distillation plant required for the various 
'configurations. 
Calculation of the size of the distillation column required 
for these separations to the extent of determining the number 
of stages and reflux ratio was done using the Fenske and Uhderwood 
equations respectively. From theseinvestigations Lockhart 
(1947) proposed that the configuration in which the components 
are removed in decreasing order of volatility was the optimal 
configuration.He also suggested that if the lightest product 
is present in large amounts, then that component should be 
removed first. The optimal configuration was considered 
when the components are removed in decreasing order of 
volatility. 
Heaven (1969) considered the following three component 
feed stocks :-
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1. Iso-Butane, n-Butane, n- Hexane 
2. Iso-Butane, Iso-Pentane, n-Hexane 
3. Iso-Butane, n-Pentane, n-Rexane 
4. n-Butane, n-Pentane, n-Hexane 
5. Iso-Butane, n-Butane, Iso-Pentane 
One ~eedstock namely, Iso-Butane, n-Butane and 
Iso-Pentane was studied by the author and the 
mole ~raction of each component of this feedstock was 
varied over the range of 0.2, 0,3 and 0.4. The cost of 
the separation of all feed stocks in relatively pure products 
was determined for the possible configurations by a detailed 
design procedure. The effect of component volatility was 
considered by using equimolal mixture of the three component 
feedstocks.. The ope:::ating pressure in each column was chosen 
to give the lowest cost for given economic parameters. 
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Heaven's work was the first attempt to propose a 
set of guide lines or heuristics based on the use of 
systematic design and economic analysis for a range 
of process conditions. 
To determine the optimum configuration.of a sequence 
'. 
of distillation columns, by which it is required to 
separate R component feed into relatively pure products 
usingR-l distillation columns, each receiving a single 
feed and producing two products. If the number of different 
column sequences possible for separation of R components 
was SR' then the recurrence relationship from which SR can be 
obtained as a function of R was developed. The first 
column which the feed enters will take R-J components in 
the bottoms. There will be SJ sequences by which the J 
overhead components can be separated in subsequent distillation. 
Similarly there are S . sequences by which the bottom 
R-J 
components can be separated subsequently. Hence the number 
of different column sequences which separate R component 
by taking J components overhead in the first column is (s'; (SR-J)' 
for all possible separations that could have been performed 
by the first Column in the sequence. 
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Starting with the known facts that S rl, so as to count 
sequences in which one component is isolated in the 
first columns. and S .;1 we can generate the value of 
S 2 sho,wn in tablel.H from the above equation. 
Number of column sequences S R for separating R components 
into R products. 
Tablel.ll The effect of changing the number of components on 
the column sequence 
Number 'of components R Number of column sequence Sa-
2 1 
3 2 
4 5 
5 14 
6 42 
7 132 
Freshwater and Henry (1974. 19751. considered the optimal 
sequencing of multicomponent distillation systems for three 
and four component feedstocks together with a range of fiv~ 
component feedstocks. 
- 82-
From the scope of previous investigations, it appeared 
that a need existed to consider feed of up to five 
components, as well as a wider range of feed compositions 
and types of three components feed • The limitations in 
Heaven's work we re. 
1. Limited range of number of components in feedstocks 
2. Limited range of relative vo1ati1ities of the feed 
components particularly in regard to difficult separations. 
3. Limited range of ~eed compositions, particularly 
the consideration of components present in excess. 
4. The lack of study of the position of the difficult 
separation within a feedstock. 
5. Range of degree of recovery. 
These are claimed, to b", a result of the small 
range of feed composition and component volatility used 
in the study. 
Certain conclusions can be reached on the use of the 
proposed heuristics. For feed s in which no difficult separation 
exists, then heuristics 2 and 5 are justified • 
. , 
.' ,
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The components should be removed in decreasing order 
of volatility, except in the case where one of the components 
is predominant; in that case the component should be removed 
early in the sequence. The use of heuristic 2 required 
further examination. The principal conflict in its use 
is due to the lack of definition'. as to when separation becomes 
" difficult. This is of importance when either of the 
difficult pair is predominant, or when the difficult pair 
occurs in the least volatile components of 'the feed. 
Rudd and Tedder (1978) have considered an economic 
method for the evaluation of simple,serial distillation 
'" configurations of the type being considered by Freshwater 
and Henry (1974) together with more complex systems in 
which side steams and multiple feeds are used. These authors 
considered a range of seven, three component feedstocks,and 
seven feed compositions. The feed components used were 
the alkanes from propane to n-Heptane. The objective function 
used was the minimisation of the venture cost which was 
expressed as a function of the annual operating cost and the 
total capital investment. 
, 
The regions 0f optimality are defined by intersection 
lines for the minimum venture cost surface of two different 
designs. The ordinate for each design is arbitrarily 
presented as a percentage of 250000 dollars in annual venture 
cost, a typical design cost at the low utility rates. The 
percentage Global improvement, GI percent is increasingly 
, 
positive as cost decreases. 
% GI -.; 250000 - Vc x 100 
250000 
A criteria, the "Ease of separation Index", was proposed 
by these authors. This index was defined as follows. 
The index was proposed to show which separation was the 
more difficult in a taree component feedstock s~ For values 
of the E.S.I. less than 1.0 the separation between A and. B 
would be more difficult than between components Band C. 
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For values greater than 1.0 the reverse case applied. 
By use of this index, these authors, proposed that 
distinction could be made between the two configurations 
for a three component separation. The direct configuration 
could be optimal for feedstockshaving values of the E.S.I. 
greater than 1.6. The indirect c,onfiguration would be 
\ 
optimal for values of the E.S.I. less than 1.1. 
In the definition of the E.S.I., a value of 1.0 
denotes an equal degree of difficulty or value of the 
relative volatility between components A and B and between 
Band C. However, this would be the case if the value 
of the relative volatility between each pair of components 
in a feed stock was 1.5 or 4.5. 
Rudd and Tedder's work is principally concerned with 
development of optimisation techniques for use in the selection 
of the optimal configuration for a given separation from 
among all possible simple and complex systems. 
1.8.la.2 Analytical methods 
) 
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Harbert (1957) considered the analytical methods 
for separating a feed into three or more component 
by using some simple rules of thumb for choosing the 
best distillation arrangement. He considered that the 
most economical distillation system is one which requires 
the be~t a~ount of the heat to carry out the separation. 
When choosing the best arrangement there is usually an 
advantage to be gained from applying the following ru1es:-
The first rule termed "The advantages of minimum quantities 
for difficult separations". It seems reasonable that for 
heat economy the feed to a tower with high reflux requirements 
needs large heat 
The second rule is termed "The advantage of the 50 - 50 
split". It seems reasonable that for economy the heat input 
top and bottom of the tower. If the heat is used only once to 
provide separation in one half of the tower, then~by additional, 
certainty more total heat will be needed. Or the greater the 
utilization the less the heat required. 
Harbert (1957) proposed the minimisation of the 
following expression as the criterion for column sequencing. 
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1: MH. F 
Where MH is the mole of overhead product times, the 
latent heat of vapourisation. 
F is the factor to correct for the presence of , 
non-key components. 
T h' T 1 are the boiling points of the heavy and light 
keys respectively. 
The value of this expression for half of a column 
is proportional to the theoretical minimum heat needed for 
providing a complete separation between the cut components. 
Two further studies proposed the use of mathematical 
models for the prediction of the optimal sequence. These 
were the studies of Rod and Marek (1959) and Nishimura et al (1971). 
Rod and Marek (1959) derived a mathematical model to 
relate the differences in the compositions and relative 
volatilities of the feed components. The overhead vapour 
flowswme assumed to be directly proportional to the cost 
of separation. 
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Where ~ =~V = Difference to total vapour flows 
Fo unit feed 
Where V r! V:L are the sumsof vapour loads from the columns 
in the direct and indirect configurations. The vapour 
flow rsafunction of column reflux ratio. 
v = D (J • 25Rmin + 1) 
For three component feed-stock being separated into pure 
products ,the optima1ity criterion becomes. 
~ = (<xA + 0.25) . ~ - 1.25· 'b 
<xA - 1 
Where X is component mole fraction in the total feed. 
<X is the relative volatility based on the heaviest 
component taken at the feed boiling point. 
For mu1ticomponent mixtures. 
~ :Z(<xi + 0 .25) Xi 
"i=I.A <xi - 1 
1.25 - <x.x,. 
- ~,.....""_...--::"J,-,,J 
J=L, T <XA ex -. 
J 
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In general separation the direct sequence has more 
advantages for positive value of 6 and the indirect 
sequence has more advantages for a negative value of 6. 
The limitations of the model are as follows:-
1. Pure products only were considered 
2. Relative volatilities were determined at the feed 
conditions. 
3. The use of R~binson and Gilli1and relation for the 
determination of the minimum reflux ratio which is only 
valid under the assumption that the ratio of the key 
component concentration in the pinches and at. the feed 
plate are the same. Even this assumption is not exact 
and the expression gives results which differ from the 
values obtained from the Underwood equations by 10 percent 
on the average. For cases where components are distributed 
non-symetrically larger differences occur. 
4. The model assumed that the cost of all distillation 
plant is directly proportional to the overhead vapour flowrate. 
Nishimura (1971) proposed an economic function in terms 
of both the tower volume and reboiler duty , by using a short 
cut design procedure. 
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Two rules were given and are considered later. 
Recently Powers (1972) suggested the use of 
weighting factors to be applied to the heuristic for 
determinh1g the optimal column sequencing. The heuristics 
are given later too. 
, 
Petyluk et al (1965), (1966) and 11aikov (1972) developed 
an optimality criterion for column sequencing using a 
thermodynamic optimality index which is derived in terms 
of net work consumption for separation of mixtures. 
Rudd, Siirola and Powers (1973} discussed the optimal 
sequencing of separation processes. They developed a heuristic 
dealing with minimum separation load. For distillation 
processes a very simplified model is proposed for use in the 
preliminary screening of the possible configurations for a 
given separation. They suggest as a first approximation the cost of 
separation is directly proportional to the feed rate and 
inversely proportional to the relative volatility of light 
key. 
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Distillation separation cost is proportional to Feedrate F~ 
a 
In general the cost of an individual separation will 
be approximated by:-
Separation cost is proportional ~ to D 
11 
, 
Where D is the distillation rate 
and 11 is the difference of total vapour flows from unit feed 
These authors analyse various separation processes 
using the above criterion. For example, a four component 
feedstocl~in which the separation between the second and 
third~componen~is three times more difficult than between 
the first and second and between the third and fourth components, 
is separated into four pure components. The relative volatility 
between each pair of components is given by:-
a 12 "aS4 =a but ~ = 3-
The total difficulty at separation for five possible configurations 
is shown in table 1.12 
'~ 
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Table ,1.12. Total difficulty of five possible configurations 
Sequence Total difficulty 
1 F (4 -+ 9 + 2) = 15 F 
a a 
2 F (4 -+ 6 + 3) = 13 F 
a et 
" 
.3 F (2 -+ 12 + 2) = 16 F 
-
et a 
4 'F(2 + 9 + 4) = 15 ! 
a a 
5 F (3 + 6 + 4) = 13 F 
a a 
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1.9 Determination of the heat exchanger network for 
optimal energy recovery 
Design of integrated energy recovery network is the 
combination of heat exchanger networks, as very often a 
lot of different possible arrangements exist. For most 
processes, effective integration of heating and cooling 
requirements offers a significant economic return. Thus, 
there is a great incentive to determine the optimal process 
heat exchange networks. 
The first systematic approach to the synthesis .problem 
was that of Hwa (1965) in which Mitter (1966) programme 
was used to eliminate unprofitable exchangers from a network 
containing various alternative configurations combined in a 
single model. In view of the enormous number of possible 
configurations and the difficulties involved in combining 
them into one model, this approach did not provide any great 
advantage. 
Kesler and Parker (1969) considered the selection of 
the optimal configuration as a network in which the supply 
and removal of heat in a chemical or petroleum plant can 
be viewed as a network problem. 
'.;0 
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The nodes of such network are the various heat 
exchangers, reboilers, condensers, furnaces, water 
coolers. Its arcs are formed by the hot and cold streams 
of the process, and by any auxiliary fuel, steam, water 
and air that is used to take up the stacks in the network. 
They began by splitting each st~eam in the process into 
heat elements small enough to express the problem objective 
function with sufficient accuracy as a linear function. 
Dantzig (1963) selected a feasible heat energy matched 
between hot and cold stream elements and groups of elements, 
and linear programming was used to suggest improvements 
in process configurations. Hwa pointed out that the non 
linearties in the equations are hyperbolic in nature and 
so convexity of the objective function is therefore not 
always guaranteed. 
Similar techniques were used by Kobayaski, Uroeda and 
Ichikawa (1971) and Nishida, Kobayaski and Ichikawa (1971). 
By making a rather restrictive assumption of constant heat 
exchanger duties, they were able to use the optimal assignment 
problem in an iterative procedure to synthesis the optimal 
network structure. 
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The application of heuristics techniques to this 
problem by Masso and Rudd (l969) discussed three 
heat exchanger networks problems. J:n each case the 
objective was to structure a system capable of 
performing the specified heating and cooling tasks at 
minimum annual cost. 
, 
Masso and Rudd (1969) developed an alternative 
solution procedure based on a technique known as Branch 
and bound, Lawer and Wood (1966). The procedure consists 
of a simplication of the original design problem by 
relaxing network feasibility requirements to allow multiple 
use of streams. Designs constructed under these relaxed 
requirements are then ranked according to decreasing cost 
and the highest ranked design which does not violate network 
feasibility requirements to allow multiple use of streams. 
Designs constructed under these relaxed requirements 
are then ranked according to decreasing cost. The highest 
ranked design which does not violate network feasibility 
requirements is the optimal design subject to certain limits. 
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Menzies and Johnson (1972) described a flexible 
modular programme system for the synthesis of optimal 
energy recovery networks to meet both streams temperature 
and pressure specifications. 
The system is based on the branch and bound method of Lee 
et aI, but incorporates heuristics to prescreen prospective 
stream matches for exchange. Menzies and Johnson report 
synthesis of an energy exchange network for a high pressure 
ethylene plants. 
Rudd (J973) considered that the heat exchanger 
networks are commonly used to recycle energy within a process 
avoiding the escape of energy with effluent materials; 
If 
Rudd C1973} proposed many heuristics for the synthesis 
of the heat exchanger networks as:-
1. Do not specify heat exchanger between two streams such 
that the temperature difference at either end is below the 
minimum approach temperature. 
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2. Consistent with the minimum approach temperature, 
propose exchange-between the hotest stream to be cooled 
be cooled with the warmest stream to be heated. 
Alternatively: 
, 
Consistent with the minimum approach temperature 
heat exchange should be between the coldest stream to be 
heated with the coldest stream to be cooled. A branching 
scheme is developed for the synthesis of heat exchanger 
networks by Rathore and Powers (1974). Optimal 
networks are discovered in relatively few enumerations 
using this scheme. A large number of enumerations which is 
still much smaller than that required for exhaustive search, 
must be smaller than that required to measure the performance 
of each candidate network. An example is presented for a 
four streams problem in which two streams are to be heated 
and two streams to be cooled 
-98-
1. 10 Process synthesis methods 
Process synthesis is closely related to system 
analysis and it developed in the late 19608. 
Earlier studies in process synthesis and design 
, 
were largely confined to the simpler, serial distillation 
configuration where the (n-l) rule is obeyed. 
Several studies have been considered in the application 
of process synthesis techniques and they may be classified 
as:-
1. Heuristics or 'rules of thumb'. 
2. Algorithmic techniques based on established 
optimization methods. 
3. Evolutionary strategies 
Heuristics play an important role in simplifying the 
system analysis and optimization and were first applied 
to mu1ticomponent separation in the form of the simple rule; 
, 
that the components should be removed one by one as overhead 
products from a series of distillation columns. 
-99-
By utilizing approximate distil lion design methods 
in conjunction with economic analysis Lockhart (1947), 
examined sequences for these product systems commonly 
encountered in the processing of natural gasoline. 
He concluded that the direct sequence was the predominant 
constituent of the feed. In this case he recommended the 
\ 
use of an indirect sequence. 
The first quantitative approach to the optimal 
distillation sequence problem was taken by Rod and Marek 
(1959). Their criterion of optimality was the total 
column vapour flows in the sequence on the assumption that 
reboiler and condenser operating costs are predominant. 
Nishimura and HiraizumiL1971} expressed an economic 
function in te~s of both tower volumes and reboiler duties, 
by using a short cut design procedure to develop equations 
for comparing the economics of the possible sequences. 
From their study of the equations they stated two 
sequence solution rules:-
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1. For a feed having an approximately equimolal 
composition in all components and approximately equal 
relative volatilities between successive ordered components, 
the direct sequences is preferred. 
2. For a feed that is predominant in one component it 
should be the first product distilled out in the sequence. 
The general heuristic and evolutionary synthesis 
approach was taken by Rudd (1968), Masso and Rudd (1969), 
and Siirola and Rudd (1971). 
In this work the objective was to discover good, 
and hopefully optimal design structures, via; completely 
heuristic means, and to carry out a direct search over the 
structural alternatives. 
Several papers have been concerned with the sequencing 
of multicomponent distillation trains; and covered the 
process synthesis field, for example:-
Powers (1972), Thompson and King (1972), Hendry and 
Hughes (1972), Hendry et al (1973) Rathore et al (1974), 
, 
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Rathore and Powers (1975), Siiro1a and Rudd (1971), 
Rathore, Wormer and Powers (1974), Rodrigo and Seader 
(1975), Freshwater and Ziogou (1976), Gomez and Seader 
(1976), and Westerberg and .Stephanopou1os (1976) 
Most of these developed c~puter techniques using 
'. 
various heuristics and dynamic programming for the 
optimal sequence of separation process in which distillation 
is not the only separation process used. 
Process synthesis programmes have been developed 
in this field, for example; The programme, Aides (Adaptive 
Initial Design Synthesis), discussed by Powers (1972) and 
Thompson and King (1972) on the basis that the decisions 
made within the programme based on various heuristics and 
evolutionary methods. These methods of synthesising separation 
networks have the common feature of beginning a synthesis 
starting with the original feed to be separated. The 
heuristics are invoked at each step· along the way until all 
the pr.oducts have been generated, and no extra streams are 
unaccounted for. 
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Rathore, Wormer and Powers (1974) considered the 
problem of synthesisng an optimal multi component 
separation system which is energy integrated and is 
solved by combined decomposition and dynamic programming 
techniques. 
A five component feedstock was to be separated into 
pure products only. The design and economic evaluation 
method was the same as that adopted by Heaven (1969). 
The method of Rathore was based on first solving 
the separation sequencing problem and then the energy 
integration. 
The assumptions made for this methods were:-
1. Constant pressure in all columns in those sequences 
using energy integration. 
2. Very high recovery fraction in all columns. 
Rodrigo and Seader (1975) developed an efficient and 
algorithmic procedure for the synthesis of mUlticomponent 
separation sequences. The procedure involves list 
processing of the possible separation subproblem followed 
by an ordered branch search to find the optimal sequence 
with respect to system structure. 
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Gomezand Seader (1976) considered the predictor 
ordered search procedure to scan the graph representing 
all possible separation sequences for a given multicomponent 
separation process. The algorithmic procedure is expedited 
by utilizing a heuristic cost function to obtain lower bound 
estimates of the cost of separations. 
Several papers have considered modifications to the 
traditional sequence in an attempt to reduce the energy 
consumption of the configuration, the modifications are:-
1. The concept of energy integration through heat stream 
matching. 
2. The concept of thermal coupling. 
3. The concept of multieffect principle 
Papers which cover the first area include Rathore,Wormer 
and Powers (1974. 1974a) and Freshwater and Ziogou (1976). 
While the second area has been covered by Stupin and 
Lockhart (1972), and Petyluk et al (1965, 1966). 
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The third area has been covered'by Freshwater (1961), 
Armengand, King (1971) William and Thomas (1977), and 
Brien (1976). 
The concept of energy integration involves the 
matching or sharing of the heat,streams wherever possible 
, 
with a configuration. Thus heat stream matching may be 
possible between the sensible heat of the feed stream and 
for the heat loads of the overhead condenser and reboiler, 
Rathore et al (1974), considered only the matching of the 
heat loads for vapourization and condensation which are much 
larger the.n the sensible heat loads 
The feasioility of a match depends on the amount and 
level of energy available at each source and the amount 
,required at each sink. Should there, be an imbalance 
between the heat loads to be matched, then external sources 
have to provide this difference 
Rathore et al (1974), considered the application of 
energy integration to the five component feedstocks considered 
by Heaven (1969). 
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Two cases considered for heat energy integration 
were:-
1. Isobaric column operation 
2. Variable pressure operation 
In both cases a high recovery fraction of each 
component was specified. Great savings were realised with 
energy integration over that obtained in optimal configuration 
using traditional column heating arrangement. 
Rathore et al (1974) considered a set of rules based 
upon isobaric operation and a very high,recovery rate. 
These rules do not apply to matches involving external 
streams or matches with columns having intermediate effluents. 
The only matches considered are those between the condenser 
and reboiler in the system. In an isobaric system three 
types of energy matches can occur. First, the condenser of 
the column could be matched with the reboiler of another 
column. Second, the reboiler of a column could be matched with 
condenser of another column which is the inverse of the 
first case. 
.~ .. 
-106-
Third, both the condenser and the reboiler of a single 
column could be matched with other sources or sinks of 
energy. 
The subproblems are optimized and these subproblem 
solutions are used to solve th,\ original problem so that 
'- . the result1ng solution bounds the original solution. The 
objective function is the total venture cost for the system 
It includes the capital costs associated with the column 
and associated with utilities and maintenance. 
The concept of thermal coupling has been suggested 
in the literature as providing cost savings for the process 
of multi component distillation. This concept first was 
proposed by Petlyuk et al (1965, 1966) and also has been 
considered by Stupin and Lockhart (1972) and Maikow (1972). 
Thermal coupling offers a reduction in cost of separation 
through the reduction in the number of heat exchange~required. 
For a three -component feedstock being separated into three 
componen~by distillation, two columns are required but in 
this instance the functions of the overhead condenser and 
the reboiler of the first column ilI'e carried out within the 
., 
second column. 
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This arrangement eliminates the need for the condenser 
and reboiler of the first column. The three products are 
taken in the second column, the intermediate component 
being taken as a side stream product, whilst saving may 
be realised through the reduction in the number of heat 
exchangers required. No indication has been given in the 
, 
literature of the additional features necessary for the 
second column or the problem of high recovery purity of the 
intermediate product. 
Petlyuk et al (1965, 1966), have put forward a range 
of such processing schemes for the separation of three-four 
and more component feedstock. 
For these feedstocks, it is proposed that a reduction 
in the number of columns required may be made by taking more 
than one side stream. 
Stupin (1972) considered two important points for 
thermally coupled systems. First, all heat is added to the 
system at one point, there~ore only one reboiler is required. 
Secondly, all heat is removed from the system at one point 
and therefore only one condenser is required. 
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Stupin and Lockhart (1972) considered the thermally 
coupled system for three components and compared it 
with the conventional system which indicated that 
cost benefits were possible by thermal coupling. 
The concept of the multi-effect principle has been 
, 
described previously and many examples of multi-effect 
operation using the heat rejected from the condenser 
in the reboiler of a subsequent column were considered. 
This may be applied both to mUlticomponent separation and 
binary separation. For multicomponent separation 
each column is used to separate one of the components in 
a relatively pure state. For binary separation • a single 
feed is divided amongst a number of parallel column, each 
effect is operated at a lower pressure than the previous 
one, to enable a positive temperature difference to be 
maintained in each reboiler and condenser. This technique 
is especially applicable to non-ideal systems with a positive 
deviation from ideality. 
Chapter two 
Application of Synthesis Strategy 
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Chapter two 
Application of Synthesis Strategy 
2.1. Introduction:-
, 
Distillation is probably the most widely used of all 
energy intensive unit operations in the process industry. 
Thus the selection of an optim'.:n process route for a given 
separation may provide a reduction in energy and hence cost 
benefit. 
For example crude petroleum processing in the U.K. 
in 1973 amounted to 1~25~200 tons, and of this 6,941,000 tons 
were used as refinery fuel. At first sight the industry 
would seem to be quite efficient using only 6% 
of its total process material for energy· production. Probably betwee! 
60% and 70% of this energy was used for fractional distillation, 
with an overall energy efficiency of nnly a few percent. 
Distillation therefore should be examined in detail for 
energy savings. Several improvements in the conventional 
distillation process can be listed:-
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1. Heat pumping. 
a) External refrigerant cycle 
b); Vapour recompression 
c) • Reboiler flashing 
2. Heat cascading 
a) • Split column (mul tieffect principle) 
, 
b). Thermal coupling 
c) • Reboiler - condenser coupling 
3. Intermediate heat exchange. 
al. Condensers. 
b) • Reboilers 
c). Condensers and reboilers 
The process designer has a number of alternatives to 
consider for the recovery of energy and/or heat. The 
specific method selected will depend on:-
a). Type of energy available for recovery. 
b). Pressure or temperature level of the available energy 
c). Specific requirements of the process under consideration. 
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The above methods have been considered in chapter one, 
and are discussed by Robinson and Gilliland (1950), King 
(1971) • 
The outline of intermediate heat exchange condensers 
and reboilers were discussed in\this thesis. Many workers 
have considered this method. Such as, King (1971), Freshwater 
(1961), William and Thomas (1977), Bannon and Marple (1978). 
In this, a typical circulating reflux system takes 
liquid and vapour from intermediate stages below and above 
the feed stage respectively, pumps them through a heat exchange 
system and returns the streamsto the column at the bottom and 
top intermediate sections respectively. 
The heat load at the intermediate reboiler is supplied at 
a lower temperature than that of the reboiler, at the bottom, of the 
col Utml and is equal to 0.25 x the heat load at the minimum 
reflux. 
The heat"load at the intermediate condenser is removed et 
a temperature higher than that of the column overhead, and ~ 
equal to 0.25 x the heat load at minimum reflux. 
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The synthesis of an optimal mUlticomponent separation 
system may be split into two key parts. 
The first is the separation of an N-component feed 
mixture into relatively pure componen~. This requires (N-l) 
distillation columns, prov~ded that each column 
has a single feed, and produces a single overhead and 
bottom product. 
The columnsmay be interconnected in a variety of 
sequences,the possible number of which, increases rapidly 
with the number of components in the feed mixture 
Early methods that exist are heuristic or algorithmic 
techniques based on·optimisation methods. Evolutionary 
strategies have been tried but are generally not successful. The reas 
for this are to do with the inability to solve the 
Underwood equation analytically. 
The calculation of the optimal sequence did not however 
take into account the possiblility of heat interchange 
between streams within the system. 
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This brings us to the second part which is the determination of 
a heat exchange network for optimal energy recovery 
It is therefore sensible to divide the overall problem 
into two parts; that of finding the optimal configuration 
for least energy without heat hlterchange, and that of 
examiriing the different configurationls to' find the optimal 
design for least energy with heat interchange. 
Ral:hore et al (974) developed five rules which could 
be applied to high recovery distillation columns operating 
at the same pres sure. These rules have already been dis~us.sftd i i~. 
chap ter one. 
The only matches considered by Rathore were those between 
condensers and reboilers becuase the heat load for vapourization 
and condensation are usually very much larger than the 
sensible heat loads. Moreover the temperature remains the 
same during condensation and vapourization. 
In addition to the feasibility of the match, it is also 
necessary to know the amount of energy available at each 
source and the amount required at each sink. This depends 
upon the reflux ratio and feed rate/but the reflux ratio depend~ 
on the cost of energy which is not known before the energy 
matching. 
-114-
The system which was tested by Rathore et aI, was 
a mixture of Propane, Iso-butane, Normal-butane, Iso-pentane 
and Normal-Pentane, of 0.05, 0.15, 0.25, 0.2, 0.35 (mole 
fractions), respectively, and a pressure of 6.8 atm with a 
98% recovery of both keys. It was found that the optimal 
sequence of energy matching is ~onfiguration (7). 
In a later paper Rathore et al relaxed the condition of 
operating under a constant pressure and obtained a different 
optimal sequence. 
Some of the assumptionsmade when applying this method 
with the added degree of freedom were questionable. 
In particular the variation of relative volatility with 
pressure was ignored. Nor was account taken of the added 
costs of pumping and control. 
Freshwater and Ziogou (1976) investigated the possibilities 
of energy recovery when both four-and five component mixtures 
are separated into relatively pure products. 
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Variations examined were the composition of the feed, 
the volatility of the feed component and the degree of 
recovery of the products. 
Another object was to see whether additional heuristics 
could be formulated which would help to determine the optimal 
confi'guration for a given mixture with 
respect to energy consumption. Only energy intergration 
between condensers and reboilers was considered and the 
distillation columns were all assumed to operate ',at the same 
pressure,200 possible combinations C5 feed mixture s x 4 systems 
x 5 configuration s and 2 degrees of ,recoveI)', ) ,for four 
component mixtures were examined. It was seen that energy integration 
was feasible in 35 percent of the cases for 99 percent 
recovery and 39 percent of the cases for 90 percent recovery. 
For four components it was seen that configuration(I) 
is the most likely to give maximum energy savings ranging 
from 7 percent to 30 percent for 99 percent recovery and 
8 percent to 32 percent for 90 percent recovery, It was 
noted that configuration (11) has an advantage in energy 
integration over configuration (I) in that start-up control 
is much easier in the former and there is a need for the use 
of an additional heat exchanger and utilities during start-up. 
• 
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Salib (1978), considered the process synthesis of 
five component feedstocks at isobaric operating. . .conditions 
and at variable operating conditions. where the synthesis 
strategy adopted uses a.combination of heuristics and 
evolutionary techniques. In Salioswork the total heat 
flow of the streams are kept constant and the feed condition 
of each stream is calculated on the basis of total heat flow 
and the plate pressure. 'Ihe pumping costs are also considered. 
The process synthesis problem is considered for isobaric and 
variable pressure conditions. 
To apply the heuristic a significant classification 
is provided, as in table (2.1):-
Table(2.1):- Strategy for the optimal synthesis of multi-
component distillation systems with energy integration at 
constant pressure operating conditions. 
Step (1) - Enumerate all or part of the possible 
sequences for the mixture to be separated. 
Step (2) - Set in a matrix for the temperatures, 
condenser and reboiler duties for all columns, together 
with the optimization costs for all the separation sequence." 
enumerated at step (1). 
. 
• 
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Step (3) - Find all the feasible energy matches by 
comparing the temperatures of the hot and cold streams 
and applying the minimum approach temperature. 
Step (4) - For each feasible energy match as determined 
in step (3), compare the heat loads for the top and 
bottom streams taking part in each match. If the heat 
load for the hot stream is less than that for the cold 
stream, put the reflux ratio of the column providing 
the hot stream to a higher values so as to make the 
~tch feasible. 
Step (S) - Select the optimal separation sequence on 
the basis of the cost without energy integration and 
the amount of energy which can be saved by the feasible 
energy matches. 
~ 
Thp. basic steps of the synthesis strategy for variable 
operating pressure are given in table (2.2) where step (1) 
and (2) are the same as in the isobaric operating condition. 
Table(2.2}:- Strategy for the optimal synthesis of multi-
component distillation systeID5with energy integration at 
variable pressure operating conditions • 
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Step (1) - Enumerate all or part of the possible sequence 
for the mixture to be separated. 
Step (2) - Set in a matrix, ,for the temperature, 
condenser and reboiler duties for all columns, together 
with optimization costs, for all the separation 
seqllences enumerated at step (1). 
\ 
Step (3} - Examine the temperatures and heat of the top 
and bottom streams to find the best possible ways of 
energy matching, with the minimum changes in operating 
conditions. 
Step C4} - For all sequences form' screening tables exclude 
the uneconomic sequences on the basis of:.a) optimization costs 
without energy integration b)theapparent amount of energy 
to be saved by energy matching and c) the degree of excusion 
of operating conditions to make the energy matches feasible. 
Step CS) - Determine the optimal sequence by enumerating 
the remaining sequences from step (4). 
Five component mixtures have been used by Salib (1978), to 
examine the system strategy at constant and variable pressure. 
It was noted in the literature review that consideration 
has been given recently to the use of distillation columns in 
which the concepts of heat stream matching and thermal coupling 
have been proposed as a means of reducing the energy requirments 
of the process. 
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From these studies, it has been claimed in the literature 
that it may be possible to achieve greater energy economdes 
in certain instances than would be the case for the same 
separation by the use of traditional columns. 
However this technique which is complex and difficult 
, 
to investigate has not been considered in detail in this work. 
This thesis will be concerned with the feasibility of 
techniques for the prediction of energy matching between 
condensers and reboilers at actual load. 
An intermediate reboiler and condenser load will also 
be considered for a sequence of distillation columns having 
a single feedstock and producing pure products only. 
In this chapter, the proposed part of the initial phase 
of the thesis will be discussed. This phase is the study of 
the energy recovery of multicomponent feedstock by energy 
matching. 
The design and energy integration procedure adopted for 
the evaluation of each configuration will be discussed in this 
chapter in detail. 
'. 
-120-
2.2. Method of Analysis 
The initial study reported in this thesis was to 
investigate the possibility of energy recovery when four 
compor.ent mixtures are separated into relatively pure 
products and how these possibilities vary when the composition 
, 
of the feed, the volatility of the feed components and the 
degree of recovery vary. Only energy integration between 
condensers and reboilers was considered. 
The method of analysis for each configuration was 
identical in all cases. The following specification for 
a given configuration was made. 
1. Feed composition 
2. Operating pressure 
3. Feed temperature 
4. Ratio of operating reflux ratio to the minimum reflux 
ratio. 
5. Degree of recovery of light and heavy key component 
to be separated. 
6. The process topology, that is, the interconnection 
of process streams within the configuration. 
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The material and energy balance was carried out for 
each feed using the corrected F10wdist programme (taken 
from Flow Pack Programme) (1970), and assuming the mixtures 
are ideal. 
In all cases feeds are assumed to be at their boiling 
points and all columns operating-at high recoveries (99.5%:, 
95%), in which the flowrates, compositions and temperatures 
of all process streams within the configuration are determined, 
together with the process design of all columns and the 
heat loads for the condensers and reboilers. 
The configuration considered in this study did not 
incorporate any recycling of process streams. A computer 
programme taken from the Flow-Pack Package (1970), provided 
a ready means of effecting the mass balance for the large 
number of cases to be considered. The programme deten1ined 
the process design of all columns, condensers and reboilers. 
Number of plates, actual reflux ratio, location of 
feed tray, condenser and reboiler loads were considered by 
the computer programme. 
The composition and temperature profile was considered 
using a plate to plate calculation programme (Khan 1965). 
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The method of analysis of each column in the 
configuration was as follows:-
1. Number of plates. 
2. Number of components 
3. Operating reflux ratio 
4. Top and bottom temperat~re 
5. Feed rate, temperature, pressure, feed location, 
and feed composition 
6. Condenser specification 
7. Intermediate reboiler and condenser load 
2.3 Variable Specification 
The variables considered for the process system w~re:-
1. Feed composition. 
2. Degree of recovery 
3. Operating pressure 
4. Volatility of feed 
5. Type of condenser total or partial 
6. Ratio of actual reflux to the minimum reflux ratio. 
7. Thermal condition of feedstock 
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Feed composition. Five different feed compositions 
were set for the four component feedstocks , with two 
different recoveries of(O.995 and 0.95) and two configuration s 
(I and II). 
The ratio of operating reflux to the minimum reflux 
was considered constant and was set at a value of 1.25. 
This value was used because it has been shown from many 
studies in the literature that the economic optimal reflux 
ratio as a function of total cost exhibits only a slow 
increase above the value of. the optimum reflux ratio which 
is usually 1.15 to 1.2. Thus the ya1ue of 1.25 was considered 
to be on this slow rising portion of the curve. 
A total condenser was assumed when calculating the 
maximum heat removed at the top of the column which is 
reused for energy matching. 
The operating pressure of each column was set constant 
at a value of about 6.8 atm ; This value was used because: 
1. Several previous studies of similar systems have 
used this pressure. 
, 
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2. It is a suitable pressure for the hydrocarbon 
series being considered and such systems are 
fre~uently processed in industry at this pressure. 
3. At this pressure reliaole thermodynaJIJic data are 
available. 
'. 
Variable pressure operating conditions could be 
considered to make certain energy matches feasible, ie. 
the pressure is put at a constant value for all columns, 
then it is changed for certain columns to make energy matches 
feasible. But the variation of pressure for energy matching 
reasons makes the problem much more complicated when compared 
with the isobaric condition because:-
1. Increasing the pressure of a column to make certain 
energy matches feasible increases the reboiler duty 
so it is difficult to predict the amount of energy 
saved by energy matching. 
2. The increase of column pressure changes the heat 
content at the top and bottom of the column. At the 
same time this will affect the feed condition. 
3. Varying the pressure adds an extra degree of freedom 
and increases the possible arrangements by an order of 
magnitude. 
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The Kha n programme (1965) was used to calculate the 
composition and temperature profile for each column and 
variab1etwere taken from the F10wdist programmes. These variables 
are: 
'. 
L Number of plates 
2. Feed composition 
" 
3. Feed temperature 
4. Top and bottom temperature 
5. Distillate rate 
6. Operating reflux ratio 
The variable which is to be constant is the 
1. Operating pressure. 
2.4 Design of Distillation Columns According to Energy 
Integration. 
Both short cut methods and plate to plate calculation 
were used to design the distillation system. First the 
F10wdist programme was used which ca1cu1ated:-
1. The minimum number Illf plates 
2. The actual number of plates (theoretical) 
3. The actual and minimum reflux ratio 
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4. The top and bottom temperature 
5. The heat load at top and bottom of the column 
The design of each column was made in the sequence 
in which it occurred in the configuration, so that the 
input stream to the next column' in the configuration could 
be specified. 
Fenske"s (1932) method was used for the calculation 
of the minimum number of equilibrium stages. Underwood's 1946 
method was used for the calculation of the minimum ratio. 
Gilliland and the Erbar-Maddox correlation were used for the numb, 
of equilibrium stages at the operating reflux ratio. 
The liquid-vapour equilibrium data used in the design 
of the columns was generated from the Antoine equation with 
appropriate constants. The mixture was assumed to be ideal 
and the data generated by the Antoine relationship was 
considered to be of sufficient accuracy for the low operating 
pressure within each column. 
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All K-values and enthalpy value data were supplied 
to the computer programme in the form of third degree 
polynomials as a function of temperature. 
All feed stocks, were assumed to be at their bubble 
point temperature for the col~ operating pressure. 
, 
For each feed the temperature was calculated by"a bubble 
point calculation. 
The design procedure for distillation column s when using 
the Flowdis t programme is:-
1. Underwoods method for the determination of minimum 
reflux ratio may he written as:-
a· XiD R + 1 ~ 1 m = and a. - e 
1 
£. a. XiF 1 - q 1 = a. - e 
1 
Where R = The minimum reflux ratio 
m 
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2. Fenske method for the determination of the minimum 
number of stages at the minimum reflux. 
G~)n = Nm e~), Cl or a 
nXd Nm 
'. = Cl DXd B~ a i B~ r 
Where Ci) is any component and er) is the arbitrarily 
selected reference component in the definition of the 
relative volatilities. 
Cl. l.-r 
Y.X 
= 1. r 
Y X. 
r 1. 
3. The Gilliland and Erbar-Maddox correlation was 
used for the determination of actual number of equilibrium 
stages at the operating reflux ratio. Where Erbar-Maddox 
improved an existing graphical correlation in which the 
number of plates required to effect a specified separation 
of two components at a given Loin is requested as a function 
of the minimum reflux ratio and the number of equilibrium 
stages needed to effect the separation at total reflux. 
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The composition , temperature and flow_rate 
profil~were determined using plate to plate calculations. 
Quantities which should be given to obtain a solution are; 
flow-rates, compositions, and temperatur~of all feed 
streams, number of theoretical trays; flowrates of all 
side streams; amount of heat added to or removed from,each 
" . 
tray;'K-values and enthalpy data; and initial estimates 
of vapour rates,tray temperatures; and tray compositio~ 
The vapour-liquid equilibrium data used in the design of 
the~istillation column was generated from the Antoine·equation 
with appropriate constants. 
The enthalpy data was expressed as a function of 
tl!mperature only, and was supplied to the computer programme in 
the form of third degree polynomial~ written as a function of 
temperature. 
The following is a brief outline of the method used 
to establish the stage temperatures, stage compositions and 
interstage flowrates for the column fitted with a total 
condenser. 
1. The initial temperature, pressure and flow rates 
were initially taken from the Flowdist programme. 
2. The initial liquid compositio~at each stage in 
the column were calculated by using the initial temperature, 
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pressure and flow rates. 
3. The distillate rate and actual reflux were taken from the 
Flowdist programme, and therefore the initial flowrate 
of liquid falling onto the top plate of the column 
was calculated. 
4. The amount and compositfon of vapour rising from 
'the top tray was found by a material balance. 
5. The ne~ temperatures, flowrates, and liquid 
compositions were calculated using a bubble point 
calculation and material balance. The subroutines for 
these calculations will be described in Appendix Al 
6. The energy balance was written around the condenser, 
stage (j+l),where stage j is fee d stage and reboiler 
(Stage N). Composition s, temperatures and phase enthalpies 
have been calculated. 
The basic equations for column sinulation are derived by 
making material and heat balances around the jth tray. Heat 
and mass balances plus equilibrium relationships comprise 
the five sets of equations to be solved. These may be written as 
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1. Overall material balance. 
j 
Lo+VJ'+l + t (Fk-Wk-R )+F.+l(l-a. l)-Vl+L.= for 1~j~N ••••••• (2.1) k=l -K J J + J 0 
2. Vapour-liquid equilibrium 
'. 
Yi,j - K:i;,j Xi,j = 0 for l~i.,», l"j"N .. , .. , ... ,., •••••••••••• (2.2) 
3. Component material balances 
L· r 
V '~lY'" +l+L. 1 X. . l+F.Z .. +F '+lZ, . +l-(V, +W .)Y. .- (L. +R.)X. . =0 J 1..J J- 1.,r J 1.,] J 1.,J J J 1.,J J J 1.,] 
for l.cSi~t1, l~j~N .......................................................................................... (2 .. 3) 
4: Summation equations:-
M 
SJ' = E 
i=l 
Y. • 1.,J 
M 
- E 
i=l 
5. Heat balance:-
X. • 1,J=0 for l:::::j~N ....................................... (2.4) 
F F E. = V. 1 H. lo+L. lh, l+F.a.h. +F. 1 (l-aJ·+l)H
J
·+l -J J+ J+ J- r J J J J+ 
(V.+W.)H.- (L.+R.)h.-Q.=O, for 1,j~N, ......................... (2.5) 
JJJ JJ.JJ 
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Where:-
F. = Flow rate of feed stream to tray 
J 
h. = Enthalpy of liquid stream living tray 
J 
'7 
h~ = Enthalpy of liquid portion of feed stream to tray 
J 
HjF= Enthalpy of vapour stream leaving tray. 
H. = Enthalpy of vapour po~tion of feed stream to tray. 
J 
'. 
K. .=Equilibrium k-value of component on tray (defined as 
1,] 
Y. • JX. .) 
1,] 1,] 
L. = Flow rate of liquid stream leaving tray. 
J 
M = Number of components. 
N = Number of theoretical trays. 
Q. = Heat removed from tray. 
J 
V. = Flow rate of vapour stream leaving tray. J 
W. = Flow rate of vapour side stream leaving tray. 
J 
R. = Flow rate of liquid side stream leaving tray. J 
x. .=Liquid mole fraction of component on tray 1,J 
Y •. =Vapour mole fraction of component on tray. 
1,] 
zJ.. .=Mole fraction of component in liquid portion of 1,] 
feed stream to tray. 
zY '=Mole fraction of component in vapour portion of 
1, J 
feed stream to tray. 
a. =.Liquid mole fraction of feed stream to tray. 
J 
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There are N(IM+3) equations The N(2M+3) unknowns 
are vapour and liquid internal flow rates, vapour and 
liquid mole fractions, and the tray temperature 
The method of solution is by substituting equation 
(2.2) into equation (2.3) to eliminate Y •• and reducing 
. 1,J 
, 
the component material balance equation by the tridiagonal 
matrix. 
Using plate-to-plate calculations from Khan's programme (1965) 
It is possible to calculate the composition and temperature 
• 
profile for each stage in a column. 
Knowing the composition and temperature profile at each 
stage ena5les one to determine the pinch points in each column. 
At such a pinch point heat could be added to the column by 
an intermediate reboiler and heat removed from a column by 
an intermediate condenser. 
Using an intermediate reboiler and condenser, the column 
could be operated at a low reflux ratio above and below the 
pinches, and at a higher reflux ratio in between. 
'.;0 
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Using plate to plate calculations, the temperature and 
composition at the intermediate reboiler and condenser, the 
temperature and composition at the top and bottom of the column, 
c) the number of plates at the intermediate section, and d) The 
number ,if plates from ·the reboiler to the intermediate section, 
and in the top section can be d~termined. 
'. 
Short cut methods cannot provide this information. 
All the succeeding investigations reported in this thesis 
were based on the results of calculatioffiperformed either by 
the short cut method(§c) or the plate to plate calculation 
lllethod (Pp} described above.. For ease of reference subsequent 
results will be marked short cut or plate to 'plate as appropriate. 
2.5 The concept of energy integration in distillation process:-
Many methods have been suggested for reducing the energy 
requirements of distillation process es and improving their 
thermodynamic efficiency, such as:-
I., Better control and operation, of existing colunms. 
2. Re-use of the heat content of overhead vapours 
3. Sequences of columns in multicomponent .distillation. 
'? 
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The first two points were well discussed by Geyer and Kline 
(1975). 1he first approach is well reviewed by Shinskey (1976). 
The second and third approaches were discussed by King (1971). 
Most of the earlier suggestions were based upon the use 
of heat pumping or by use of the multiple effects principle. 
" In one case the temperature of the vapour is raised so that it 
can transfer heat to a preceding stage in the process, in 
the other, the process is split into a number of sections, 
each operating at a lower temperature than that preceding it so 
that the energy in the vapour is used sever'a] times over. 
The previous ,,;ork by (Freshwater, Henry and Ziogou) showed, 
that by simply re-ordering the sequence of columns a reduction 
in energy required by an o;herwise conventional distillation system 
can be achieved for some feeds. 
Usually such a reduction applies only to feeds with a 
large preponderance of the heaviest component. The results 
will be briefly reviewed in this thesis. However a more important 
aspect of varying the column sequence is the increased possibility 
and ease of energy matching • 
• 
'';' 
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The objec~of the present study are to investigate 
the possibilities of energy recovery:-
2.5.1. By varying column sequence and using energy matching 
between condensers and reboilers. (rhis is intended to confirm 
and extend previous work and is', termed Simple Energy Matching, SEM). 
2.5.2 By· varying column sequence and using intermediate heating 
to extend the poss.ible usage of energy matching. (This is termeo 
Complex Energy Matching, CEM). 
2.5.1. Energy saving by SEM:-
2.5.1.1. Four component mixtures:-
Four component feed mixtures studied are. shown in table 
(2.3) :-
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Table 2.3 Four component feed mixture (in mole fractions). 
Component Feed Type 
A 0.25 0.1 '- 0.1 0.1 0.1 
'. 
B 0.25 0.1 0.7 0.1 0.1 
C 0.25 0.1 0.1 0.7 0.1 
D 0.25 0.1 0.1 0.1 0.7 
The material and energy balance is carried out for each 
feed using the Flowdist programme and assuming the mixtures 
are ideal. In all cases,feedsare assumed to be at their boiling 
points and all columns operate at high recoveries of (0.995 
and 0.95). under a· constant pressure of 6.8 atm. Two 
configurations (I and 11) are considered as shown in figure 
(2.1) • 
Condenser and reboiler temperatures and heat loads are 
produced by this programme, at an actual reflux, of 1.25 x 
minimum reflux ratio. 
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The purpose of this study, the. sensible heat. of all feed 
and products and any losses occurring have been ignored. 
Therefore the total heat at the reboiler is equal to 
that described at the condenser. Hence a feasibility matrix 
can be drawn up. In producing ·this it was assumed that the 
. . \. 
rrun1mum temperature difference between streams exchanging 
Applying Rathore's rules (1974) for four component 
mixtures (ABeD) volatility decreases from (A to D) given a 
feasible matrix shown in figure (2.2), which gives all the 
possible energy matches. An Cl') appearing as a matrix element 
means for the given match,it is a f.easible prop.osition. If the match 
tm feasible a number corresponding to the Rathore rules which 
indicated its tmfeasibility is placed in the element space. 
The primary matches given in figure (2.2) indicate which 
streams may be incorporated in the energy integration. , 
For energy integration it is necessary to know not only 
that the match is feasible with respect to the second law and 
the list structure, but also the amount of heat available 
at each source and the amount,required at each sink. 
'7 
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It is necessary to find for each configuration the amount 
of heat required at the reboilers from utilities after all 
feasible internal energy sources have been listed. This is 
theri compared with the energy requirement for the optimum 
configuration when energy integration is not considered. 
, 
The integration of energy for the complete system is 
coupled with the solution of the separation sequences problem. 
An energy integration problem is specified by listing the 
sources and sinks of the energy to be matched. However all 
the sources and sinks are not known until the optimal sequence 
is synthesised. Without knowing which streams will appear 
in the system it is not possib1e.to solve the energy integration 
problem. 
The separation sequencing depends on energy costs as 
determined by the solution of the energy integration problem 
but the energy integration problem cannot be sol~ed until 
the streams in the separation sequence are knowu. 
Five rules given for four component mixtures such a~ 
those of Rathore et al (1974)- are applied to high 
recovery distillation columns 'operating at ·the same pressure. 
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Rule (1) - The most volatile member in an i-component 
subset of the feasible stream set. must go overhead in 
any subsequent distillation. For streams containing 
subgroups ABC. AB and A of the table (2.4) occur as 
energy sources and so matches for energy integration 
can occur between them. 
Rule '{2) - The least volatile component in an i-component 
subset of the feasible stream set must go to the bottom 
in any subg.roups BCD, CD, D occur as energy sink and 
no matches for energy integration can occur between them. 
Rule (3) - A member of an i-component subset cannot exchange 
energy without the i-I consecutive members of the ordered 
list in the same subset. Such groups cannot occur together 
in the same sequence. i.e. streams AB and BC cannot occur 
simultaneously since B must be completely with one stream 
(high recovery assumption). 
Rule (4) - Feasible energy matches must be consistent with 
sequential.list splitting for example, an energy match between 
stream B and BC is thermodynamically feasible when B is an 
energy sink and BC a source. However list structure dictates 
that when stream BC occurs in' a sequence, then stream B will 
always be .the source of energy. 
-141-
This r-tile prohibit& matcnes between streams containing 
common species. 
Rule (5) - The second law of thermodynamics isobaric sequence 
of distillation columns states that any given energy source 
stream can only exchange energy\~ith a more volatile sink. 
Similarly any given sink of energy can only exchange energy 
with less volatile sources. 
'? 
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4-Component . 3-Component 2-Component 1-Component 
Subgroups Subgroups Subgroups Subgroups 
ABCD ABC AB A 
, 
'. BCD BC B 
CD C 
D 
Table 2.4 Possible Subgroups Resulting from the 
Splitting of the Ranked list ABCD. 
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A B I r I C 
AB ~ 1 ,.- 2 t--- 3 Configuration I 
\ 
'. 
1 ,-
BCD cb D 
AB A 
r I I 
C 
AB CD 1 2 3 
-
~ r-. Configuration II 
I· B D 
CD 
Figure 2.1 Four component mixtures 
\ 
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~ A B A <'" ~CO ~ A B C B C B "~"Q' <i'~ C % 
B 5 4,5 F 5 4 F 
C 5 5 4,5 5 5 5 
D 5 5 5 5 5 5 
BC 5 5 5 3,5 4,5 5 
CD 5 5 5 5 3,5 5 
BCD 5 5 F 4,5 5 3,5 
Figure 2.2. Four componen~energy exchange feasibility matrix 
(4J 5 means Rathor's rule is applied). 
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2.6 Energy saving with CEM: 
The second object is to investigate the possibilities 
of energy recovery with intermediate heating by using an 
intermediate reboiler and an intermediate condenser at the 
pinch points of the separation., 
, 
An additional heuristic could be formulated which helps to 
determine the optimal separation and configuration for a 
given feed mixture with respect to energy consumption and 
with an intermediate load. 
The location of the pinch points is deternined during 
the course of plate to plate calculation. 
The pinch points by definition, are located at those trays 
where the composition changes very little from tray to tray. 
It was possible to find their positions by calculating the 
change in temperature or the change in the component mole 
fractions from tray to tray: where these changes become 
constant a pinch point was said to exist. 
~n order to reduce the work consumption it is necessary 
to lessen the force for heat and mass transfer within the 
individual stages. 
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This reduces to a problem of making the operating and 
equilibrium curves more nearly coincident as shown in 
figure (2.3) and figure(2.3a), This represents an ordinary 
distillation, operating at a reflux greater than the minimum. 
The driving forces for heat and mass transfer between the 
streams can be reduced to moviri~ the operating lines closer 
to th~ equilibrium curve. The minimum reflux condition 
shown in figure(2.3b), corresponds to the upper and lower 
operating line having been moved as close as possible 
to the equilibrium curve. At minimum reflux the driving 
forces for heat and mass transfer at compositions in the tower 
removed from the feed stage in a binary distillation. These 
irreversibilities can be reduced by using a different operating 
line in those positions of the column where the irteversibilities 
with the original operating lines were more as shown in figure 
(2.3c), where two operating lines applying to different parts 
of the stripping section and two operating lines applying to 
·different parts of the rectifying section are indicated. 
The operating lines used closer to the feed have slopes 
nearer to unity; hence the liquid and vapour flows nearer the 
feed ,are larger than those at the ends of the column. 
'9 
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This displays need to use a second reboiler midway up the 
stripping section and a second condenser midway down the 
rectifying section as in figure (2.4). The overhead 
condensers duty in figure (2.3b) must be the same as the 
sum of the duties of the two condensers above the feed. 
The gain in reversibility is not manifested as a reduced 
total heat duty, but instead as a lesser degradation of the 
heat energy passing through the column. The heat energy 
supplied at the intermediate reboiler is supplied at a lower 
temperature than that to the reboiler at the bottom of the 
column, and the heat removed from the intermediate condenser 
is removed at a temperature higher than that of the column 
overhead. 
Reducing thermodynamic irreversibilities, within a 
distillation column would be to arrange to cool the reflux 
to stages above the feed and to heat the vapour to stages 
below the feed then the operating line at each stage is 
coincident with the equilibrium curve. As in figure (2~3d) this 
process is carried out as shown in figure (2.5). 
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The reflux is increased on each stage proceeding downward 
from the top of the column. Therefore, there must be a 
condenser removing heat from each stage above the feed until 
the operating line coincides with the equilibrium curve 
at the composition corresponding to that stage. Similarly 
each stage below the feed must ~e equipped with a reboiler 
to in~rease the vapour flow upward. Each reboiler and condenser 
must employ a heating or cooling medium with a temperature 
equal to that of the particular stage. 
The number of stages required for a given separation 
becomes greater,and the required heat duty must be split up 
between the terminal reboiler and condenser and those reboilers 
and condensers necessary to generate the intermediate boil up 
and reflux. Two factors should be considered:-
1. The heat energy used in the distillation is degraded to 
a lesser extent. Much of the reboiler heat can be added at 
temperatures lower than the bottom temperature, and much of 
the heat removed can be effected at temperatures warmer than 
the overhead temperature. 
2. The reduced vapour and liquid flows toward the product 
ends to the cascade may make it possible to reduce the tower 
diameter at those points or to use towe~of different diameters. 
.i' 
.' , 
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When the same amount of reboiler heat load is divided 
up and added to several intermediate points between the feed 
tray and the bottom tray the temperature level would be lower 
as the feed tray is approached. The temperature of the 
energy source at the particular location must be higher than 
the temperature of the liquid at this point(sink}. The amount 
of the heat at the bottom of reboiler would be less too. 
For the rectifying section the amount of total condenser load 
is divided up and removed from several intermediate points, 
which use successively warmer heat sinks as the feed tray is 
approached. 
Using mUltiple condensers and reboilers affects the design 
" . of the distillation column, number of stages required to achieve 
a particular separation and the diameter of the column. 
'!he diameter of the column is reduced above the intermediate 
condenser and below the intermediate reboiler because of the 
reduced vapour and liquid at these points. 
The application of the above ideas is implented as 
follows:-
~,,.. . 
. ','-' 
'';' 
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1. At the operating reflux ratio equal to 1.25 x the minimum 
reflux ratio, the actual condenser load, reboiler load, 
temperature and composition profile were calculated using 
plate to plate calculation. The pinch points where heat 
should be added and removed are found by plotting a composition 
profile versus number of plates~ where the composition is 
constant the pinch point is exist. 
2. The reboiler load at the base. of the column is calculated 
at two different reflux ratios of 1.0 x minimum reflux ratio 
and 0.9 x minimum reflux ratio. 
3. Using plate to plate calculation to determine the point 
of application of intermediate heater and reboiler 
temperature and composition at the pinch points. The amount of heat 
added and removed at the pinch points at two intermediate reflux 
.are 0.25 x Rmin and 0.35 x Rmin. 
4. Total heat load should be coxrespond to1. 25 x minimum reflux 
ratio or equal to the sumation of reboiler load supplied at the 
base and reboiler load supplied at the intermediate section. 
5. The number of plates required are calculated 
a). From reboiler to the intermediate section 
b). At the intermediate section 
~). At the top section 
Temperature at the top and bottom of intermediate section 
also are required. 
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6. Using an intermediate reboi1er and condenser 
causes changes in the overall tower height and diameter 
as well as heat transfer area. 
7. Increasing loading of intermediate system causes changes 
in· overall tower height and diameter of the column. 
The results will describe in chapter (3), two different 
reflux ratios. 
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Figure 2.'3a Ordinary distillation, finite stages. 
XA 
Figure 2,3b Ordinary distillation at minimum reflux 
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• 
Figure 2.3c. Intermediate reflux and intermediate boil-up 
XA 
FigurE 2.3d Tbtally reversible distillation 
Figure (2.3Kncreasing the reversibility within a binary 
distillation process. 
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d 
Feed 
liquid 
vap 
b 
Figure 2.4 Distillation column with one intermediate 
condenser and one intermediate reboiler. 
nis tillate. 
coolants 
Feed 
Heating media 
Figure 2,5 An appro'ach to reversible distillation. 
Chapter 3 
Results and design analysis with 
respect to energy integration. 
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Chapter Three 
Results and design analysis with respect to energy integration 
3.1 Introduction 
In chapter two the initial study of energy integration 
was described. 
First,the column configura~ion for separation of a 
four component feedstocks into products of varying purity 
was considered. Data were to be obtained for a range 
of feed composition~ component vo1ati1it~es and degree of 
recoveries 
Secondly, Varying the column sequence and using energy 
matching between condensers and reboi1ers only was considered 
Thirdly, Varying the column sequence and using inter-
stage heating in a column or columns so as to extend the 
possible usage of energy matching was considered. 
For each configuration, a mass and energy balance was 
made and this balance provided the f1owrates, compositions 
and temperatures of all streams, process and product streams 
in each column, heat added and removed at the bottom and top 
of each column in the configuration, respectively. 
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The temperature and composition of each stage in 
the column in each configuration was provided, by a 
plate-to-p1ate calculation. 
In this chapter all the results of total reboiler 
load for 
1. Conventional system 
2. Using energy matching between condensers and reboi1ers 
only. 
and 
3. Using energy matching with interstage heating, are 
reported. 
Percentage savings in total reboi1er load ·are reported 
too. 
3.2 Effect of Process Parameters on the investigation of the 
p.ossibilitie5 of energy recovery. 
The initial study was to consider the effect of the 
following process parameters on the investigation of the 
possibilities of energy recovery without intermediate load 
and with intermediate load, when four components are separ~ted 
into relatively pure product. The parameters are: 
1. ,Effect of changes on . interstage £low (by using intermediate 
heaters and coolers). 
2. Feed composition 
3. Degree of recovery 
4. Feed component volatility 
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The feed systems studied are given in table (3.1) 
Table 3.1 Feed Systems and relative"volatilities 
Component a a b a c a d a 
A i-c 
" 4 2.2 i-c 4 1.29 " i-C4 3.8 i-C 4 1.29 
~ 
B i-C 5 1.0 n-C 4 1.0 i-C 5 1.0 n-C 4 1.0 
C C6 0.48 n-C 5 0.52 n-C 5 0.82 i-C 5 0.58 
D 
-
C7 0.32 C6 0.27 C6 0.29 n-C 0.52 5 
3.2.1. Effect in changes in the intermediate load 
Energy integration between condensers and reboilers has 
been considered first for two configurations I and "!I"" as shown 
in figure (3.1). Freshwater and Ziogou (1976) considered the 
same four component mixturffiwith respect to energy integration 
between condensers and reboilers only. 
It was found that for this four component mixtures configuration 
(11) is the one where energy re-use is feasible for all mixtures 
and feed types studied. While configuration (I), yields the 
lowest reboiler load without energy re-use. 
It was found that configuration (1) gives possible energy 
savings ranging from 7% to 30% for 99% recovery and 8% to" 32% 
for 90% recovery, when energy integration is considered between 
condensers" and reboilers only. 
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To extend this work, calculations were made for the case 
where intermediate heaters and coolers were provided at the 
pinch points. The heat energy supplied at the intermediate 
heater is supplied at a lower temperature than that to 
the reboiler at the bottom of the column, and heat removed 
from the intermediate cooler is removed at'a temperature 
higher than that of the column overhead condenser. 
This extends considerably the possibilities of heat 
exchange combinations. 
The extreme of reducing thermodynamic irreversibilities 
within a distillation column would be to arrange the reflux 
to stages above the feed and of reboi1er vapour to stages 
below the feed, in such a waythatf~inary systems the operating 
line at each stage is coincident with the equilibrium curve. 
A 
B 
C 
D 
A 
B 
C 
D 
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A B C 
I ~ ~ 
1 ~ 2 3 
a-Configuration (I) 
I L , 1 
BCD CD D 
A 
i 
A 
B 
I b-Configuration(II) 
B 
i -
I 
CD 
l D 
Figure 3.1 - Separation of four component mixtur~by 
configurations. I-and 11. 
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The reflux growS larger on each stage precedigg 
downward from the top of the column. therefore. th'ere 
'';-
must be a condenser removing heat from each stage above the 
feed in the right amount to make the operating line coincide 
with the equilibrium curve at the composition corresponding 
to that stage. 
Similarly. each stage below the feed must be equipped 
with a reboi1er to increase the vapour flow upward in the 
required pattern, for a binary ,~ystems. 
Using intermediate heaters and coolers will 
increase the number of stages required for the separation. 
The required heat duty willbesplit up between the terminal 
reboi1er and condenser and those heaters and coolers 
necessary to generate the intermediate boil up and reflux. 
Two intermediate reflux conditions have been considered 
of 0.25 x Rmin and 0.35 x Rmiit • Therefore the reboiler load 
at the base is equal to 1.0 x Rmin and 0.9 x Rmin respectively. 
This will give a total actual load for conventional system 
of 1. 25 x Rmin. 
Thus' 
Total reboi1er load (actual) = Total reboi1er load at the 
base + Total Reboi1er load at the intermediate section. 
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'!:' 
Clearly the use of intermediate heaters do not in any way 
reduce the total heat load required by each column. However 
it does give greatly increased possibiliti~of heat interchange 
because the heat added at intermediate stages is at a lower 
temperature than that required at the columm base. 
Similarly the heat rejected at the interstage condenser 
is at a higher temperature than that at the top of the column. 
Using intermediate heaters and coolers increase the 
possibilities of number of heat. exchange. 
. . \, . 
'Thus, the savings in' total reboiler load is increased, 
the diameter ·will change and the height of the column is 
increased, because the number of stages at the top and the 
bottom of the column is increased when'interstage flow is 
considered. Thus, the number of stages required for the separation 
is reported as, 
1. Number of stages from the reboiler to the intermediate 
section. 
2. At the intermediate section 
and 
3. At the top section of the column. 
Increasing the interstage flow by increasing the 
intermediate reflux will increase the possibilities 
of heat interchange between heaters and coolers. So, 
percentage savingS in total reboiler load will increase • 
. 
Savings in total reboiler load with and without interstage 
flow will be considered later. 
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3.2.2. Feed composition 
The results show the effect of varying the feed 
composition upon the total reboiler load for 
a) Conventional system 
b) Energy integration without intermediate heating(SEM), 
and 
c) Energy integration with in~ermediate heating (CEM), for 
'two intermediate reflux ratIos of (0.25 x Rmin) and 
0.35 x Rmin) at the intermediate stages. 
The feed compositionS used are given in table (2.2) 
The reboiler and condenser loads are expressed in KJ/hr. 
The results of the total reboiler load without energy 
integration and with energy integration between reboilers and 
condensers only, and with interstage flow of 0.25 x Rmin and 
0.35 x Rmin for four different feeds are given in tables 3.2, 
.3;3, 3.4,3.5 
. 
Recovery 
99.5% 
95% 
Table 3.2 Total reboi1er load for four component f<:.edstocks, Iso-Butane,Iso-Pentane, Hexane and 
Heptane, for two degrees of recoveries, (Reboi1er Load in kJ/hr x 10-3) 
, 
Feed Reboi1er load without Reboi1er load with Reboi1er with energy Reboi1er load with 
Type energy integration energy integration integration with energy integration 
Conf. I Conf.I! Conf.I Conf.I!. 0.25 x Rmin of 0.35 x Rmin Conf. I Conf.I! Conf.I Conf.I! 
1 22,032 22,654 15,161 18, 279 14.353 16,672 13,640 16,163 
2 16,339 21,189 12,991 17,849 12,767 16,278 12,470 15,983 
3 19,119 19,815 15,689 16,431 14,669 15,789 14,117 15,267 
4 26,160 26,300 22,214 24,524 22,214 24,503 22,076 24,529 
5 21,374 21,172 
-
19,422 20,816 18,181 20,559 17,595 
, 
1 15,557 20,748 13,403 16,960 12,755 15,629 11,412 14,996 
2 14,857 18,867 11,916 15,957 11,651 .14,917 10,157 14,052 
3 15,835 16,554 12,444 13,382 12,411 12,675 12,414 12,651 
4 23,214 23,333 19,018 21,705 18,182 21,309 17,457 21,491 
5 20,147 19,601 
-
18,085 19,598 16,861 19,291 16,194 
Recovery 
99.5% 
95% 
Table, 3.3" Total reboi1er load for four component feedstocks rso-Butane, N-Butane, N-Pentane, and 
Hexane, for two degress of recoveries (Reboi1er load in kJ/hr x 10-3) 
Feed Reboi1er load without Reboi1er load with Total reboi1er load Total reboi1er load 
Type energy integration energy integration with energy integr- with energy integr-
ation at 0.25 x Rmin atopm at 0~35 x Rmin 
Conf.I Conf.I! Conf. r Conf. n Conf.I Conf. n Conf.r ,Conf .n 
" 1 29,542 29,623 23,414 23,514 22,596 22,597 21,550 21,628 
2 30,972 36,872 28,521 34,425 28,120 32,974 28,097 32,506 
3 35,479 35,676 32,954 33,195 31,202 31,356 30,839 31,354 
4 28,699 26,711 - 20,916 27,042 19,365 26,552 18,767 
5 21,842 20,513 
-
14,740 20,700 13,611 20,495 13,311 
1 27,022 25,978 21,604 20,639 21,290 19,786 20,491 19,076 
2 28,198 32,181 26,016 29,980 25,673 29,027 25,669 27,950 
3 31,043 31,083 
" 
28,450 28,692 27,451 27,286 26,287 .26,284 
4 24,203 '24,011 - 18,958 21,884 18,265 20,904 17,312 
5 20,803 18,948 - 13,825 20,002 12,751 19,991 12,326 
I 
..... 
er. 
"" I 
Table 3.4, Total reboiler load for four component feed~tocks Iso-Butane, N-Butene, N-Pentene 
and Hexane for two degrees of recoveries (Reboi1er load in kJ/hr x 10-3) 
Recovery Feed Reboi1er load without Reboi1er load with Reboi1er load wi th Reboiler load with 
Type energy integration energy integration energy integration energy integration 
0.25 x Rmin 0.35 x Rmin 
Conf. I Conf. II ' ConLI Conf. II Conf.I Conf. II ConLI Conf. II 
99.5% 1 34,519 35,200 30,846 33,604 29,728 33,324 29,616 
2 19,209 21,827 19,384 19,055 17,830 18,593 17,304 
3 40,939 42,144 39,664 40,617 38,693 40,249 38,324 
4 .. 4,480 45,167 43,412 43,408 43,373 
I 
5 24,582 25,063 23,318 23,677 21,929 23,375 21,409 ..... 
'" 
'" I 
95% 1 31,186 34,468 30,726 30,461 29,821 30,132 29,685 
2 17,700 21,124 19,007 17,696 17,708 17,310 15,922 
, 
3 33,751 38,108 35,651 33,458 34,705 32,137 34,403 
4 37,550 39,660 38,018 38,018 38,018 
5 22,279 22,702 21,206 21,563 19,825 20,984 18,798 
Table 3.5 Total reboiler load for four component feeds tacks Iso-Butane, N-Butane, Iso-Pentane, 
and N-Pentane, for two degrees of recovery (Reboiler load in kJ /hr x 10-3) 
Recove;:y Feed Reboiler load without Reboiler load with Reboiler load with Reboiler load with 
Type energy integration energy integration energy integration energy integration 
of 0.25 x Rmin of 0.35 x Rmin 
Conf.I. Conf.Il._' Conf.I. Conf.Il. Con£. I. Conf.I1. Conf. I. Con£. n. 
99.5% 1 45,889 49,387 28,586 30,803 26,164 29,030 25,602 28,345 
2 37,136 43,895 28,633 37,059 28,000 34,000 27,534 33,822 
3 42,909 43,304 34,375 34,775 34,397 34,653 34,080 34,750 
4 53,084 51,671 45,868 51,438 44,196 50,622 43,184 
I 
5 48,028 48,786 43,000 45,289 38,240 43,725 37,999 ,... cr-. 
CJ\ 
I 
95% 1 39,882 39,046 24,076 26,800 22,980 25,218 22,636 24,577 
2 32,548 37,651 25,453 30,526 24,866 30,520 20,618 30,665 
3 37,711 37,135 ,. 30,533 29,988 30,020 30,023 30,000 '30,121 
4 44,770 37;822 32,745 43,367 31,392 42,746 30,296 
5 42,396 38,_141 33,223 39,155 31,967 37,429 31,393 
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Tables 3.2, 3.3, 3.4 and 3.5 give the results for 
four component feedstocks. Five feed compositions were used 
for each feedstock and two degrees of recovery were specified. 
The totalreboiler load with and without energy integration 
as a function of feed composition have been given in the 
form of histogram in figure 3.2 for four feed mixtures 
Iso-Butane, Iso-Pentane, Hexane and Heptane at 99.5 percent 
degree of recovery. Similar histograms have been plotted 
for the other feed mixtures, 
Iso-.Butan~ n-Butane, n-pentane, and Hexane 
Iso-Butene, Iso-pentene. n-Pentane and Hexane 
Iso-Butane, n-Butane, Iso-pentane and n-pentane 
and are available in Appendix AS. 
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C-with energy 1ntegration and 
interstage flow of (0.35 x Rmin) 
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Figure (3.2) Effect of changing the feed type on total reboiler 
load for mixture (Iso-C4, Iso-CS' c6,r 7) 
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The results show that, 
1. Configuration (I), is nearly optimal in all cases 
when no energy integration is considered. 
.~-. 
2. When energy integration is considered without interstage 
flow it was found that configuration (11) is the one 
where energy re-use is feasible for all mixtures and 
feed types studied. For configuration (I), there are 
only ten favourable cases ,for 99.5% recovery and 
ten for 95% recovery where energy integration is feasible. 
It is clear that for feeds withahigh'proportion of less 
volatile components, feed types 4 and 5, energy integration 
is not feasible. This agreed with the previous work of 
Freshwater and Ziogou (1976), for four component feedstocks 
for 99.5% recovery. 
3. In the case of energy integration with intermediate 
heaters and coolers, the feasibility of energy integration 
is increased. Thus, the feasibility of energy integration 
in configuration s I and 11 is increased in all feed types 
and feed mixtures. While in configuration (I), the 
feasibility is increased for feeds with a high proportion 
of less volatile components(types 4 and 5). 
Host of the results show that the total reboiler load 
for the three columns in configuration (11) is less than the 
total reboiler load for the three columns in configuration (I) 
.. 
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for these feed types with a high proportion of less volatile 
components, feed types (4 and 5)and that the feasibility of 
energy integration is increased by using intermediate heaters 
and coolers. 
3.2.3 Effect of changing the degree of recovery of the 
componen ts. 
Two values of product recorery of 99.5% and 95% were 
considered and these values were identical for each component 
in the feed. BY'definition the recovery fraction of the 
component in the'product is the fraction of the amount of 
that component feed which goes into the product, or the 
amount in the product divided by the amount fed. 
The effects of changing the degree of recovery are shown 
in.figure 3.3, for total reboiler load without energy 
integration, with energy integration without and with inter-
stage flow of 0.25 x Rmin and 0.35 x Rmin. 
The results show that the higher the recovery rate , 
the higher the total reboiler load of the three columns 
in the configuration in all cases. 
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99.5% 99.5% 
95% 
99.5% 
95% 
95% 
99.5% 
95% 
95% 
I 
--'-
, I I 
I I Il Il I I IlIl I 
A B C 
Configuration No. 
." .. 
A - No energy integration 
B - With energy integration 
C - With energy integration and 
with interstage flow of 
0.25 x Rmin) 
C'- With energy integration and 
with interstage flow of 
(0.35 x Rmin) 
99.5% 
95% 99 .5%. 
95% 
99.5 
99.5% 
95% 
99.5% 
I , I I I 95% 
I Il Il I I II Il 
C' 
Figure 3.3 Effect of changing the degree of recovery on total 
reboiler load for mixture Iso-Butane, Iso-Pentane, 
Hexane and Heptane (Equimolal feed composition). 
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3.2.4 Effect of changing the feed volatilities 
The effect of component volatilities has been studied 
by taking four different feedstocksagain with five 
different feed compositions, and two degrees of recovery 
of 99.5% and 95%. 
The results are given in tables (3.2, 3.3, 3.4 and 
3.5) and are shown graphically\in figures (3.4, 3.5, 3.6) 
, 
for 99.5% recovery. 
Three operating systems have been considered 
A. Total reboiler without energy integration 
B. Total reboiler with energy integration 
C. Total reboiler with energy integration with 
interstage: flow of 0.25 x Rmin and 0.35 x Rmin 
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Figure 3.4 - Effect of changing the feed volatility on 
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e' - with intermediate load (0.35 x Rmin) 
. 
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b ~ /-I 
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Figure 3.6. Effect of changing the feed volatility on total 
Reboiler load in a feedstock in which component 
B is dominate 
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1. Figure (3.4) gives the results for A, Band C above 
for an equimolal feedstock in which no difficult 
separation occurs. 
2. Figure (3.5) gives the results for A, Band C for 
an equimolal feedstock in which a difficult separation 
occurs between component A and B. 
3. Figure (3.6) gives the results for A, Band C for 
an equimolal feedstock in which a difficult separation 
~ccurs between component Band C. 
With reference to figure (3.4) 
1. Indicates that, configuration (I) is optimal when 
no energy integration is considered. 
2. Indicates that configuration (I) is optimal for 
feed systems {a, b and d), when energy integration 
is considered without and with interstage heaters 
and coolers, while for feed system (c) configuration 
(11) is optimal for all the cases. 
Table (3.6), gives the best of the two configurations 
for four component feedstocks for cases A, B, C and C' 
Table 3.6. Best configuration for four comronent feed systems 
Feed Mixture Without energy With energy With energy 
Type integration (A) integration(B) integration with 
recovery (0.25 x Rmin) (C) 
95% 99.5% 95% 99.5% 95% 99.5% 
I (a) I I I I I I 
(b) I! I -'-I! I I! I 
(c) I I 1=11 II II II 
(d) I! I I I I I 
2 (a) I I I I I I 
(b) I I I I I I 
(c) I I I I all I Il 
(d) I I I I I I 
3 (a) I I I I I I 
(b) I I I I I"II I 
(c) I I I II I Il 
(d) I! I I! I II I 
4 (a) I I I I I I 
(b) IeIl I! fr Il Il II 
(c) I I I II I II 
(d) I! IeI! II I! II II 
5 (a) 1=11 1£'11 II II II II (b) I! II I! II I! II 
(c) I- I II I! II II 
(d) I! I II I! II II 
With energy integration 
of 0.35 x Rmin (e') 
95% 99.5% 
I I 
II I 
II II 
I I 
I I 
I I 
I I! 
I I 
I I 
I",Il I 
I II 
15II I 
I I 
II I! 
I II 
II II 
II II 
I! II 
II 11 
II II 
. 
I ,.... 
.... 
.... 
I 
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These results are not indicative of any particular 
tren-d. It is very difficult, with real systems to explore 
systematically, the effect of variation in relative 
volatility. Therefore this study has been extended using 
the concept of pseudo-componen~. first introduced for this 
purpose, by Henry (1977). This work is represented in 
section (3.5). The effect of changing the component relative 
volatility on the total reboiler load using the concept 
of pseudo-components by which feedstocks -can be 
, 
formulated having a predetermined values of relative 
volatilities for four component mixtures is considered later 
in this chapter. 
3.3 Savings in total reboiler load 
Percentage savings-in total reboiler load-in each 
configuration is calculated by finding the stnmnation of 
reboiler load of each column in the configuration without energy 
integration and the-summation of reboiler load of 
each column when energy integration is considered either 
with or without interstage flow. 
Percentage savings in total reboiler load in the ~onfiguration 
R R 
s 
= --;;--"-R 
Where, 
R = Summation of total reboiler load of each column in the 
configuration without energy integration 
R = Summation of total reboiler load of each column in the 
s 
configuration with energy integration either without or with 
intermediate flow. 
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The results are given in table (3.7). figures 3.7, 3.8 and 
3-"9 shOW the effect of changing ;the feed';types,the' feed 
volatilities and the degree of recoverie's 'of: components on 
percentage savings. in total rehlOi{er load. for, (a) energy 
integration without interstage flow, b) energy integration 
with interstage flow of 0.25 x Rmin and 0.35 x Rmin. 
Table (3.8) gives the best of the two configurations (1 
and V) for four component miJitures (with high percentage 
savings). 
Table 3.7 Percentage savings' in totai reboi1er load (kJ/hr) 
11 Recovery Feed Savingsin reboi1er load Savings in Reboi1er with Savingsin Reboi1er load with 
Type with energy integration intermediate load intermediate load(0.35 x Rmin) 
without intermediate (0.25 x Rmin) 
integration load 
Conf.I. Conf •. II. Conf. 1. Conf.II. Conf. I. Conf.II 
99.5% 
mix. (a) 1 31.2% 19.3% 34.9% 26.4% 38.1% 28.7% 
2 20.5% 15.8% 21.6% 23.2% 23.5% 24.6% 
3 17.9% 17.1% 23.3% 20.3% 26.2% 22.9% 
4 15.1% 6.8% 15.1% 6.8% 15.1% 6.7% 
5 8.3% 3.0% 14.1% 3.8% 26.9% 1 
..... 
<Jj 
(b) 1 20.7% 20.6% 23.6% 23.7% 27;0% 26.9% 0 1 
2 7.9% 6.6% 6.3% 10.6% 9.3% 11.6% 
3 7.1% 6.95% 12.1% 12.1% 13.1% 12.1% 
4 21.7% 5.8% 27.5% 7.5% 29.7% 
5 28.1% 5.5% 33.7% 6.2% 35.2% 
(c) 1 12.4% 
" 
2.7% 15.5% 3.5% 16.0% 
2 11.2% :: 1.0% 18.3% 3.2% 20.7% 
3 5.9% 0.8% 8.2% 1. 7% 9.1% 
4 3.9% 3.9% "4.0% 
5 7.0% 3.68% 12.5% 4.5% 14.6 
(d) 1 40.0% 37.6% 42.9% 41.2% 44.9% 42.6% 
2 22.69% 14.5% 24.6% 22.5% 25.9% 22.9% 
3 19.6% 19.7% 20.0% 19.9% 20.6% 20.3% 
4 11.2% 3.1% 14.5% 4.6% 16.4% 
5 11.9% 5.7% 21.6% 9.0% 22.1% 
";. .. 
Table 3.7 continued. 
Recovery Feed Reboiler load with Reboi1er load with energy Reboi1er load with energy 
Type energy integration integration with 0.25 x Rmin integration 0.35 x Rmin 
Conf. r. Conf.II Conf.1. Conf. II Conf.r Conf.II. 
95% 
(a) 1 13.8 18.3 18. 0 24.7 26.6 27.7 
2 19.8 15.4, __ 21.6 20.9 31. 63 25.5 
3 21.4 19;2 21.6 23.4 21.6 23.6 
4 18.1 7.0 21. 7 8.3 24.8 7.9 
5 7.7 2.7 14.0 4.3 17.4 
(b) 1 20.1 20.5 21.5 23.8 24.2 26.5 
2 7.7 6.8 9.0 9.B 9.0 1:3.1 
3 8.4 7.7 11.6 12.2 15.3 15.4 I 
..... 
4 21.0 9.6 23.9 13.6 27.9 00 
..... 
5 27.0 3.8 32.7 3.9 34.9 I 
(c) 1 10.9 2.3 13.6 3.4 13.9 
2 10.0 0.02 16.21 2.2 24.6 
3 6.5 0.9 8.9 4.8 9.7 
4 4.1 4.14 4.74 
5 6.6 " 3.3 12.7 5.9 17.2 
(d) 1 39.6 31.34 42.3 35.4 43.2 37.05 
2 21.8 18.9 23.6 18.9 23.8 18.6 
3 19.0 19.3 18.9 19.2 20.39 18.9 
4 13.4 3.1 17.0 4.5 19.9 
5 12.9 7.6 16.2 7.0 17.7 
..... 
<1l 
.., 
o 
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40 r-
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.20 r 
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'. 
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Figure 3.7 Effect of change feed type on total saving"s 
in reboiler load for Iso,Butane, Iso-Pentane, 
Hexane and Heptane and 99..5% recovery 
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\ 
a,b,c, and d - four feed systems table (3.1) 
A - With energy integration without intermedia: 
load 
B - With energy integration with intermediate 
load of (0.25 x Rmin) 
, B -«. (d) 
A (d) 
-iI 
" 
(a) 
(a) 
(b) 
(b) 
B .... (c) 
~ 
A Cc) 
9S 99 99.5 
degree of recovery 
Figure 3.9 Effect of changing the degree of recovery on 
percentage saving; in total reboiler load for 
equimolal mixture for four feed systems and for 
configuration (1) 
Mixture 
(a) 
(b) 
(c) 
(d) 
Table 3.8' - The best of the two, configurations (I and 11) for four 
component feed systems. 
Feed Without interstage flow With interstage flow 0.25 x Rmin With 
Type 
95% 99.5% 95% 99.5% 95% 
1 II I II ' I II 
2 I I ,- I II I 
3 I I II I II 
4 I I I I I 
5 II II II II II 
1 II IsIl II I-Il IsIl 
2 I I IsII II II 
3 I I I=Il Isll Isll 
4 II II II II II 
5 II II II II II 
1 II II II II II 
2 II II II II II 
3 II II II II II 
4 II II 
" 
II II II 
5 II II II II II 
1 I I I I I 
2 I I I I I 
3 IaIl I IsIl I I 
4 II II II II II 
5 II II II II II 
interstage flow 0.35 
99.5% 
I 
II 
I 
I 
II 
I 
II 
I 
II 
II 
II 
II 
II 
II . 
II 
I 
I 
I 
II 
II 
x Rmin 
I 
.... 
CX> 
\.n 
I 
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Table (3.8) shows that the feasibility of energy integration 
is considered in twenty cases of all the feed types given 
and these are: 
a. Eighteen cases where configuration (I) is best 
when energy integration without interstage flow is 
considered. 
b. Fifteen cases where configuration (I) is best for 
each interstage flow of(0.25 x Rmin and 0.35 x Rmin) 
with energy integration; .. 
• 
, 3.4 Discussion of the results 
The effect on reboiler load has been considered for 
the following cases, ( feed compositions, degree of recoveries, 
feed volatilities and changing the interstage flow). Thus 
considering the results for four component mixtures (5 feed 
mixtures x 4 feed systems x 2 configurations and 2 degrees 
of recovery .. ), energy integration is feasible in 30% of the 
cases for 99.5% recovery and 30% of the cases for 95% recovery, 
when energy integration is considered without intermediate 
heaters and coolers. Freshwater and Ziogou (1976) considered 
the same feed systems with (5 feed mixtures x 4 feed systems 
x 3 configuration sand 2 ·degrees of recovexy ), and it was 
found that the energy integration is feasible in 35% of the 
cases for 99% recovery and 39% of the cases for 90% recovery, 
wher~ 5% of the cases for 99. % recovery and 6% of the cases 
for 90% recovery was considered for configuration (IV). 
In this thesis only the best two configurationsI and 11 
have been considered. 
-187- 'I} . 
Considering an intermediate heaters and coolers at 
interstage flow of (0.25 x Rmin) and (0.35 x Rmin), the 
feasibility of energy integration is increased. 
Thus it is seen that out of 160 possible combinations 
(5 feed mixtures x 4 feed systems x 2 configurations" x 2 
degrees of recovery and 2 interstage flow of (0.25 x Rmin) 
and (0.35 x' Rmin», energy integ~ation is feasible in almost 
, 
all the cases; (78% of the cases for 99.5% recovery and 
78% of the cases for 95% recovery for the interstage flow). 
Tpe effect of changing the feed composition on the 
total .reboiler load shows that, configuration (I) is nearly 
optimal in all the cases with respect to the total reboiler 
heat load when no, energy integration is considered. This 
agreed with the work done by Freshwater and Henry (1974). 
When energy integration is considered without interstage 
flow it was found that there are only ten cases where 
configuration 11 is o~timal than configuration I for 99.5% 
recovery and only ten favour cases for 95% recovery. 
Feed with high proportion of less volatile component 
(types 4 and 5) are more likely to require configurations 
other than configuration I for minimum energy requirements. 
This ,agreed with the previous work of Freshwater and Ziogou 
(1976) as considered before. , 
Configuration (11) is the one where energy re-use is 
feasible for all mixtures and feed types studied. Freshwater 
and Ziogou (1976) studied all the other configurations and 
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it was found that configuration (IV) has a very limited 
number of energy re-use cases and only one of. these gives 
an optimal result. 
When energy integration with interstage flow of 
0.25 x Rmin and 0.35 x Rmin is considered the feasibility 
of energy integration is greatly increased. Thus, the 
feasibility of energy integration in configuration (1) is 
increased for all most all the ·,cases. Thus, there is only 
one favourable configuration other than configuration (I) 
for 99.5% recovery for each of the two cases of the inter-
stage flow of 0.25 x Rmin and 0.35 x Rmin and only one 
favourable configuration other than configuration (1), for 
95% recovery for each of the two cases of the interstage 
flow of (0.25 x Rmin and 0.35 x Rmin). So, the feasibility 
of energy integration is increased for feeds of high proportion 
of less volatile components of feed types 4 and 5. 
The results show that the cases where energy re-use 
is feasible in configuration (1), yields to a lower total 
reboiler haat load when energy integration without and 
with interstage flow is considered. This is due to the 
fact that configuration (1) nearly always gives the lowest 
reboiler heat load without energy re-use as considered before, 
Using interstage heat flow increases the feasibility 
of energy integration but does not reduce the total reboiler 
heat load required for each column. 
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It has been shown that the higher the degree of 
recovery the higher the total reboiler heat load in all 
cases. 
The effect of changing the feed volatility on total 
reboiler load without energy integration and with energy integration 
is considered, and it.was found that configuration (I) is 
optimal in all most all the cases when no energy integration 
is considered. This is agreed with the work done by 
Freshwater and Henry (1977). 
, 
When energy integration is considered without inter-
stage flow it was found that the chapges in the feed volatility 
between systems a, b, c, and d produces a changes in the 
optimal configurations I and 11 as given in table (3.8). 
With interstage flow of 0.25 x Rmin and 0.35 x Rmin the effect 
of changing the feed volatility on systems a, b, c, and d 
are given in table 3.8 and similar effect is produced. 
For four component mixtures it was found that configuration 
(I) is almost optimal with respect to total reboiler load 
heat when no energy integration is considered. 
When heat interchange is' considered between reboilers 
and condensers only it was found thati~early more than half 
the cases configuration (I) is the best. And when intermediate 
coolers and heaters are considered, it was found 
that~alf the cases configuration (I) is the best. 
Energy saving in total reboiler heat load is calculated. The 
results show that, when energy integration is considered 
without intermediate heat load the szvingsin total reboiler 
heat load for configuration (I) rangipg from 7% to 37% for 
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99.5% recovery, this increased to (8% to 43%) when 
interstage coolers and heaters at minimum reflux ratio 
is considered (0.25 x Rmin intermediate and 1.0"x Rmin base) 
which gives about 7% sa··ing from the savingsin tot"al' reboiler 
heat load without inturstage flow. When the reflux ratio 
is reduced at the top and the bottom of the column to 
(0.9 x Rmin) the savingsin total reboiler heat load for 
configuration (I), ranging fro~. (8% to 45%), which gives 
, 
about 9% saving from the savings in total reboiler heat 
load without interstage flow. 
For 95% recovery the saving; in total reboiler heat 
load without intermediate heaters and coolers ranging from 
(8% to 34%), when intermediate heaters and coolers 1S considered 
at minimum reflux ratio of (1.0 x Rmin at the base and 0.25 
x Rmin at the intermediate section), the percentage savings 
is increased to (9% - 42%) which gives about 3% saving from 
the savings in total reboiler heat load without interstage 
flow, reducing the reflux ratio at the top and the bottom 
of the column to (0.9 x Rmin) the energy savings ranging from 
9% to 43% which gives about 5% saving from the savingsin total 
reboiler load without interstage flow. 
3.5 Application of pseudo-components 
From the previous studies it was found that it is not 
possible to develop a suitable mathematical model for use 
in the prediction of optimal configuration. The previous 
model for the prediction of the optimal sequence for three 
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components separation by Rod and Marek (1969), related 
the differences in the sum of the overhead vapour flow 
from each column in a particular configuration to the 
compositions and'relative volatili ties of the feed :componenta. 
The vapour flow Ras assumed to be directly proportional 
to the cost of the separation. 
The limitation of. this mo4,el are: 
1. 'It only considers pure product. 
2. Relative volatilites are only determined at feed' 
conditions. 
3. It uses the Robinson and Gilliland method for 
determining Rmin. 
4. It assumes that the cost is directly proportional 
to the overhead flowrate. 
Nishimura et al (1971) derive~ an objective function in 
terms of tower volume, reboiler heat load, minimum number 
of equilibrium stages and product specification. However, 
their model is sem~empirical in that it is combined with a 
heuristic that if any component is in excess then the 
configuration which secures its easy removal from the 
feed should be favoured. 
,Freshwater and Henry (1977), showed that for the types 
of systems considered, it is the reboiler heat load which is 
directly proportional to the costs of separation. The aim 
was to derive a relationship between a dependent variable 
directly related to the annual operating cost and independent 
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variables which would specify the given separation. 
From a large number of cases examined by Freshwater and 
Henry (1977), it appeared that for the systems considered. 
the reboiler heat load is a direct indication of the total 
annual operating cost of a distillation unit. The process 
conditions of feed compositions,relative volatilities and 
recovery specificatiollSwere varied and other conditions such 
as operating pressure, and reflux ratio were considered 
constant. 
'. 
In this thesis the results from the previous work and 
the results in chapter 4 show that there is a direct relation 
between the reboiler load and the total annual operating cost 
for different feed compositions, relative volatilites and 
recovery specifications over a much wider range than heretofore 
considered. An expression has been developed by Henry (1977) 
for the three component mixtures. However, the expression 
includes the Underwood's parameters ~, and for the solution of 
the expression four values of the parameters are required, one 
for each column in the two configurations. 
In this thesis a mathematical model is developed for 
four component mixtures. A similar expression is derived 
relating the process variables to an objective function. In 
this case the objective function is the percentage difference 
between any two of the five configurations. Six values of 
the D,nderwooasparameters are required one for each column in 
the configuration. Therefore.the equation cannot be solved 
analytically. 
',," 
.. 
-193-
3.5 Derivation of the mathetmatic model 
The limitation of the mathematical model for four 
components are essentially the same as where given by 
Henry (1977) for the three components model. 
1. It is necessary to assume that non-key components 
do not distribute. 
2. The relative volatilites are calculated at the bubble 
, 
point temperature of the feed to the first column. 
3. The cost of distillation can be taken as directly 
proportional to the overhead product condenser heat 
load. 
The mathematical model proposed develops a relationship 
between the overhead vapour rate and the following variables. 
1. Feed composition 
2. Feed component relative volatilities 
3. Specified degree of recovery of each component 
The model is developed for the comparison of the five 
configurations possible for the separation of four component 
feedstocks into four compd"nents'When the objective function 
is developed in terms of the difference between the sum 
of the overhead vapour flowrates of each configuration and 
can be developed only between any two of the possible 
configura.tions • 
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'n ., 
llV . 
-W = (VI + V2 .. V3)D - (VI + V2 + V3)i + .~ ••••••• 
'IlV F = 1.25 XAF (Ci - dl + .d2 - d3+ RF A (CI-Ci-di -+0.25» + 
XBF(C2+CZ - d1 - 0.25 + RFA(0.5 + Ci - C3-Ci + di + d1) + 
RF~·5 (0.75 - C2-~2-di» .. 'XCp(l-d3 +RFC<.C3 - dZ) +''RF~.5 
(d3-1» + XpF (l-RFD) (C4 - d) 
Where, 
Cl = tAB ) IlAB-~l ID C2 =(~~~lD 
Ct 
=(11 AC ~ Ct (11 j \ Ct 
= (-;=dD 
= BC . 1 ~AC-~2 2D 2 IlBC-~2 2D 3 
C" 
= (IlBD ~ e" = tCD ~ C4 r _1 1 2 IlBD-4>3 3D 3 IlCD-~3 3D 1 ~3 3D 
d = (IlAC ~ 
1 IlAC-~4 li ' d =( IlBC 0 2 IlBe-~ 4 li d3=(~ 1 -~4 li 
d
t 
(IlAB ~ d t e ~ 1 '" IlAB-~5 2i 2= --C~5 2i 
d1 =CBD ) d" rCD \ d" f 1 ) 2 3= IlBD-~6 3i = IlCD -q, 6 3i (1 - ~6 3i 
"-The model includes only the variables given previously. 
The expression includes six values of the UnderwoodSparameters 
~ onefo! each column in the configuration. The derivation of 
the model is given in appendix (A3). 
. . 
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The compiexity of the derived expression, together 
with the requirement of the value of the Underwoodsparameters 
makes the model of little practical use. 
To check the model derived, data is taken from the 
design part of this study and hence the values of ~ were 
available which enable the equations to be involved for 
these particular cases, numerical values with those calculated 
in the design appr9fch. When t~is is done the equations give 
, 
values of ~V which agree quite well. However it is not possible, 
F 
as has already been discussed to generalise from this work. 
Since it is difficult to solve the mathematical model 
, . 
because of the six UnderwoodSparameters, the study of four 
component mixtures was extended "to extend the conditions 
under which the various heuristics are applied. To do this 
a graphical representation is a useful way in which the 
conflicting influences could be illustrated. So, the concept 
of pseudo-components is invoked. A 'pseudo-component' is 
defined as one having predetermined values of the properties 
required for the design analysis, e.g. equilibrium vapourization 
coefficients or K-values. 
Thus any given value of relative volatility 'between two pairs 
of components in the four component mixtures can be assigned. 
In this work the following predetermined values of 1.2, 1.5 
• 
and 2.0 were used. 
." , . 
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The K-value for each pseudo-component is generated 
b~ the relative volatility given. The set of alkane" usod'nTe 
Propane 
Iso-Butane 
N-Butane 
Iso-Pentane 
N-Pentane 
\ 
, 
N-Hexane 
N-Heptane 
The selectton of these compounds have been given previously 
by Henry (1977) and were used in this study. 
The properties required for the design analysis, are 
the K-values and the liquid and vapour entha1pies. The 
values of these properties were set by the values of the 
relative volatili ties required between each pair of the 
components in the feed. The values of the properties are 
given as a function of temperature. 
The K-va1ues for the pseudo-components are derived 
from the relative volatility specified as: 
Component D is N-Heptane, the least volatile of the reference 
components in the case of the four component feedstoc~" 
The modification of Henry's procedure for the calculation 
of the K-values of pseudo-componen~ is used for four component 
mixtures, where if the pseudo-component is C, the relative 
volatility of component C is 1.2 then the K-value of this 
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component is i.2 x the K-va1ue, of the least volatile 
component D at a given reference temperature. 
The reference temperature is the bubble point temperature 
for a given feed composition. 
The bubble point expression is 
I:K.X. = 1.0 
1. 1. 
and in terms of relative vo1atilities of components,'A,B,C, 
and D is 
, 
where 
+ ~ = 1.0 
aA = KA/~' aB = ~/KC' aC = KCIKn 
~ = a +bT + CT2+di3 
The K-va1ues and the vapour and liquid entha1pies 
coefficients were generated from the modified sp1ids 
programme. 
3.7 Calculation procedure 
The feed composi tions used for the range of component 
relative volatiliuesof 1.2, 1.5 and 2.0 are given in table 
(3.9) 
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Table 3.9 Feed compositions used. 
Feed No. Feed Composition 
A B C D 
1 0.25 0.25 0.25 0.25 
2 0.7 0.1 0.1 0.1 
3 0.1 0.7 . 0.1 0.1 
4 , 0.1 0.1 0.7 0.1 
5 0.1 0.1 0.1 0.7 
6 0.6 0.2 0.1 0.1 
7 0.2 0.6 0.1 0.1 
8 0.1 0.2 0.6 0.1 
9 0.1 0.1 0.2 0.6 
10 0.311 0.044 0.044 0.6 
11 0.13 0.04 0.03 0.8 
12 0.044 0.044 0.311 0.6 
-
13 0.233 0.033 0.033 0.7 
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The relative volatility of 'A' to 'B' is held constant 
while the relative vo1atilit:ies.of=B'tto'C' .:and 'c' to 'D' 
is changed, then the relative volatility of 'A' to 'B' is 
increased to the next value and stays constant the relative 
vo1ati1ities of 'B' to 'c' and 'c' to 'D' is changed and the 
same to 'B' to 'c' and 'c' to 'D'. This procedure gives 
3x3x3 = 27 feed stocks, 13 feedstocks were used and.the 
values are given in table (3.9). The K-va1ues, the liquid 
and vapour entha1pies generated .. from the modified splids 
programme is used as an input data for Flow Dist.programme 
to design each column in the configuration and to calculate 
the reboi1er and condenser load for each column. 
3.8 Presentation of the results 
The results obtained for four component mixtures are 
presented as follows. For each feed composition the 
percentage difference in total reb~i1er load for configurations 
I and 11 are plotted against the relative volatility in a 
triangular co-ordinate, the relative vo1atilities used are 
1.2, 1.5 and 2.0. In order to plot them on a triangular 
diagram the relative volatility have to be normalized. 
Figures 3.10, 3.11, and 3.12 show an example of plotting 
the contour line of percentage difference in reboi1er load 
of configurations I and 11 for the relative vo1atilitillSof B 
to A, C to A, and D to A. The contours of percentage 
reboi1er differences between configurations I and 11 are plotted as -; 
-4% ,-8%. ,and-13% where the -Ve (values of configuration I is 
optimal). In figures (3.13), the results for 13 feed stocks 
compositions have been plotted" for four component mixtures 
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~ .. 
an isometric graph is needed to plot the data, so figure 
(3.13) shows the plot of the feed composition of componen~ 
A, B, C and D. The plane shows the area where configuration 
I is optimal, outside this plane the optimality is in 
any other configuration 
\ 
.8 
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Plotting Normalized Relative 
Vo~atilies of equimolal feed 
B/A 'composition (0.25,0.25,0.25,0.25) 
.1 
Relative 
volatilit.y 
Relative 
volatility D to A 
B to A 
-8% -4% 
'-2% 
.4 
C/~ __ ~ __ ~ ____ L-~~ __ ~ ____ L-__ -L __ ~ ____ ~ __ ~/A 
.9 ,8 .7·.6 .5 .4 .3 .2 .1 
Relative volatility - C to A 
Figure 3.10": Contours of percentage reboiler difference' 
between configurations I and 11 for four component mixture~ 
(-Ve value' denotes configuration I is optimal) 
.1 
• B to A 
.7 
.5 
.9 
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Feed ~omposition of 0.7, .1, .1, • 
B/A 
D to A 
-30% -20% 
C/A~ __ ~ ____ ~ ____ ~ ____ ~ ____ L-__ ~L-__ ~ ____ ~ ____ ~ ____ ~D/A 
.9 .8 .7 .6 .5 .4 .3 .2 .1 
Relative volatility of - C to A 
Figure 3.11 'Contours of percentage reboi1er difference 
between .configurations I and·II for four component mixutres 
(-Ve values denotes config~ration I is optimal). 
.2 
CIA 
.9 
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'n , ' 
Feed composition of .1, '.7,.1, 
B/A 
.1 
-, 
.7 
-13% 
-9% 
, -7% D to A 
D/A 
.8 .7 .6 .5 .4 .3 .2 .1 
Relative volatility C to A 
Figure 3.12 Contours of percentage reboiler difference 
-between configuration I and II for four component mixtures 
(-Ve value denotes configuration I is optimal) 
OJ 
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I-feed type 1 
/ \\ / 
I -oJ 
~. .... .... I '" "'-..... w 
I~' 2'-" "-
I 
Figure· 3.13 - Regions in which each configuration is optimal 
'h , , 
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The plots provide a graphical method to select the 
optimal configuration for the feed used and process 
conditions specified.' Figure (3.13) shows, the 
feed compositionS for .which ~otlfiguration (I)' is optimal. 
The graphs show that, for equimolal feedstock the 
direct configuration (I) is always optimal., For a feed 
containing more mole fraction of the lightest component, 
and the early removal of the li~htest component 
, 
configuration (I) is always optimal. 
Figure (3.13) , concludes that the points in the plane 
is optimal in configuration I while the area outside is 
optimal in other configuration. 
Figure (3.14) shm'ls that for equal relative volatilides 
between the three pairs (A/B, B/C, and C/D) , there is an 
increase in the region in which the direct configuration 
(configuration (I» is optimal for the equimolal feedstock 
mixture considered. 
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Equimolal 
1.2 1.4 1.6 1.8 
/ 
// 
.... , . 
Feed composition 
2.0 2.2 
Relative volatility 
Figure 3.14 Variation of relative volatility with 
reboiler load (equal relative volatilities of A/B, B/C, CID) 
'~. 
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3.9 Effect of changing the product purity 
The product purity used is 99.5%, changing the recovery 
to 95%, the tota~ reboiler load is reduced for each configurationJ 
~hi1e the percentage difference in total reboiler load between 
configurations I and 11 stays constant. Thus the contour 
lines in figures 3.10, 3.11, and 3.12 are identical and are 
based on 99.5% degree of recove~. 
Chapter four 
Effect of energy matching on costs 
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Effect of energy matching on costs 
4.1 Introduction 
In the previous chapters the design of conventional 
distillation columns with respect to energy integration with 
and without intermediate heat exchangers and the effect of 
energy matching on total reboiler load are considered. 
\ 
In this chapter the effect of energy matching on steam 
cost,and operating cost will be discussed. 
4.2 Effect of energy matching on cost of steam 
The energy matching with and without intermediate heat 
exchangers was considered with respect to total reboiler load. 
The total savings were calculated as percentage savings in 
total reboiler load and the results are given in chapter 3, 
with respect to total reboiler load in each configuration for 
different. feed compositions, top and bottom recoveries and 
relative volatilities. The cost of steam was calculated for 
each column in the configuration with and without intermediate 
load as shown in table (4.1), for Iso-Butane, N-Butane, N-Pentane 
and Hexane mixture. Savings in cost of steam for the two 
conf1gurations and two recoveries are given in Table (4.2). 
Table 4.1 Cost of steam without energy integration and with energy integration with and without intermediate 
heat exchanger, for Iso-Butane, N-Butane, N-Pentane and Hexane, (cost of steam in pound sterlingH977. 
Recovery Feed No. ConLNo. Cost of steam without 
energy integration 
99.5% 1 I 124,433 
II 
o· 
123,030 
2 I 128,632 
II 153,135 
3 I 147,354 
II 147,928 
4 I 119,192 
II 110,934 
5 I 90,715 
II 85,193 
95. % 1 I , 112,230 
II 107,892 
2 I 117,113 
II 133,655 
3 I 128,927 
II 129,094 
4 I 100,519 
II 99,723 
5 I 86,399 
II 78,693 
Cost of steam with 
energy integration 
without intermediate 
heat exchanger 
98,990 
97,658 
118,453 
142,975 
136,864 
137,928 
119,192 
86,872 
90,715 
61,218 
89,728 
85,719 
108,050 
124,514 
118,161 
119,167 
100,519 
78,736 
86,399 
57,419 
Cost of steam with 
energy integration 
with intermediate 
heat exchanger 
95,555 
92,757 
117,744 
136,799 
129,474 
147,928 
112,326 
80,350 
85,972 
57,397 
88,422 . 
82,179 
106,625 
120,796 
114,012 
113,323 
94,935 
75,857 
83,149 
52,960 
I 
N 
o 
\0 
I 
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Table 4.2 Percentage savin~ in total steam cost for 1so-
'~. 
Butane, N-Butane. N-Pentane and Hexane 
. 
Recovery Feed Con Saving in total cost Saving in total cost of 
No. No. of steam without steam with intermediate 
intermediate heat heat exchanger. 
exchanger 
99.5% 1 I 20.4% 23.2% 
II 20.6% 24.67-
2 I 7.9% 7.5% 
II 6.6% 10.7% 
3 I 7.11% 6.7% 
II 6.8% 11.7% 
4 I 
, 
11.0% -
'. 
II 21.69% 27.6% 
5 I 
-
6.0% 
II 28. % 32.67-
95. % 1 I 20. % 21. 27-
II 20.7% 23.5% 
2 I 7.7% 8.9% 
II 7.9% 8.3% 
3 I 8.3% 11.6% 
II 7.11% 12% 
4 I - 5.6% 
II - 5.8% 
5 I - 3.8% 
II 
-
5.2% 
Table (4.2) shows, that there is a direct relationship between 
rhe savin~in total cost of steam and the total reboiler load 
for the two configurations. 
4.3 Effect of energy matching on the annual operating cost 
Using an intermediate heat exchange will affect the design 
of the distillation column. Thus, at the intermediate section 
the vapour and liquid flow is increased compared with the vapour 
and the liquid flow at the top and bottom of the column as 
considered before. 
, . 
v. 
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Thus, if the column is operated at an actual reflux ratio 
equal to 1.0 X minimum reflux ratio, then the vapour and 
the liquid rate is equal to V . ,L. (minimum vapour and 
nun ml.n 
liquid rate), at the top and the bottom of the column, 
respectively, \,'hile the vapour and the liquid rate at the 
intermediate section is equal to the actual vapour and liquid 
rate when the column is operated at the actual reflux of 1.25 
x R •• 
nun 
There is a potential opportunity to reduce the column 
diameter above the intermediate cooler and below the intermediate 
heater, because of the reduced vapour and liquid rate in these 
sections, where the 'diameter of the column is based on the 
vapour flow at the top of the column. Thus the diameter at 
the top and the bottom section of the column is reduced. The 
total height of the column is increased,by using an intermediate 
heat flow as shown in table (4.3). 
v, 
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Table 4.3 Diameter for each column in the configuration is 
based on the vapour flow at the top of the column with and 
. 
without intermediate heat flow for mixture of Iso-Butane, 
N-Butane,N-Pentane and Hexane (in meter), 
Recovery Feed Conf.Co1. Diameter without Diameter with intermediate 
Type No. No. intermediate heat heat flow in (meter) at the 
flow in (meter) tOE and bot tom. 
0.25 x R . 0.35 x R . 
m1n m1n 
99.5% 1 I 1 1. 759 1.593 1.520 
2 1.039 0.972 0.942 
3 1.118 1.042 1.009 
II 1 1.229 1.170 1.148 
2 1.606 1.459 1.371 
3 1.119 1.042 1.012 
2 I 1 2.166 1.985 1.907 
2 0.622 0.581 0.565 
3 0.687 0.639 0.620 
II 1 1.282 1.240 1.222 
2 2.097 1.923 1.850 
3 0.687 0.637 0.619 
3 I 1 2.039 1.832 1. 740 
2 1.322 1.262 1.237 
3 0.710 0.661 0.643 
II 1 1. 388 1.329 1.304 
2 1.963 1. 762 1.676 
3 0.687 0.640 0.619 
4 I 1 1.235 1.109 1.064 
2 1.015 0.923 0.881 
3 1.505 1.426 1.378 
• 
'}I 1 1.179 1.079 1.036 
2 1.021 0.929 0.890 
3 1.505 1.426 1.393 
5 I 1 1.228 1. 228 1.228 
2 0.808 0.743 0.713 
3 1.240 1.124 1.076 
II 1 0.887 0.835 0.810 
2 1.015 0.923 0.880 
3 1.242 1.124 1.073 
95 % 1 I 1 1.677 1.523 1.456 
2 0.905 0.850 0.827 
3 0.985 0.929 0.905 
II 1 1.110 1.061 1.041 
2 1.452 1.321 1.265 
3 0.985 0.927 0.903 
2 I 1 2.058 1.888 1.817 
2 0.608 0.575 0.562 
3 0.623 0.587 0.726 
II 1 1.235 _ . 1.199 1.185 
2 1.907 1.751 1.685 
3 0.619 0.584 0.569 
.. 
", 
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Table 4.3 continued. 
3 I 1 1.900 1. 709 1.627 
2 1.188 1.139 1.119 
3 0.654 0.627 0.616 
II 1 1.313 1.263 1.272 
2 1. 761 1.585 1.509 
3 0.684 0.603 0.590 
4 I 1 1.179 1.067 1.018 
2 3.147 0.879 0.744 
3 1.351 1.289 1.264 
II 1 1.141 1.051 1.013 
2 0.879 0.855 0.818 
3 1. 352 1.290 1. 265 
5 I 1 1.180 
2 0.836 0.712 0.687 
3 1.139 1.044 1.003 
II 1 2.629 0.756 0.737 
2 0.921 0.839 0.805 
3 1.144 1.049 1.009 
Using an intermediate coolers and heaterS have a significant· 
effect on the design of the distillation column itself. The 
number of distillation stages required to achieve a particular 
separation is deteroined from the pinch points where heat is 
added and removed below and above the hed plate. The coltDllIl 
. diameter is set by the magnitude of the vapour flow. 
Using intermediate heaters and coolers will increase 
the number of stages required for the separation, this will 
increase the height of the column. The diameter will change by 
changing the vapour flow at the top of the column. So, the 
equipments cost is increased and it depends on the cost of 
column, cost of reboilers and condensers and cost of heat 
exchangers when energy integration is applied between streams 
exchanging heat. 
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Thus , 
l)Cbst of column is calculated by ~a1cu1ating the cost 
of column at the intermediate section and cost of column 
above and below the intermediate section as: 
cost of column ~ cost of column at the intermediate section 
+ cost of column above and below the 
intermediate section. 
Z ),Cbst of reboilers and condensers changed by cqanging 
the amount of heat supplied and removed from the reboi1ers and 
the condensers, respectively. 
3)Cost of heat exchanger s, considered when energy 
integration is applied between streams exchanging heat with and 
without intermediate heaters and coolers. So heat exchangers 
are applied between condensers and, reboi1ers_. aild between heaters 
and coolers. 
Thus, 
Total equipment cost ~ cost of column + cost of reboi1ers 
+ cost of conden~ers (when no energy 
integration is considered) 
Total equipment cost ~ cost of column (at the intermediate 
section + the cost above and below the 
intermediate section)+ cost of reboi1ers 
(or'heaters ):":.cost'of condensers (or coolers) 
+ cost of heat exchangers applied between 
streamrexchanging heat 
.. :;, 
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So, the equipments cost is increased. 
The annual operating cost is calcuiated' by 
co = 4(cost of equiprrents) + cost of utilities (see appendixA2-3) 
10 
When, energy integration is considered between streams'lith and 
without intermediate heaters and coolers, the cost of utilities 
is reduced due to the matching between streams, as shown in 
table (4.4) 
The annual operating cost has been calculated, and the results 
are given in table (4.4) 
, . 
v, 
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Table 4.4 Total annual operating cost with and without 
intermediate heat exchangers for Iso-Butane, N-Butane, N-Pentane 
and Hexane 
Recovery 
99.5% 
95.0% 
Feed Conf.Operating cost Operating cost 
type No. without energy with energy 
integration integration with 
out intermediate 
load 
1 
2 
3 
4 
5 
1 
2 
3 
4 
5 
I 
II 
I 
II 
I 
II 
I 
II 
I 
II 
I 
II 
I 
II 
I 
II 
I 
II 
I 
II 
272,495 
268,287 
284,680 
337,623 
325,715 
326,264 
256,310 
242,011 
196,737 
179,853 
238,368 
229,299 
251,647 
287,767 
279,697 
277,315 
214,126 
210,092 
178,893 
161,203 
220,745 
214,753 
264,936 
316,784 
304,372 
304,552 
256,310 
190,972 
196,737 
128,832 
192,289 
182,728 
234,548 
268,127 
258,758 
258,472 
214,126 
166,674 
178,893 
115,162 
• 
Operating cost with 
intermediate 'load 
0~25xR '.' 0.35xR . 
ml.n lUl.fl 
194,184 
210,449 
259,809 
307,539 
279,196 
293,595 
232,022 
178,457 
190,228 
122,838 
188,043 
179,371 
235,136 
263,079 
232,119 
248,217 
194,520 
158,254 
173,168 
109,495 
189,819 
199,509 
257,778 
301,879 
241,876 
286,563 
221,434 
178,867 
189,945 
116,055 
180,760 
170,113 
234,331 
254,123 
224,827 
231,486 
190,778 
151,936 
172,669 
101,655 
The same cost calculations were considered for the other 
mixtures :-
ISO-'Butene, Iso- Pentene. n-Pentane, and Hexane. 
Iso-Butane, Iso-~entane, Hexane, and Heptane 
and Iso-Butane, n-Butane, Iso-Pentane, n-pentane 
The percentage saving s, with' re,specttc the opera'ting COli t 
for each mixture are given in tables (4.5, 4.6, 4.7 and 4.8). 
l' 
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Table 4.5 Percentage savin~ in total annual operating cost 
of Iso-Butane, N_Butane, N-Pentane and Hexane 
Recovery Feed Conf. Saving without Saving with intermediate heat 
type No. intermediate heat exchanger 
exchanger 0.25 x R . 0.35 x R . 
m~n mn 
99.5% 1 I 19% 29% 30% 
II 20% 22% 25.6% 
2 I 6.9% 8.7% 9.5% 
II 6.2% n 10.6% 
3 I 6.6% 14% 25% 
II 6.7% 10% 12.16% 
4 I 9% 13.7% 
II 21% 26% 26% 
5 I 3.3% 3.5% 
II 28% 32% 35.4% 
95% 1 I 19.3% 21% 24% 
II 20% 23% 26% 
2 I 6.8% 6.7% 7.0% 
II 6.8% 8.7% 12% 
3 I 7.5% 17% 20% 
II 6.8% 10.5% 16% 
4 I 9.0% 11.0% 
II 20.8% 2~.8% 28.0% 
5 :to 3.2% 3.5% 
II 27.9% 32.0% 37.0% 
:~ 
," 
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Tab le 4.6 Per,centage saving s in total' 'annual, opera'ti,ng cos t of 
1so-.Butene, 1so- Pentene. n-Pentane, and Hexane 
Recovery Feed Conf. Saving without Saving with intermediate heat 
type No. intermediate heat exchanger 
exchanger 0.25 x R • 0.35 x R . 
m~n m~n 
99.5% 1 I 2.2% 3.7% 
II 12% 14% ,15% 
2 I 1. 7% 2.6% 
II 9% 18% 27% 
3 I 0.8% 1.0 
II 5% 6% 7% 
4 1 
II 4% 3% 2% 
5 1 3.07% 5.2% 
II 6% 10% 12% 
95% 1 1 2.1% 3.2% 
II 10.8% 11% 13% 
2 I 0.05% 1.2% 
II 9.5% 14% 22.0% 
3 1 2% 3% 
II 5.5% 6% 7.0% 
4 1 if 
11 3.1% 2% 2.2% 
5 I 4% 5.2% 
II 5.3% 10% 15% 
-, 
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Table .4.7 Percentage savings in total annual opera~ing cost 
of Iso-Butane. Iso-Pentane, Hexane and Heptane 
Recovery Feed Conf. Saving without Saving with intermediate heat 
type No. intermediate heat exchanger 
exchanger 0.25 x R . 0.35 x R . IIlln m1n 
99.5 1 I 31. 3% 35% 37% 
II 19.5% 25.6% 27.6% 
2 I 18.8 19% 20.3% 
II 16% 20% 21% 
3 I 
II 17% 20% 22% 
4 I 12.2% 14% 15% 
II 6% 6.5 7.3% 
5 I 2% 3% 
II 8% 14% 16% 
95% 1 I 32. 7% 35.2% 38.7% 
II 19% 24% 27% 
2 I 17.3% 20.6% 22.4% 
II 16% 20% 25% 
3 I .17.8% 17.8% 17.9% 
II 17.6% 18% 20.6% 
4 I 14.5% 18% 14.3% 
.II 6.3% 'I0.6% 7% 
5 I 2.6% 4.2% 
II 7.6% 13% 16.6% 
l' 
.. 
> 
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Table 4.8 Pez;centage saving s in tota-l annual operating cost 
of Iso-Butane, n-Butane, Iso-Pentane, and n-pentane 
Recovery Feed Conf. Saving without Saving with intermediate 
type No. in te rme dia te hea t heat exchanger 
exchanger 0.25 x R . 
m~n 
0.35 x R i mn 
99.5% 1 I 35% 37% 42% 
II 32% 37% 39% 
2 I 19% 20% 20% 
II 16% 22% 22.9% 
3 I 18% 20% 20% 
II 18% 18.9% 21. 8% 
4 I 5.7% 9% 
II 9.8% 11.5% 15% 
5 I 7% 8% 
II 11.6 13.5% 17% 
95% 1 I 36.9 37 % 40 % 
II 30% 33% 35% 
2 I 20 19 % lc:f. 
II 18% 18.9% 18.9% 
3 '.1 
if 
II 18% 19% 19.8% 
4 I 2.5 6% 
II 11% 17% 19% 
5 I 4.0% 7% 
II 11.5% 13% 18% 
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Tables (4.5, 4.6, 4.7 and 4.8) give, the results for , 
the four mixtures of five different compositions, two 
degrees of recovery and two configurations (1, II) • 
The results 'Show that the reboiler load is directly 
related to the annual operating cost, and the percentage 
savings in total reboiler is directly related to the percentage 
savings in total annual! operating cost, by comparing the results 
in this chapter with these of the previous chapterS, for the 
above four mixtures. 
-. 
Chapter Five 
Results and design analysis with respect to 
energy integration for non-ideal systems 
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Chapter five 
Results and design analysis with respect to 
energy integration for non-ideal systems 
5.1 Introduction 
All the calculations for determining-the optimal design 
with respect to energy matching have so far been based on 
ideal sys tems. 
In this chapter the effect of non-ideality will be 
considered. 
Non-ideal systems often occur and are important because 
they include industrially significant mixtures like Ethanol/Water, 
Acetone/Water and similar polar systems. 
The behaviour of non-ideal systems can be explained 
quantitatively by reference to the intermolecular forces at the 
surface of the liquid.When the liquid is in equilibrium with the 
vapour there ... is a continual exchange of molecules between them; 
during any period i c~rtain number of molecules evaporate from 
the surface of the liquid and an equal number of vapour molecules 
are condensed by collision with the surface. 
Non-ideal solutionS are usually formed by components whose 
native environments are not the same, ie. components which are 
not from the same molecular species, e.g. Ethyl alcohol and 
Water, Chloroform and Acetone • 
.. 
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Deviatio~ from ideality may occur in the liquid or in 
the vapour or in both. Such changes are usually more prominent 
in liquids because molecules are much closer together in liquid 
than in vapour. Vapour from non~ideal solutions usually behave 
approximately as perfect gases at low pressure. It is therefore 
often convenient to lump all the deviations together and consider 
them as occurring in the liquid phase. 
In this chapter the calculation and the design analysis of non-ideal 
systems is considered. Two examples are used for this 
calculation. 
1. Acetone/Cumene/and phenol; the data for this 
system are taken from B.~. Chemicals Ltd. 
2. Ethanol/and water mixture 
Heat economy using energy matching is applied to these 
non-ideal systems. 
5.2 General problem of the thermodynamic calculations 
of non-ideal systeID5 
The thermodynamics of ideal systems were considered 
previously in chapter one, where the minimum work of ideal 
sys.te!llS per mole of feed is the sum of the compressor work 
requirements. 
. ...... 
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For binary systems 
w. = 
nun In :~ ] ................. (5.1) 
Where, PI' P2 = represents the vapour pressures of 
components 1 and 2, respectively. If Raoult's law is 
obeyed, PI and P2 maybe replaced by Yl rr and Y2 IT, 
respectively. So, 
W. = RT (Xl In YlIT 
m1n 
PI 
+ X2 In y 2T1') ••••••••••••••••••• (5.2) P2 
For, non-ideality, the activity coefficients must be 
included so,that. 
PI = ylXl PI 
and P2 = y2X2P2 
So, equation (S.l) becomes 
" If, there is a positive deviation from ideality, 
Yl and Y2 will be greater than unity, and the minimum 
isothermal work requirement for the separation will be 
less than that for an ideal mixture. Similarly, a 
system with negative deviations from ideality requires 
a greater Wmin than an ideal systemS. Negative systems 
involve preferential interactions between dissimilar 
molecules and are therefore more difficult to separate. 
-... 
,_0'_. 
. ,. 
~. 
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If Yl = l/Xl and Y2 = l/X2, the system is 
totally immiscible and the work of separation is 
zero, otherwise the isothermal work of separation 
must be positive. W • , is independent of the rela ti ve 
lDl.n 
volatility of the component being separated. 
In case the mixture is not completely separated, 
the minimum work required per mole is calculated by. 
Wmin = -RTl [Xl In (YlXl ) + Xlln (y2X2) -O(XlO In Yl'OXlD 
+ X20 In (Y20X20) - W(~wln(YlwXlw)+x2wln(Y2wx2w»1 ••••••• (5.4) 
An example given by Robinson and Gilliland (1950) 
considered the minimum work of separating a 3% solution 
of ethanol and water. The normal boiling point of the 
3% solution is 78.30 C and the activity coefficients are 
4.4 and 1.01 for ethanol and water, respectively. The 
corresponding values for an 87% ethanol soltuion are 
It 
1.01 and 2.2. The minimum work of separating 1 mole 
of this mixture into the desired product would be about 
111,840 joules. Separating an ideal solution of the 
same composition into the same product could require 
161,430 Joules. The actual energy requirement is lower 
than the theoretical because the ethylalcohol water 
system has a positive deviation from Raoult's law, 
indicating a tendency to immiscibility • 
........ 
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The energy required for separating a mixture is 
usually supplied by adding heat to the fluid in the 
still and removing heat at the lower temperature level 
in the condenser. The available work energy is based 
on an isentropic process in the heat supplied to the 
liquid in the still, and calculated by 
w 
s 
Q T -T = W 0 
T 
w 
The available work equivalent to the heat removed 
from the condenser. 
w 
c 
= Q T -T c 0 
T 
c 
It is assumed that the heat added to the still 
is equal to the heat removed in the condenser. This 
is essentially true when the feed enters as a liquid 
at its normal boiling point and when the distillate and 
the bottom leave as liquid at their boiling point. So, 
T -T lIW. = Q w 0 
Tw 
T -T Q c 0 
T 
c 
It 
=QT [~ __ l ] 
oTT 
c w 
.......................... (5.5) 
Where, 
T ,T,T = Are the condenser, reboiler and the 
c w 0 
reference temperatures. 
To compare the thermodynamic minimum work with that 
required by the actual distillation process at the 
minimum reflux conditions two examples were given previously 
in chapter one for benzene/toluene and Ethanol/water 
systems at atmospheric.~ressure, and are given in tables 
(1.4, 1.5) respectively. 
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5.3 Energy requirements for non-ideal systems 
5.3.1 Potential for energy savings 
Energy requirements in binary distillation are 
dependent upon the reflux ratio and the composition 
of the light and the heavy,products. It is convenient 
to consider the limiting case of operation at minimum 
reflux ,ratio. The efficiency is then the ratio of 
the thermodynamic minimum energy of separation to the 
heat requirements at the minimum reflux. An example 
is given by Pratt (1967), for equimolal mixture of 
benzene and toluene (a = 2.4) fed as saturated liquid 
for which the minimum reflux is 1.36. This corresponds 
to a boil-up of 1.18 Mol/mole of feed, and a heat input 
of 9050 Cal/gm mol of feed, the minimum energy of 
separation is 406 cal/gm mole, the first law efficiency 
is 406 x 100 
9050 
= 4.5%,. The real efficiency will be 
" still rower, due to the need to operate above the 
minimum reflux. However, this definition of efficiency 
does not take into account the temperature at which heat 
is added to or withdrawn from the system, where the 
efficiency on a second law basis was considered 
previous ly. 
As considered in chapter one the minimum work of 
separation can be obtained from the second law efficiency 
for the close boiling mixture as: 
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W . R T F(lL-Xf)(X!-X) ••••••••••••••••• (5.6) 
Ill1n = 0 -1) ~ w 
x! (1 - y!) 
1. 1. 
and for the present case of ideal close boiling mixture 
with pure product, X_ = 1.0, Xw = 0 0 and X = X! = y' -~ • , f 1. i 
so, 
Where, the work is the amount required to produce 
the reflux for the separation, by raising the quantity 
of heat Q from the condenser temperature TD to the 
reboiler temperature T . 
w 
Benedict (1947), has shown that infact, for any 
type of mixture, ideal or non-ideal, the energy requirement 
will be reduced to the thermodynamic minimum values if 
the heat flow is adjusted to the minimum value. For 
non-ideal mixtures the minimum energy of separation is, 
L'.G
mix \ n~ In(l!) + ~ In (lV +;.. ••••• + na In (ya> + 
~ In (Yb ) + •••• 
= E n. In (x.) + E 
i 1. ~ i 
n. In (y . ) ••••••••••••••••• (5 • 7) 
1. 1. 
For ideal mixtures the activity coefficient is 
unity so, 
L'.G *. = RT 
ml.X-
En. 
i 1. 
* 
In(X.). •....•...........•.....•... (5.8) 
1. 
Where..A" refers to the ideal case. The 
..... "nix. 
value of L'.G. is identical numerically with W.. l' the 
m1X l.Qea 
thermodynamic minimum work of separation, Equation (5.7) 
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shows that the effect of positive deviations from 
Raoul t' s law y> 1. 0 is to reduce L'.G . and hence W. d al; 
':r.1l.X 1. e 
this is due to the increased tendency of the mixture to 
separate into two liquid phases. 
* 
The differences (t.G • -
nux 
L'.G .. ) for real system is teTIDed the excess free energy 
nux 
of mixing, so that, 
* (t.G. - L'.G .) A _E 
IDl.X ml.X = uG· = RT En. In (y.) ............. (5.9) 
. ~ ~ 
~ 
Partial differential of equation (5.S) with respect to (n.) 
~ 
= RT In (y.) 
~ 
+ .... ~ 
The last expression follows since the sum term in 
sequence brackets is equal to zero by Gibbs - DWlem 
equation. Hence the excess free energy of component (i) 
is known as a function of composition, if activity 
coefficients can be obtainei by partial differentiation 
with re.spect to n .• 
~ 
An example given by Robinson and Gilliland (1950), 
for ethanol/water separating wa·s shown in table (1.5) 
previously. The requirement per mole of distillate is 
essentially independent of the feed composition over the 
range shown because the minimum reflux ratio condition 
corresponds to a tangency with the equilibrium curve at 
about 84% alcohol. Thus, the reflux ratio is the same 
over the whole concentration region considered. 
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The reflux ratio corresponds closely to a pinch in 
region for the 0.33 feed as well as to the pinch-in 
condition at the mole fraction of 0.84. Thus, the 
operating line follows the equilibrium curve approximately 
and the efficiency for the 0.03 feed concentration is 
high. For the higher strength feed, the operating lines 
over most of the lower concentration regions are a 
considerable distance from the equilibrium curve. This 
leads to the low efficiency, so the heat supply is higher, 
the efficiency values is reduced by the factor. 
I + (O/D)min 
I + (O/D)act 
So, ethanol separation of high feed concentration gives 
a low fractionation efficiency. This is because, lower 
quantities of heat have been used for the concentration 
region below a mole fraction of eJhanol less than 0.8, 
, 
an<l the', high heat requirement resulted from the pinch-in 
region at the top of the tower. In this case, a high 
percentage of heat could have been added at a temperature 
level only a few degrees above that of the condensate 
rather than at the higher temperature of still. This gives 
a much higher thermodynamic efficiency but results in a 
lower enrichment per plate and requires more plates. 
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In general the presence of inflexions (and hence 
potential pinch points in the equilibrium curve for 
non-ideal mixtures) means that the minimum reflux ratio 
values tend to be very much higher than for ideal mixtures. 
This in turn means that there is considerable potential 
for savings of heat by moving away from conventional 
hook-ups for non_ideal systems. 
In azeotropic distillation a sharp discontinuity 
is introduced into the concentration gradient at the feed 
point due to the effect of the feed components on the 
activity coefficients of the down flow. This introduces 
the irreversibilities which are not present in ordinary 
distillation so that the energy requiremen~of this is 
inevitably higher in a thermodynamic sense. It is not 
possible to derive simple equations for the minimum 
11 h • d . "f . overa .. eat 1nput an entropy 1ncrease or azeotrop1c 
processes due to their complexity, but they can be considered 
to be of the partially reversible rather than potentially 
reversible class. The energy requirements is proportional 
to the up-flow(or down flow) rate, and is therefore 
inversely proportional to (d - 1), unlike ordinary 
distillation where it is independent of a (relative 
volatility). This process can be made potentially 
reversible in principle by carrying out the changing of 
.. 
solvent in a reversible manner, but this is much more 
difficult to achieve with the present processes owing 
to the non-idealities of the system involved. 
5.3.2 Method of reducing the energy requirements in 
non-ideal distillation. 
In principle the same methods for energy economy 
for ideal systems may be applied to non-ideal systems, 
the methods are:-
1. - Multieffect process 
2. Vapour recompression methods 
3. Vapour re-use methods. 
4. Spl it towers 
All these methods have been considered previously in 
chapter 1 
5.4. Prediction of optimal sequence for non-ideal systems: 
The prediction of optimal column sequence for minimum 
" energy ',equirements for four component ideal systems was 
considered previously in chapter 3. 
However for three component ideal systems Henry(1977) 
has shown that the optimal sequence can be predicted with 
respect to the total annual operating cost by considering 
the three parameters. 
1. Feed composition 
2. Component volatility 
-. 
3. Degree of recovery of the feed component, as dicussed 
in chapter 2. 
-233-
Now it is intnitively obvious that potentional 
energy savings by sequence changing are much greater 
for non-ideal systems. Therefore Henry's method is 
used to predict the optimal sequence for non-ideal 
systems. To show Henry's method an example is given 
of Acetone/ Cumene andpheno1. 
5.4.1. Example 1 - The system used for the separation is 
Acetone/Cumene/and phenol. Examination of this system 
was suggested by B.P. Chemicals Ltd from whom much of 
the data used in this study was obtained. The feed 
composition is equimolal and it enters at its boiling 
point. The recovery of the light and the heavy key 
component at the top and the bottom of the column is 
assumed to be 99.5%. The operating pressure was maintained 
constant in each column and equal to atmospheric pressure. 
A total condenser is assumed. 
According to the previous works, two columns are 
required for the separation of the three components and 
two configuration s are possible (I and II) 
The material and energy balance is carried out by 
short cut method and plate-to-plate calculation for each 
configuration. The minimum reflux ratio was calculated 
by using the Underwood equation so the initial value for 
actual reflux ratio was calculated by the minimum reflux X 
the scale up of the minimum reflux ratio (equal to 2.0). 
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Plate-to-plate calculation was considered, thus, 
the reflux ratio has been changed keeping the theoretical 
number of plates constant and vice-versa. During the 
changing of the reflux ratio and the theoretical number 
of plates the feed plate location is changed too, until 
the maximum separation of the light and the heavy key 
components at the top and the bottom of the column 
respectively, is obtained. 
The results for the separation of Acetone/Cumene/and 
Phenol mixture by the two configurations (1: and -II) are 
shown in table 5.1 configuration (I) Acetone is removed at 
the top of Column (1) and Cumene, Phenol at the bottom of 
Colunm (1), while in configuration (II), Acetone, Cumene 
. are removed at the top of column (1) and Phenol at the 
bottom as shown in figure 5.1 (a,b). 
,. 
'-
Acet 
CUIDe 
Phen 
A 
C 
P 
one A 
ne C 
01 P 
I 
1 
I 
C,P 
A, C 
I 
. 
1 
I 
P 
-235-
A 
J 
C 
2 a-c onfiguration I 
I P 
A 
. J 
. 
}f 
2 b -configuration 11 
I C 
Figure 5,.1 Separation of Acetone/Cumene/and Phenol 
by two configurations (I and 11) 
, 
• 
Conf. Column No. of Reflux Top 
No. Plates Ratio 0 No. Temp. C 
I 1 12 0.3882 57.0 
.' 
2 50 30.0 -145.0 
II 1 22 30.0 80.2 
~ 5 0.28 57.0 
Tab le 5 .1 Resu1 ts for configurations I and II 
Bottom Feed 
0 Temp. C Location 
, 
164.1 6 
182.8 27 
183.9 11 
156.23 3 
Recovery of 
light key at 
the top 
99.488 
91.536 
93.504 
99.5 
Recovery of 
heavy key at 
the bottom 
0.512 
7.96 , 
6.97 
0.469 I N 
W 
'" I 
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Table 5.1 shows, that the separation of Gumene from Phenol 
in column (2) and column (1) for configuration s I and II 
respectively, need a very high reflux ratio and a high 
number of theoretical stages for the separation. This 
will increase the reboiler load for the two configurations. 
The very high reflux is due to the non-ideality. So, the 
previous rules considered by Freshwater and Henry (1977) 
for the three components ideal systems can not be applied 
because the mixture is highly deviated from ideality in 
the liquid phase. 
Further more, short-cut methods cannot be used to 
design the distillation column, because the short-cut method 
equations are based on the assumptions involving ideality e.g. 
constant relative volatility. Therefore, plate-to-plate 
calculations must be used to design the distillation column. 
If 
5 .5 Method of Analysis 
Plate-to-plate calculation have been used to design the 
columns for non-ideal systems, where each column was designed 
separately. The following specifications for a given column 
in the configuration was made. 
1. Feed composition 
2. Condenser specification 
3. Operating pressure 
4. Feed plate location 
. ~.-. 
5. Top components flow rates 
6. Number of plates required for each sep~ration 
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7. Actual reflux ratio. 
8. Wilson equation parameters, See Wilson (1964) 
The process duty of all distillation columns and heat 
exchangers in the configuration is then specified. This was 
carried out by a material balance in which the flowrates 
compositions and temperatur~of all stream are determined, 
together with the process design of all columns and the heat 
load of the heat exchanger. 
5.6 Specification of variables 
To specify the above variables the operating pressure 
was assumed to be constant in each column and equal to atmospheric 
pressure. 
It 
Equimolal feed composition is assumed and the feed enters 
at its bubble point. 
The top and the bottom temperatures have been calculated 
by using dew and bubble point calculations, respectively. 
The condenser is assumed to be a total condenser, the 
degree of recovery of light key at the top and the heavy key 
at the bottom is 99.5% of the components in the feed, therefore 
-. 
the distillate rate and the bottom rate is calculated. Feed 
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plate location, number of theoretical plates and the 
actual reflux ratio of each column were assumed as an 
initial input data. The minimum reflux ratio is calculated 
by using Underwood equation. The ratio of the actual reflux 
to the minimum reflux is 2.0. 
The theoretical number of plates and the feed plate 
location are changed keeping the reflux ratio constant and 
vice versa until a maximum separation of the light and the 
heavy key component at the top and the bottom of the column 
respectively, is obtained. 
The vapour-liquid systems deviated from ideal behaviour 
when the vapour or the liquid phase or both phases Show non-
ideal behaviour. Intermolecular bonding forces and differences 
in the molecular structure can lead to this non-ideality. 
It 
A liquid mixture is non-ideal when a significant heat 
of mixing appears and/or the volumes of the individual components 
are not additive. The phase equilibria for a non-ideal mixtures 
is calculated by, 
K. =y.P1./E.P 1 1 1 g 
Where, 
y. = is the activity coefficients of the components in 
1 
the liquid phase. 
.. 
E. = is the correction fac.tor for the vapour phase. 
1 
Both are temperature and pressure dependent. 
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The major~ty of non-ideal systems deviated from ideal 
behaviour in such way that y./€. >1. 
1 1 
For rectification problems the activity coefficients 
are the dominant correction factors while for relatively low 
pressures when the vapour pressures are close to the system 
pressure, the vapour phase can be treated approximately as 
an ideal gas mixture. At higher pressures the real behaviour 
of gas mixtures <can usually be dealt with sufficiently 
accurately by means of the simple equation of state by 
Redich and Kwong (l949). 
In the systems studied the pressure is assumed to be 
constant in each column and approximately equal to·the 
atmospheric pressure. Therefore the separation, takes place 
at low pressure and the vapour phase can be treated as an ideal 
gas mixture i.e. y. = 1. 
1 
The liquid phase is treated as non-
10 ideal and the,. activity coefficient is determined from experiments. 
An approximate procedure has been recommended by means of which 
the activity coefficient in real multicomponent mixtures can 
be determined from the binary equilibrium data of the various 
component. An impirical relation predicted by Wilson (1964). 
Wilson parameters are fed to the computer programme as 
input data. The vapour-liquid equilibrium of 
non-ideal systems was considereQ. Using Wilson equation it 
was shown that the abstract functions of the equilibrium equation 
are related to the real variables of temperature, pressure and 
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composition. 
To use the Wilson equation for a multicomponent 
system, the following steps are required. 
Step 1:- Pure component properties are required for all the 
components present in the system. The following data 
are usually required for each component • 
Molecular weight 
Critical temperature 
Critical pressure 
Critical volume 
Acentric factor 
Vapour enthalpy equation 
Liquid enthalpy equation 
Vapour pressure equation 
For the '!:hree components mixture c~nsidered before all 
these properties are taken from the S.P. Chemicals data book. 
Step 2:- Vapour-liquid equilibrium data for every combination 
of binaries in the mixture should be found. For the 
mixture of Acetone, Cumene and Phenol these are taken 
from the S.P. Che~cals data book. 
Step 3:- To calculate the activity coefficients using the 
Wilson equation the parameters required for the 
calculation should be determined for each binary. 
The equilibrium data can be given in one of the several 
forms. 
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X-Y-P-T VLE DATA 
X-P-T VLE DATA 
X-Y-T VLE DATA 
X-P-T VLE DATA 
x-y-P VLE DATA 
y-T-X VLE DATA 
H*-X-T Heat of mixing DATA 
K -X-T K-value DATA p 
For Acetone/Cumene/and Phenol mixture the equilibrium 
data are given as X-Y-P-T VLE DATA. Figures (5.2, 5.3,5.4) 
show a plot of the liquid composition against the vapour 
composition and the temperature at the atmospheric pressure. 
-.. 
. .. --
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The best data from the graphs for liquid compositions, 
vapour compositions and temperatures are used to calculate 
the parameters in Hilson equation for each of the binary 
pairs (A .. ). The binary paris are, Acetone/Cumene, Cumene/ 
1J 
Phenol, and Acetone/Phenol. 
Step 4: The parameters found above have been used to predict 
Viz:-
the mUlticomponent data required, by using the Wilson 
equation combined with the Antoine equation. All the 
vapour and liquid enthalpy data are supplied to the 
computer programme in the form of the three degree 
polynomials as a function of temperature, 
HV = A + BT + CT2+DT3 
~ = a+bT+CT2+dT3 
Where, 
" HV'~ =\Are the vapour and the liquid enthalpies, 
respec ti vely. 
A,B,C,D,a,b,c,d = Are constant given for each components 
in the vapour and the liquid phase, respectively. 
The total reboiler and condenser load have been calculated 
for each column by material and energy balance. 
5.7 Design Calculation: 
The above steps have been.~onsidered for each column. 
The system used is Acetone Cumene and Phenol where equimolal 
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composi tion of 0.333, 0.333 and 0.334 was assumed. 
The recovery of the light and the heavy key components is 
assumed to be 99.5% of the feed. 
Two columns are required for the separation of the above 
mixture. Since short-cut method cannot be applied to design 
the columns as discussed previously, plate-to-plate calculations 
are performed for each column, where the minimum reflux ratio 
is calculated by the Underwood equation. The actual reflux 
ratio used in this calculation was twice the minimum reflux. 
5.7.1. Design Calculation of columns 1 and 2: 
The feed to column (1) is Acetone, Cumene, and Phenol 
where column (1) is connected directly with column (2), so 
the bottom product of column (1) is the feed to column (2) 
as shown in f~gure (S.la). 
P1ate-to-p1ate calculation is used to design both 
columns 1 and 2. The results are given in table (5.2) for 
the two columns. 
.... . 
. '-
, 
~. 
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Table 5.2 - Results for colunm 1 and column 2, using 
plate-to-plate calculation. 
column (1) column (2) 
Reflux ratio 0.14 3.5 
Number of theoretical plates 10 24 
Top temperature oC 5B.9 l52.B 
Bottom temperature °c 155.0 lBO.2 
Feed temperature °c 100 160.2 
Feed location 3 13 
Reboiler load (kJ/hr) .79 x 107 0.273 x lOB 
Condenser load (kJ/hr) .56 x 107 0.271 x lOB 
During the calculation it was found that the separation of 
Acetone from Cumene in the first column is easy. But the 
results show that the separation of Cumene from Phenol in 
the second colunm (2), whilst easy at the stripping section 
If 
, 
(phenol is tne bottom product), is very difficult in the 
rectifying section. The maximum recovery of Cumene at the 
top of column (2) is BB.B7.. Due to the difficult separation 
(non-ideality) it needs a very high reflux ratio to get a 
higher recowery of Cumene at the top of colunm (2). The 
equilibrium line become nearly tangent to the x-y diagonal 
at the upper end of the concentration range. 
So, an additional colunm.Js used to continue the 
separation of Cumene from Phe~;;i at the region where the 
equilibrium curve is near to the operating line, starting 
from the point where the recovery of Cumene at the top of 
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column (2) is 88.8% and to get 99% Cumene at the top of 
column (2a). So, a reasonable reflux ratio and lower number 
of plates have been used for column (2), column 2a is considered 
as given in table (5.2). 
5.7.2 Design calculation of column (2a). 
The feed to column (2a) is the top product of column (2) 
and is assumed to be Cumene and Phenol (binary mixtures), 
as shown in figure G>. 5). 
Because of the non-ideality, the minimum reflux ratio 
equation cannot be used, so for a,binary system McCabe-Thiele 
diagram is used to calculate the number of theoretical stages 
and the minimum reflux ratio. 
" The feed, rate and the mole percentage are given in t.able 
(5.3) • 
Table 5.3 - Feed rate and percentage of Acetone, Cumene and 
Phenol. 
Kg mol/hr Mole% 
Acetone 0.762 0.5045 
Cumene 134.15 88.82 
Phenol 16.125 10.676 
Total 151.00 100.00 
~ 
.l 
~. 
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A=5.06xlO -3 
C=O.888 
T = 58. 92°C P=.10h7h 
I T=152.8oC 
A 
C 
P 1 2 
I 
I 
2a 
I 
T=163.8 C 
T = l80.238oC 
99% Cumene 
1% phenol 
0% Acetone 
0.5% Cumene 
99.5% Phenol 
Figure S.5 - Separation of Acetone, Cumene and Phenol 
mixture using an additional column (2a) for the separation 
of Cumene from phenol. 
"T 
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5.7.2.1. Material balances 
Distillate rate 
Cumene balance = 0.888 X 151.0 x .99 = 132.74 kg mol/hr 
Phenol balance = 0.10676 x 151.0 x 0.01 = 0.1612 kg mol/hr 
Percentage Cumene in the distillate = 99.8% 
Percentage phenol in the distillate = 0.1213% 
The distillate rate CD) = 132.9 kg mol/hr 
Bottom rate 
Cumene balance = 0.888 x 151. x 0.005 = 0.6704 kg mol/hr 
Phenol balance = 0.10676 x 151. x 0.995 = 16.04 kg mol/hr> 
Percentage Cumene in the bottom = 4.012% 
Percentage phenol in the bottom = 95.99% 
The bottom rate (B) = 16.71 kg mol/hr 
• It The X-Y diagram is plotted w1th respect to phenol, the data 
are given in table (5.4) and shown in figure (5.6) 
Table 5 .4 X-Y equilibrium data with respect to phenol 
X Phenol Y Phenol 
0.9 0.68 
0.8 0.5 
0.7 0.381 
0.6 0.306 
0.5 0.25 
.. 
0.4 0.205 
0.3 0.17 
0.2 0.12 
0.1 0.07 
1.0 
.9 
..... 
.8 
0 
'" .7 <lJ 
..c: 
""' 
.... 
0 • 6 
'" 0 ..... 
.., 
..... 
• 5 
Cl) 
0 
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o 
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.3 
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Figure S. 6 
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.2 .3 .4 .5 .6 .7 .8 .9 1.0 
x - liquid composition of Phenol 
Vapour-liquid equilibrium of pheno1/cumene 
at 1 atm pressure 
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The above data are taken from B.F •. , Chemicals data 
book with respect to Cumene, while for phenol X-Y equilibrium 
data is calculated as (I-X) and (l-Y) (binary system) as 
shown in figure (5.6). 
To get accuracy in reading the vapour-liquid equilibrium 
data and in plotting the equilibrium line it is necessary to 
magnify the information by plotting the data logarithmically. 
Such magnification can only be done successfully at low 
concentrations. So, the plot shows mole % phenol in the 
vapour versus mole % phenol in the liquid although phenol is 
the high boiler. Thus a low concentration of phenol means 
a high concentration of Cumene as shown in figure (.5.7). 
At X (liquid composition of feed) = 0.10676, 
Feed 
Y equilibrium (vapour composition of feed) = 0.072 taken from 
figure (5.6), Th h 1 .."(1 h d· ·11 e p eno compos1t10n 1n t e 1St1 ate 
= 0.001213, so the minimum reflux ratio for column (2a) is 
calculated by: 
5.7.2;2 - Calculation of the minimum reflux ratio, upper 
operating line and the lower operating line equations 
Calculation of the minimum reflux ratio 
(%) . _ lS> - Ye 
IDl.n - Y 
e - ~ 
...................................... (5.10) 
.,. . 
.. ~.-. 
So, 
(%). 
m~n 
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= ",0..:;. 0~0;,;1..::.2::.:13::"'--70~.;-:0;-;7::..2 
0.072 - 0.10676 = 2.036 
Then the actual reflux ratio equals to 
(~) =(%). X 2.0 = 2.036 X 2.0 = 4.073 
act =n 
The upper operating line· calculation 
Where 
Y 0 0 
n+1 + D XD n = -V V 
n n 
0 
= D x{%) = 132.9 x 4.073 n 
act 
= 541.3 kg/hr 
V = 0 + D = 541.3 + 132.9 = 674.2 kg/hr 
n n 
assume Vn = Vm = 674.2 
Y _ 541.3 Xn<t + 132.9 ~ 
n - 674.2 674.2 
Y = 0.803 X + 0.197 x~ ...................... (5.11) 
n n+1 -J) 
The lower operating line equation:-
o = 0 + F = 541.3 + 151 = 692.3 m n 
v = V = 674.2 
n m 
Y
m 
_ 692.3 XJnIo1 _ 16. 715 ~ 
- 674.2 674.2 
Y
m 
= 1.027 X
mr1 - 0.0248 ~ ........................... (5.12) 
At Xfeed = 0.010676, YFeed from equations (5.11) and (5.12) 
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equals to YF =,0.0859 
Table (5.5), gives the liquid and the vapour composition 
using the upper and the lower operating line equations. 
~here the vapour-liquid equilibrium data for phenol (the high 
boiler) is used. The upper operating line is plotted at the 
lower part where less phenol is obtained ~ =0.001213, and lbe 
lowetoperating line is plotted at the upper part where more 
phenol is obtained, XB = 95.99%, as shown in figure (5.7). 
Table (5.5) - Liquid and vapour composition using the upper 
and the lower operating line equations 
X (liquid composition) Y(vapour composition) 
0.6 0.5923 
0.5 0.4989 
0.4 0.3870 
0.10676 0.0859 
It 
0.1 0.0803 
0.09 0.0720 
0.08 0.0645 
0.06 0.0484 
0.03 0.0159 
0.01 0.0082 
0.005 0.0042 
0.002 0.0018 
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Figure (5.7), shows that the operating .lines are slightly 
curved due to the logaritmic plot. The number of theoretical 
stages required for this separation are 33 stages, where 27 
stages required at the top section and 6 stages required at 
the bottom section of the column, high percentage of 
phenol is obtained. The feed stage is number 27. 
5.7.2.3 Heat balances 
The reboiler and condenser load for·column (1) and (2) 
are given previously in table (5.2). For column (2a) the top 
o temperature and the bottom temperature are equal to 151.5 C 
and l63.8oC, respective1y,so, 
Liquid entha1py equations 
H = 0.0 + 48.894T + 0.3601 x 10-1 T2 L Cumene 
RL = 0.0 + 44.892 T + 0.3887 x 10-1 T2 
-1. Phenol 
Vapour enthalpy equations 
H = 0.1077 x 105 + V Cumene 35.02lT + 0.46 x 10-
1 T2 
H V Phenol = 0.14948 x 10
5 + '22. 753T + 0.4151 x 10-lT~0.1937 x 
10-lT3 
These data are taken from B.P. Chemicals data book. 
The condenser heat load is calculated by 
QC = V.HV· - (R.HRi· + n.Hn ·) 1. 1. 1. 1. 1. 
-. 
,i' 
f 
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Where, 
QC= Condenser heat load 
V. = Vapour rate for each component 
~ 
R. = Liquid reflux for each component 
~ 
HVi= Vapour enthalpy for each component 
HRi= Liquid enthalpy for each component 
D. = Distillate rate for each component 
~ 
and HDi = Dis tillate enthalpy for each component 
The reboiler heat load is calculated by: 
QR = V.H . + B.HB. - L.HL. ~ V~ ~ ~ ~ ~ 
Where, 
V. = Vapour rate for each component 
~ 
HVi= Vapour enthalpy for each component 
Bi = Bottom liquid rate for each component 
HBi= Bottom liquid enthalpy for each component 
It L. = Total liquid rate for each component 
~ . 
HLi= Liquid enthalpy for each component 
The calculation results are given in table (5.6) 
Tab le S. 6. Resu1 ts of heat balance 
Heat load 
D.HD· .2548 ~ ~ x 10
7 
R.HR• ~ L .1036 x 10
7 
-, 
107 V.ay. .2577 x L L 
Q (Condenser kJ /hr) .1287 x 108 
B.HB· .3273 x 10
6 
L L 
L,HL , L L 
ViHVi 
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QR(Reboiler load kJ/hr) 
.1356 x 108 
.2807 x 108 
.1484 x 108 
5.8 Ene~matching without intermediate heating 
After calculating the condenser and the reboiler load at 
the top and the bot:tom of each colunm it was found that no energy 
matching between reboiler and condenser was possible. This is 
because there is practically no differences in the t:emperat:ure 
between streams exchanging heat (T ), as shown in figure (5.5). 
m 
So, intermediate heating is consid"red at the pinch points where 
heat is added and removed. 
It may be thought that a considerable amount of energy 
integration would be possible by operating column 2(a) at a 
higher pressure (and ;lere a higher temperature). However this 
is not feasible because the increase in temperature would lead 
to polymerization of the Cumene (top product). 
5.9 Energy ~tching with .int~mediate beating: 
Energy matching with intermediate load is considered 
between the two columns. 
1. During the design of each column, pinch points where heat 
is added at the stripping section and heat is removed from 
the rectifying section were found. 
2. The amount of heat added and removed at the pinch points is 
coYrespo~to1.0 x Rmin (at the minimum reflux ratio). The scale up 
of the reflux ratio to the minimum reflux is equal to 2.0. 
3. Savings in the total reboiler load is calculated by 
calculating the total reboiler load without energy integration 
and the total reboiler load with energy integration, with 
intermediate heaters and coolers for the two colunms. 
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Savings in total reboiler load = R-R 
s 
R 
R = The total reboiler load without energy integration 
Rs = The total reboiler load with energy integrations, with 
intermediate load. 
Figure (5.8) and table (5.7) gives the temperature of each 
stream in the configuration and the reboiler load. 
Table 5.7 Temperature and reboiler load of each stream 
o Top temperature C 
Top intermediate temperature 
°c 
o Bottom temperature C 
Bottom intermediate 
o temperature C 
Condenser lo~d at the top 
(kJ /hr) .. 
Reboiler load at tHe bottom 
(kJ/hr) 
Condenser at the intermediate 
section (kJ /hr) 
Reboiler load at the 
intermediate section(kJ/hr) 
Column (1)' 
58.9 
87.8 
155.0 
103.8 
7 
.3011xlO 
7 
.3953x10 
7 
• 280xlO 
• 3953xl07 
Column (2) Column (3) 
152.8 
159.5 
180.5 
162.0 
8 
.1356xlO 
.1364xl08 
8 
.1356xlO 
.1364xl08 
151.5 
163.8 
8 
.1287xlO 
.1484x108 
A 
C 
P 
T=l 
T=58. gOC 
I 
2 
1 
~ 
55.0° 
I C p 
Figure 5.8 
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I 
A 
CT=l52.80C 2a 
10 T=l59.50C 
2 I 
le; T=l62.020C 
p T=l80.550C 
It 
The temperature at the top and the bottom of 
each column (1,2 and 2a) with intermediate 
heaters and coolers supplied at the pinch 
points of column (I, and 2). 
-. 
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Reboiler load of column (1) 7 =.7905 x 10.. kJ /hr 
Reboiler load of column (2) 8 = .2728 x 10 kJ/hr 
Reboiler load of column (2a) 8 = .1484 x 10 kJ/hr 
Total reboiler load without energy integration = .50 x 108 kJ/hr 
Energy integration with intermediate load 
(olumn 0) 
Reboiler load at the base = .3953 x 107 kJ/hr 
Reboiler load at the intermediate section (stage (6») = .3953 x 107 
kJ/hr. 
Column (2) 
Condenser load at the top = 1~56 x 107 kJ/hr 
8 Condenser load at the intermediate section (10) = .1356 x 10 KJ/hr 
7 Reboiler load at the intermediate stage (6) = .3953 x 10 - 1.356 x 
= -.9607 x 107 kJ/hr 
Reboiler load at the base of column (1) = .3953 x 107 - .9607 x 10 7 
7 
If = -.5654 x 10 kJ /hr 
Total reboiler load 
Column 0) = 0.0 
Column (2) = .2728 x 10 8 
Column (2a) = .1484 x 108 
Total reboiler load = .4212 x n8kJ/hr 
Percentage sllvingf = 15.8% 
Therefore, using energy matching principle between coolers 
and heaters at the pinch poin~ above and below the feed plate 
respectively, gives a percentage saving; of r' 16% in the total 
I' ,
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reboi1er load for Acetone/Cumene /Phenol mixture 
A second example is given to consider the problem of 
the heat economy in non-ideal mixtures. 
5.10 Example 2 - Ethanol/Benzene/and ~~ter system: 
5.10.1 Azeotropic Mixtures:-
An azeotropic system is highly deviated from Raoult's 
law. When a mixture of two components forming an azeotrope 
is distilled only one of the components can be removed, 
the azeotrope becoming the other product. Since the azeotrope 
cannot be separated by a conventional distillation, other 
methods, such as extraction must be combined with distillation. 
A column is required for each pure component to be recovered. 
Thus, to separate a binary azeotrope requires two columns for 
the separation. Azeotropes may be either homogenous or 
hetrogenous. Hetrogenous azeotropes are separated into two 
liquid phases when condensed from the vapour. Homogenous 
azeotropes d~ not separate as two 1iqutd phases, which makes 
their separation much more difficult. The fact that a mixture 
separates into two liquid phases i.e. immiscibility, is itself 
a sign of a high degree of non-idea1ity. For the separation 
by azeotropic distillation of a mixture which forms a 
homogenous azeotrope a separating agent is added to the mixture. 
In a process of this type a ternary azeotrope is taken off 
as overhead and this separates into two liquid phases on 
condensation. The following steps are involved. 
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1. Add a certain entrainer which forms, a ternary 
, 
azeotrope that is more volatile than any other component 
in the system so it appears always as overhead product. 
2. This ternary azeotrope forms two liquid phases when it 
is condensed. One of these phases is entrainer rich 
compared with the other. 
3. Distilling' the entrainer rich phase produces the ternary 
azeotrope whose composition is fixed by the operating 
pressure. Since, this is an entrainer rich layer, by 
substracting from it the overhead (azeotrope) composition 
all of one original cOmponent is used and therefore the other 
component remains as pure material. 
4. Distilling the entrainer weak layer, the ternary azeotrope 
is produced. The composition of the entrainer wea:< layer 
is such that when the ternary azeotrop e is distilled from 
it and only the second component is left. 
5.10.2 Process description 
The dehydration of ethyl alcohol by azetropic distillation 
has been considered by many workers beginning with Young (1902). 
The ethanol-water azeotrope is fed to a column containing 
benzene (entrainer) on its upper plates. A ternary azeotrope 
of ethanol, benzene and water is formed at the top of the column. 
Part of the ternary azeotrope distilling overhead is refluxed 
and the remainder decanted,·whilst anhydrous alcohol is with. 
drawn from the base of this column. The entrainer rich (benzene) 
layer is refluxed to the column and the entrainer weak (aqueous) 
layer is passed to two auxiliary columns, the first recovering 
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benzene overhead as a ternary azeotrope and the second 
separating ethanol/water azeotrope overhead which is 
returned to the first column. This is shown in figure (5.9), 
where (AZ) represents the points where the azeotropic composition 
is formed. 
The composition of the azeotrope is such that it uses 
up all the water in the ethanol rich mixture fed to the 
column but only a small part of the ethanol. Therefore 
material balance considerations show that pure ethanol must 
remain at the base of the dehydration column. In practice 
ethanol/water mixture from the benzene recovery column is 
fed to the primary ethanol enriching column. 
24.5% 
T =64.5° 53.6% Top 21.9% 
T = 78. ° 
F =100 k ol/h 
89% A 
l1%W 
° TBottom=78.4 C 
Z 
80.4 
8% A 
5% B 
7% W 
1 
" 
-100% 
Ethanol (A) 
99.764% A 
0.006% B 
0.23% W 
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° 
27% A 
2% B 
71%W 
16.0 01 
ID = 89.204 !-:g mo1/hr 
AZ 
2 
24.5% A 
53.6%B 
21.9%W 
.6Mo1 
27% A 
73% W 
15.4 
TBott = 78.4°C 
3 
Benzene recovery 
(AZ) 
89% A 4.699 11% W 
T = 78.15OC Top 
\----...:W2=10.795 kg mo1e/ht 
0.01% A 
99.99% W 
TBott =100
oC 
water removal 
Figure 5.9 Separation of ethyl alcohol/water mixture 
using benzene as an ent,ainer • 
.. 
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5.11 Design Calculation 
The effect of entrainer (Benzene) on the vapour-liquid 
equilibrium for non-ideal binary systems is complex. So, 
for a complete study of any ternary azeotropic system the 
following data are required. 
1. Vapour-liquid equilibrium data for each of the binary 
systems. For the binary system ethanol/water, the 
equilibrium data and the activity coefficients are 
taken from Jones, Schonber and Colbum (1943) and for 
ethanol/benzene system the data are taken from Norman 
(1945), all at atmospheric pressure. 
2. Two phase liquid-liquid equilibrium data for the ternary 
system, both at normal temperature (20-250 C) and at the 
boiling point. The data are taken fromBarbaudy' (1926) 
and No~n (1945). 
3. The vapour-liquid data for ternary system are taken from 
Norman (1945). 
To design the columns, the reflux ratio and the number 
of plates required for azeotropic columns must be carried out 
by the plate-to-plate calculation using the appropriate 
equilibrium data for non-ideal mUlticomponent systems. In 
this case two liquid phases are present on the upper plates, 
-~ 
so the. computation must be started from the bottom of the column 
using assumed product composition (Norman(1945), Pratt (1947), 
Benedict (1945» 
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5.11.1 Design of the dehydration colillllIl-Ccolumn (1» 
The feed to the dehydration system contains 89% alcohol 
and 11% water and enters at its boiling point. Heat losses 
are neglected. The composition: of the feed, product and over 
head vapour are given in table (5.8). 
Table (S .8) The Composition of the feed, bottom product and 
overhead vapour from Column (1). 
Composition % Mole 
Alcohol (A) Benzene CB) Water 
Feed 89.0 - 11.0 
Bottom product 
column (1) 99.767 0.006 0.23 
Vapour Composition 
(Azeotrop e-· 24.5 10 53.6 21.9 
Compos i t~on)\ 
(W) 
Column (1) is designed for an overflow rate below the feed 
plate of 120 kg moles/hr of liquid per 100 kg mol/brof vapour. 
The feed to column (1) will be such t~at V ~ V • 
n m 
The bottoms from the water removal column is assumed to 
contain less than 0.01% ethanol • 
• 
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The physical and chemical data for this system are 
taken from Robinson and Gilliland (1950) and are given in table 
(5.9). The relative volatility of alcohol to water as a function 
of composition, and the relative volatility of benzene to water 
as a function of composition are shown in figure (5.10) and are 
taken from Robinson and Gilliland (1950). 
Table 5.9 Solubility data for 250 C (pairs of the tie line 
coordinate) • 
Alcohol 0.3 and 0.315 0.225 and 0.23 0.18 and 0.13 0.08 and 0.04 
Benzene 0.0068 and 0.465 0.025 & 0.655 0.015 & 0.82 0.007 & 0.94 
Water 0.632 & 0.22 0.75 & 0.115 0.805 & 0.05 0.914 & 0.02 
5.11.2 Material balances: 
Basis of 100 moles of feed, figure (' .9) 
Overall'Material balance 
F = Wl + W2 
100 = Wl + W2 
Alcohol balance 
89 = 0.99769 toll + 0.0001 W2 
W2 = 10.7950 kg Moles/hr (From water recovery column) 
Wl = 89.204 kg Moleslhr (From dehydration column) 
The tower is designed for an overall flowrate below 
the feed plate of 120 moles of-.liquid per 100 m:oles of vapour, 
So, 0 IV = 1. 2 
m m 
Om = Vm + 89.204 
Vm = 446 
o = 1.2 V 
m m 
v =V = 446 
n m 
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o = 535.2 kg Moles/hr 
m 
0=0 
n m 
Where, 
F = 535.2 - 100 = 435.2 kg mol/hr 
o 0 = are the liquid rate at the bottom and the top of 
m' n 
the column respectively. 
v ,v = The vapour rate at the bottom and the top of the 
m n 
column respectively. 
Wl = The bottom product from column (1) 
W2 = The bottom product from the water removal column. 
plate-to-plate calculations are performed. Thus, the lower 
and the upper operating line equations for the azeotropic 
distillation, refer to Pratt (1967) are, 
The upper 
* 
operating line is 
y 
n 
=I!!).. X \V . n 
min 
+ ((~). 1 ) 
m1n 
Where, 
X = Liquid composition at the stripping 
m 
X = Liquid composition at the enriching 
n 
* * y 
m' 
Y = Equilibrium vapour composition 
n 
section 
section 
Lmax' Lmin = Liquid rate at the stripping and the enriching 
sections 
Vm3xVm'inVapour rate at the stripping section and the 
-. 
enriching section ....... 
X = Liquid composition at the bottom p 
~ = Liquid composition at the top 
P1ate-to-p1ate calculation is started from the bottom upward. 
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The feed F int;oduced where the ratio of Xw/(Xw+XA) 
(Xw is the liquid composition of water, XA is the liquLd 
composition of alcohol) in the liquid on the plate is equal 
to the ratio in the feed. The relative volatilities used 
in the calculation are taken from figure (5.10), where the 
liquid composition of XA/(XA + Xw) (XA is the liquid 
composition of alcohol, Xwis the liquid composition of water) 
is plotted against the logarithmic plot of the relative 
volatility of alcohol to water and the logarithmic plot 
of relative volatility of benzene to water. 
The material balance for the dehydration system is 
given in table (5.10) and shown in figure (5.9) 
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Figure (5.l0)-Vapour-liquid equilibrium data for 
Ethanol/Water/Benzene 
, 
Table 5 .10 Material balance results 
Decanter A(Alcohol) 
Condensate to decanter 24.5% 
Water layer from Decanter 2 7% 
38% 
Benzene recovery 
Feed(water layer from 
decanter) 
Top product from benzene 
recovery 
Bottom to the water removal 
column 
Water removal column 
Feed(bottom of benzene 
recovery column 
Top distillate used as a 
feed to column (1) 
bottom product 
Column (1) 
Feed 
Bottom product 
Top vapour 
2.7 
24.5 
27% 
27% 
89% 
0.01% 
89% 
99.764 
24.5% 
Mole % 
B(Benzene) 
53.6 
2.0 
67.0 
2.0 
53.6 
0.006% 
53.6 
W(Wilter) 
'" 
.. ' 
21.9 
71.0 
8.9 
71.0 
21.9 
73% 
37% 
11% 
99.99% 
11% 
0.23 
21.9 
Total kg mol/hr 
77.61 
16.0 
61.61 
16.0 
0.6 
15.494 
15.494 
4.699 
10.795 
100 
89.204 
447 
I 
N 
.... 
N 
I 
., 
t 
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So the condensate to the decanter = 77.6 kg Moles/hr 
Vapour rate + vapour from the benzene recovery column = 447 
Benzene layer rate = 80.4 
Reflux ratio; Vapour rate - condensate to decanter 
Condensate to decanter 
: 447 - 77.61 = 4.76 
77.61 
Liquid reflux = 4.76 x 77.61 = 369.4 kg mol/hr 
Total liquid rate to the column = Reflux + Benzene layer 
= 369.41 + 61.61 = 431 kg mol/hr 
plate-to-plate calculation results are given in table (5.11) 
\ 
.-
Table ~.11 
colunm (1) 
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Vapour liquid composition on each plate of 
Liquid Vapour 
No. of Composition Composition XM/XM+XA % 
Plates A% B% C% A% B% C% Liquid Vapour 
Reboiler 99.7640.006 0.23 99.7 0.022 0.26 0.23 0.26 
1 99.71 0.02 0.26 99.6 0.08 0.30 0.26 0.30 
2 99.63 0.07 0.29 99.39 0.273 0.33 0.29 0.33 
3 99.45 0.23 0.31 98.7 0.92 0.39 0.32 0.39 
4 98.87 0.77 0.36 96.6 2.93 0.44 0.37 0.45 
5 97.12 2.5 0.40 90.0' 9.0 0.46 0.40 0.50 
6 91.6 7.5 0.42 78.0 21.3 0.45 0.41i1 0.57 
7 81.0 18.0 0.49 63.4 36.0 0.60 0.60 0.93 
8 69.0 30.0 0.53 52.4 46.8 0.70 0.86 1.61 
9 60.0 39.0 0.62 48.7 50.3 0.99 1.47 1.99 
10 57.2 42.0 0.86 45.0 53.0 1.36 1.48 2.9 
11 54.1 44.8 1.17 44.6 53.3 2.05 2.11 4.39 
12 53.8 44.4 1. 747 44.0 52.99 2.979 3.145 6.34 
13 53.3 44.15 2.52 43.35 52.37 4.27 4.51 8.96 
14 52.75 43.64 3.596 41.86 52.30 5.82 6.40 12.2 
15 51.0 43.6 6.00 38.16 52.8 9.00 10.50 19.08 
16 39.0 55.0 6.20 34.30 52.8 1.28 . 13.71 20.6 
17 34.7 55.0 10.00 29.5 52.0 18.00 22.6 30.3 
18 29.7 54.2 13.50 26.0 54.0 21.00 31.2 36.6 
19 26.0 56.0 18.00 24.7 53.4 21.90 - -
20 24.7 55.6 19.60 24.5 53.6 21.90 - -
if Table (S.l1).!,hows, that 20 theoretical stages are required for 
the separation, the feed is introduced at the fifteenth plate 
On the top two plates the liquid is heferogenous. 
The liquid composition profile is plotted in figure (5.11) 
(ternary diagram). 
. . 
. .. -
,1 
t 
-275-
alcohol water 
XA O.86,Xl~=O.l4.2 
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Figure 5.11" Ternary diagram for fthanol/BenzeneNater system 
at 1 atm pressure (tower 1. ) 
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From the ternary diagram the compositions of reflux to 
column (l)(~l) and the reflux to the benzene recovery 
column (~2) are obtained by plottin~ the composition for 
each plate for column (1) in the ternary diagram and use 
the composition. When the curve cuts the two phase boundary 
as the composition of the reflux to the alcohol tower 
(c olumn (1) ~l) and the reflux to the benzene recovery (~2) 
where ~l is between X18 and X19 from the data given in 
table (S.ll). So, the compositions from the decanter are: 
% Mol 
A% B% e% 
Water layer 27% 2% 71% 
Benzene layer 38% 67% 8.9% 
Condensate to decanter 24.5% 53.6% 21.9% 
For benzene recovery tower the composi~ons are: 
... 
Mole % 
°A% B% C% Total ~Moles/hr 
Water layer from decanter 27 2 71 16.0 
Bottom product 27 - 73 15.494 
Top product (ternary 
azeotrope) 24.5 53.6 21.9 0.6 
,I 
~. 
-Z77-
Overflpw rate below the feed plate is assumed to be lZO 
moles liquid per 100 moles of vapour. Two liquid layers 
have been refluxed to match the liquid composition at 
stage ZO (X20) for c~lumn (1) the composition of the two 
layers would be terminal point of the solubility tie line 
through the composition of XZO • The reflux to column 
(Z) would have the composition of the water layer of the 
tie line. In this case this layer would be lower in benzene 
and alcohol, thereby making the fractionation of column 
(Z) easier. The reflux to column (1) would have two layers but 
the liquid from the top plate has a single phase, (Robinson 
and Gilliland (1950». Plate-to-plate calculation, where 
(XZO) is taken from table (5.11) and (XZO) is 
composition of the water layer to 
(XZO) 1 (XZO) Z CL 
A 0.Z47 0.Z7 0.46 
B 0.556 .. O.OZ 0.55 
C 0.196 0.71 1.00 
Material balance at the reboiler 
o = V +B Z m m 
o Iv = lZO/loo = 1.Z 
m m 
1.2 V = V +15.494 m m 
Vm = 77.47 kg Moles/hr = Vn 
-. 
column (Z), 
CL (XZO) 1 
0.1"136Z 
11 
0.3058 
0.1960 
0.6154 
Om = 92.964, On = 76.964 B = 15.494 
• 
the liquid 
So, 
Y 
0.1846 
0.4969 
0.3185 
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Where B2 = The bottom product to the water recovery column 
5.11.3 Design of the water recovery column 
The McCabe Thiele construction is used for the separation 
of ethanol/water. The feed enters at its hoiling point and 
at atmospheric pressure. The liquid-vapour equilibrium data 
are taken from Jones, Schoenborn,and Colburn(1943) 
To get accuracy in reading the vapour-liquid e~uilibrium 
data and in plotting the equilibrium line it is necessary 
to magnify the information by plotting the data logarit!unically, 
such magnifications can only be done at low concentration. So 
the plot shows the mole % of water in the vapour versus the 
mole %"liquid water. So. 
Assume the reflux ratio = 3/1 
D = 4.699, B = 15.795 
L (refl~) = 4.699 X 3 = 14.097 
" n 
v = 14.099 + D = 14.097 + 4.699 18.796 
n 
L = 18.796 + F = 18.796 + 15.491 = 29.588 
m 
Where, 
D = 4,699, F = 15.491, B = 10.795 
The upper operating line equation 
Y If' 0.75 X 1 + 0.25 x... n+ --U ... 
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The lower operating line equation 
Ym =(~tXm+1 -(~)\ 
Ym = 1.574 Xm+l - 0.824 \ 
AT XF = 0.73, YF = 0.575 
The number of theoretical stages required for the 
separation are 41. As shown in figure (5.12) 
5.11.4 Heat balance for the three columns 
The reboiler load calculated for each are given as 
follows 
Column No. Reboiler load kJ/hr 
1 12,887,500 
2 43439 
It 
3 '. 542,450 
Total 13,473,000 
2 0 The latent heat of steam at 690 KN/m and 165.5 C 
temperature is 2063 kJ/kg. 
Thus, the amount of steam used = 13,473,000 X 1 = 6530 kg/hr 
2063 
-... 
• 
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LO 
No. of theoretical plates = 41 
~-.73 
X Watet(liquid-composition) 
Figure 5.12 Vapour-liquid equilibrium of water/ethanol system. 
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5.12 Application of energy matching on ethanol/Benzene/ 
and water system 
Figure (5.9), shows that the temperature at the top of 
the water removal column (3) is 78.lSoC and the temperature 
o 
at the bottom of column (1) (ethanol column) is 78.4 c. So, 
there is no significant temperature difference between the 
two streams. Thus, there is no ·~nergy matching-possible 
~ 
between the condenser at the top of the water removal column 
and the reboiler at the bottom of the ethanol recovery column(l). 
Intermediate heaters and coolers cannot be used because 
there is no pinch point between column (1) and column (3). 
So, to achieve heat interchange it is necessary to increase 
the pressure in the water removal column and to increase the 
temperature at the top column (column (3». The vapour may 
then be used as a source of energy to the reboiler of column (1) 
So, the operation is conducted at two different pressures. 
Increasing the pressure at the top of the water removal column 
will affect the design of the column, and the azeotropic 
composition will be changed. 
It is necessary to consider to heat economy for the system 
of alcohol/water. It has receqtly become very important 
because of the possibilities of using pure alcohol or absolute 
alcohol to replace oil in the developing countries which have 
no oil but which have plenty of carbohydrade sources for alcohol 
production. 
,; 
~. 
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5.13 Vapour-reuse methods 
The vapour reuse method is used to produce an absolute 
alcohol from aqueous solutions. Thus, the distillation is 
conducted at two different pressures to produce the absolute 
alcohol. 
The production of 99.9 mole percent ethyl-alcohol from 
an aqueous feed containing 27 mole percent alcohol is used 
as an example for this case. The azeotropic composition is 
affected by changing the pressure. In this case the azeotropic 
composition increases in alcohol content as the pressure is 
reduced and vice versa. Thus, by operating the first column 
at lower pressure (0.66 atm) an overhead product can be produced 
which contains 90 mole percent alcohol. By redistilling this 
at a higher pressure it can produce a high concentration of 
It 
alcohol at th~ bottom of the higher pressure column of 99.9 
mole percent alcohol, and the overhead is recycled to the lower 
pressure column containing 86 m'ole percent alcohol (an overhead 
product from the higher pressure column (2», see figure (5.13). 
The 27 mole percent alcohol feed is introduced into the 
lower pressure which operates at 0.66 atm and produces an 
overhead containing 90 m.ole percent alcohol and a bottom of 
0.001 m.ole percent alcohol. The 90 m.ole percent alcohol 
overhead product is pllIIlped into-the higher pressure column which 
operates at 3.29 atm and produces an overhead containing 86 mole 
percent alcohol and a bottom containing 99.9 mole percent alcohol. 
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The overhead from the higher pressure column is returned 
to the lower pressure column for further rectification. 
Th~ effect of'changing the azeotropic pressure on the 
azeotropic compositions and azeotropic temperature are given 
in figures (5.14) and (5.15). The data are taken from 
Larkin, Pemberton (1976). 
The results are calculated as: 
In P AZ = A + B XAZ 
and 
lnPAZ = a - b/TAZ 
where 
PAZ = The azeotropic pressures in (atm) 
TAZ Th,e azeotropic t"!:1perature 
.'If (oC) = l.n 
XAZ = The azeotropic composition 
A,B, and a,b = Are constants for the two above equations. 
and calculated at two different azeotropic pressures, 
compositions and temperatures, and are equals to 
A = 36.085 a = 3.384 
B =-40.546 b = 265.005 
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Figure 5.14, Relation between the azeotropic pressure 
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Figure 5.15, Relation between the azeotropic pressure 
lnPAZ and the azeotropic temperature TAZoC. 
lnPA = a - b/TAZ(a = 3.384, b = 265.005) 
For Ethanol/water system 
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From figures (5.14) and (5.15), the azeotropic compositions 
and temperatures at 3.29 atm and 0.66 atm are ,86 mole percent 
alcohol and 1200 C for 3.29 atm, and 90 mole perceilt alcohol and 
o 70 C for 0.66 atm. 
The stream from column (2) (higher pressure) may be 
returned either as vapour or as liquid, the condensing 
temperature of the 3.29 atm col'umn is sufficiently high that 
it will serve as the heat supply for the lower pressure column, 
In this case heat economy will be obtained by totally condensing 
the overhead vapour and recycling the 86 mole percent alcohol as 
a liquid, so that no steam is needed for column (1). 
The vapour rates in the two columns are assumed to be 
equals. Thus, the vapour generated in the reboiler of the 
higher pressure column (column (2» is used throughout both 
columns. The. reflux ratio is calculate'd as 1.25 x the 
minimum reflux. 
The vapour-liquid equilibrium data for the 3.29 atm 
and 0.66 atm pressures are taken from Otsuk (1953) and 
Kirschbaum (1939). 
5.13.1 Material balance 
According to figure (5.13) .•. 
Assume 100 kg lIKll/hr feed 
Overall material balance 
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100=Wl +W"" 1 
27 = 0.00001 Wl + 0.999 W2 
Wl = 73 kg mols/hr, W2 = 27 kg moles·/hr 
Column (2) material balance 
0.9 Dl = 0.86 D2 + W2 x 0.999 
Dl = D2 + 27 
Dl = 93.8 kg mole/hr, D2 = 66.825 kg mole/hr 
5.13.2 Calculation of the minimum reflux ratio column (2) 
At XFeed (water = 0.10, 'from the equilibrium Curve 
figure (5.16), 
YFeed (water) =0.112 and ~ = 0.14 
(%) . :: 0.14 - 0.112 = 2.33 
m1n 0.112 - 0.1 
(0) = 2.33 x l.25 = 2.91 D act 
Top liquid rate (column (2» = 2.9 x 66.825 = 194.5 kg mol/hr 
Bottom liquid, rate It = 194.5 + 93.8 = 288 kg mol/hr 
Vapour rate in column (2) = 194.5 + 66.825 = 261 kg mol/hr 
The vapour from column (2) is re-used in column (1) = 261 kgm/hr 
The bottom product from column (1) (Wl ) = 73 kg mol/hr. 
The liquid rate at the bottom section of column (1) = 261+73 = 334 
kg/mol 
The liquid rate between the feed of 27 mole percent alcohol and 
86 mole percent alcohol = 334 - 100 = 234 kg mol/hr 
The liquid rate above the 86 mole percent alcohol = 234 - 66.825 
_ = 167 kg mol/hr. 
So, the reflux ratio of co1u~ (1) L • = - = 167 = 1.8 
D 93.8 
,; 
~. 
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Heat balance 
. 0 The latent heat of ethanol at 135 C = 9660 Kcal/kg mol 
At 690 KN/m2 pressure and 165.50 C temperature the latent 
heat of steam = 2063 kJ/kg 
The reboiler load of column (2), (high pressure column) 
= AV 
= 9660 x 261 x 4.1868 
= 10,545,300 kJ /hr 
Amount of steam used for column (2) = 10,545,300 x 1 
2063 
= 5111 kg /hr. 
.Q. v.~ 
2 7 ". J.2.4O' kg /h r Amount of pure alcohol from column (2) = 0.999 x 
Amount of kg steam/kg pure alcohol = 4.1 
Changing the pressure of column (2) (H. P. column) to 
various values (starting at 1.75 atm), keeping the pressure 
" of column Cl)"CL.P. Column) constant at 0.66 atm and the 
reflux ratio of 2.9,the amount of steam calculated is reduced 
by increasing the pressure, as shown in figure (5.16). 
Changing the aqueous feed composition fed to coltnnn (1) 
to 5 mole percent alcohol, while the pressure of column (1) 
and column (2) are 0.66 atm and 3.29 atm, respectively. The 
amount of steam needed for the separation is 950 kg/hr and 
the amount of kg steam/kg pure~alcohol is 4.1, comparing this 
with the previous results of 27~mole percent aqueous alcohol 
~ 
fed to column (1), the amounts of steam used is 5111 Kg/hr 
while the amounts of kg steam/kg pure alcohol is 4.1 
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The lnaterial and heat balance for 5% aqueous feed to column (1) 
According to figure (5.13) 
Overall material balance 
alcohol balance 
5 = 0.00001 Wl + 0.999 W2 
Material balance around column (1) 
Dl = D2 + 5 
0.9 Dl = 0.86D2 + .999 X 5· 
Dl = 17.375, D2 = 12,375 kg mol/hr 
Distillate from column (2) = 12.375 
Liquid rate at the top of·column (2) = 12.395 x 2.9 = 36.0 
The vapour rate throughout the column = 36 + 12.375 
= 48.5 kg mol/hr 
The reboiler load of column (2) = 48.5 x 9660 x 4.1868 
11 
. = 1,961,560 kJ /hr 
The amount of steam used = 1,961,560 x 1 = 950 kg/hr 
2063 
Amounts of pure ethanol at the bottom of column (2) 
= .999 x 5 x 46 = 229.77 
Amount of kg steam/kg pure alcohol = 950/229.77 = 4.1 
So, by reducing the amounts of ethanol fed to 5% reduces the 
amount of steam required, while the amount of kg steam/kg 
pure ethanol stays constant 
. .. -
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6 
5 Ethanol/Water 
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S 
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" :s 
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" 
1. 2. 3. 4. 5. 6. 7. 8. 
Kg steam/Kg pure ethanol 
Figure 5.16' Effect of changing the pressure on the 
amount of kg steam/kg pure alcohol for ethanol/water system 
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5.13.3 Calculations of the operating lines 
The operating lines equations for the two columns 
where the feed to first column is 27 mole percent alcohol 
are calculated as:-
1. 'l'he upper operating line for column (1) 
Above 14% water 
XF~0.14, Dl = 93.8 kg mol/hr, and ~ = 0.1 
Y =(~) Xn+l +(~)~ 
Y = 167 X + 93.8 X 
n 261 n+l 2~ -n 
Y = 0.6398 X 1 + 0.359 X n n+ -1) 
Operating line from X = 0.73 to X = 0.14 
Y '"' (;)Xn+l + DIXl - ~2X2 
Y = 23A X 1 +' 93.8 x 0.1 - 66.8 ,>0.14 
261'. n+ 261 
Y = 0.897 X 1 + 0.000107 
n n+ 
2. The lower operating line for column (1) 
From X = 0.73 Feed to ~ = 0.999 water 
Wl = 73 kg mol/hr 
Ym '" 334 Xm+l - EL le 261 261 -~ 
Y = 1.2797 X 1 - 0.2794 
m m+ 
.. 
.; 
tI' 
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3.' 'The upper operating line for column (2) 
~ater = 0.14, ~eed = 0.1 
Y = 194.5 ~+l + 66.8 ~ 
n 261 261 
Y
n 
= 0.745 Xn+l + 0.258 ~ 
4. The lower operating line for column (2) 
W2 = 27 kg mol/hr, ~ = 0.001, ~eed water = 0.1 
Y 288 X 27 X 
m = 261 m+l -26"1 -~ 
Y = 1.104 X 1 - 0.000103 
m m+ 
To get accuracy in reading the vapour-liquid equilibrium 
it is necessary to magnify the information by plotting the 
data logarithmically as considered previously with respect 
to the lower ,.~oncentration component (wl!.ter) and as shown 
in figUl'e (5.17) and (5.17.1), respectively. 
The 3.29 atm pressure data were extrapolated past the 
azeotropic by the use of Margules equations. Refer to Otsuk 
(1953), the constants of Mar~nle'!r equations are 
b = 1. 5796 and c = 0.6859 
So, 
in Y = b ~+e~ 1 
xi ex3 and In Y2 = b Xr 2 + 3/2 b - 1 
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Thus from ~he above equations, the vapour cpmposition 
is obtained as 
0.05 
0.02 
. 0.005 
0.1 
y 
water 
0.062 
0.025 . 
0.0062 
0.11 
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Figure 5.17..Vapour.liquid equilibrium data for water/ethanol 
at 3.29 atm pressure Column (2) 
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14-__ -1._~_...l._ ___ _L. __ _L. __ L__L___L_L___L_._JI.() 
0.1- J( - 0 14 ~. = 0;1 -llW- •. liquid compesition of water X liquid water 
Figure 5.17a Vapour-liquid equilibrium data for water/Ethanol 
at 3.29 atm pressure (co1urun 2), between ~ = 0.14 and 1).=0.1 
(for water). 
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6.14 Conclusions 
The previous work of Freshwater and Henry (1977) was 
based on ideal mixtureoolhydrocarbons which were easy to 
separate by conventional system with a high recovery. 
It is not possible to apply Henry's rules on non-ideal 
mixtures such as Acetone/Cumene/and Phenol, where it needs a 
very high reflux and a large number of theoretical stages 
for the separation, so the reboiler and the condenser load 
is increased. 
It is equally impossible to apply the previous rules on 
azeotropic non-ideal system as in Ethanol/Water/Benzene system. 
Unless some techniques of heat economy in distillation 
are applied non-ideal systems are likely to use a very 
large amount of heat for the separation simple teChniques 
e.g. changing the reflux ratio at the rectifying sections as in 
Acetone/Cumene/and Phenol system, and it was found that the 
percentage saving in the total reboiler load is 16% as considered 
previous ly. 
A more sophisticated technique such as the vapour-reuse 
or multieffect principles may be used in more complex systems 
such as Ethanol/Water/Benzene. It was found by using the 
double effect column each is operating at different pressures 
the amount of kg steam/kg pure ethanol is 4.1 at 3.29 atm 
(H.P. column) and 0.66 atm at the (L.P. column), increasing the 
pressure of the (H.P. column) will reduce the amount of kg steam/ 
kg pure alcohol as considered previously. The amount of saving in ste, 
used is 20% for that used for conventional process arrangements. 
Chapter six. 
Application of energy integration 
to a real mixture 
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Chapter Six 
Application of energy integration to a real mixture. 
6.1 Introduction 
In this chapter energy integration is applied to a real 
mixture of near ideal components that is distilled by Conoco 
Ltd at their Humber refinery. 
Energy matching between reboilers and condensers within 
the configuration was considered for simple energy matching 
(SEM) , and complex energy matching (CEM). 
The units separate light hydrocarbons using three 
distillation units (stabilizer, propane/butane splitter and 
gasoline splitter). These units are connected as shown in 
Figure (6.1). 
The stabilizer separates propane (C3) and butane (C4) from 
pentane (C5) and gasoline. The gasoline splitter separates the 
light gasoline from the heavy gasoline, and the propane (C3)/ 
butane (C4) splitter separates propane from butane. 
The feed mixture is charged from the de~ethanizer to the 
stabilizer as a liquid at it is boiling point and is assumed 
ideal. 
6.2 Separation of the light hydrocarbons by distillation. 
Feed to the stabilizer is taken from the de-ethanizer column 
as a bottom product. The de-ethanizer bottom liquid is charged 
to the stabilizer which takes the light hydrocarbons as an overhead 
and the heavy hydrocarbons as a bottom product. 
-299-
The liquid feed from the de-ethanizer is fed to the three 
units connected as in figure (6.1). 
The feed contains lJ:Iydrogen sulfide, Ethane, Pro~ne,. 
Propane, But~ne Iso-Butane, N-Butane, PenlEne, Iso-Pentane, 
N-Pentane, and Hexane) charged from the de-ethanizer to the 
stabilizer. 
The overhead product taken from the stabilizer consists 
of Propane and Butane and the bottom product is Pentane and 
gasoline. 
Propane and Butane are charged from the stabilizer to a 
Propane/Butane splitter. The column overhead, Propane is sent 
to the storage as a product. 
Butane is the bottom product from the splitter and is routed 
directly to the storage as a product. 
Sour amine is regenerated in an amine still and the Hydrogen 
sulfide is charged to sulphur plant. 
Gasoline is split in a distillation column and the heavy 
gasoline is recylced as lean oil to the absorber. 
Surplus lean oil and gasoline splitter overhead are combined 
as gas recovery plant (GRP) gasoline product. 
6.3 Process description 
Operation of the de-ethanizer column, stabilizer, gasoline 
splitter and Propane/Butane splitter remains unchanged. 
Propane from Propane/Butane splitter is routed to the existing 
liquid amine cont actor. for hydrogen sulphide removal. 
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The Propane is dried using flake caustic. 
Butane from propane/Butane splitter is combined with 
hydrogen and charged to the existing hydrotreater reactor 
system for olefine saturation and mercaptan conversion. 
Gas from the stabilizer can be routed to the compressor 
section discharge, depending on operating pressure. Butane 
from the stabilizer bottom is dried using flake caustic before 
being sent to storage. 
Overhead from the gasoline splitter can be Merox treated 
or routed directly to store for reprocessing. 
Bottoms from the splitter is routed to the absorber system 
as lean oil with the surplus routed to store or combined with 
, 
light gasoline for Merox treating.'(i-e. sulphur removing process) 
Feed 
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Figure 6.1 Separation of the light hydrocarbon mixture taken from 
Conoco Ltd, Humber Refinery 
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6.4 Design calculation 
6.4.1 Design of the distillation column at the light hydrocarbon en, 
Data on the feed are taken from Conoco Ltd and all" the design 
calculations were done' at Loughborough, using a plate-to-plate 
calculation (Khan programme), for each column. 
The design was split up into the following sections. 
~.4.l.a. Design of distillation column without energy integration. 
6.4.l.b. Design of distillation column with energy integration. 
l.b.l. Energy integration without intermediate heat exchangers 
1.b.2. Energy integration with intermediate heat exchangers. 
6.4.l.a. Design of distillation column without energy integration 
Three distillation units are considered, the stabilizer, 
Propane/Butane splitter and the gasoline splitter. The feed 
mixture entering the first unit (the stabilizer) is the bottom 
product from the de-ethanizer. Thus the mixture is (H2S,C2C3'C3 
C4,I-C4,N-C4,CS,I-CS,N-C5 and C6). 
The data required are. 
1. Feed rate to each unit. 
2. Feed composition or component flow rate. 
3. Feed temperature and pressure. 
4. Top and bottom temperature and pressure. 
5. Number of theoretical stages. 
6. Reflux ratio. 
7. Feed plate location to give a best separation. 
8. Condenser specification. 
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9. Physical properties of each component in the mixture. 
All the above data are taken from the Humber Refinery and 
the columns are designed using plate-to-plate calculation(Khan 
progrannne). The only differences is the physical properties data 
which includes the vapour-liquid. equilibrium and vapour-liquid 
enthalpy. 
The vapour-liquid data in Khan progrannne is generated by 
IIsing..Antoine equation coefficients, where as the vapour-liquid 
equilibrium data used by the company are generated from Choa 
and Seader (1968) correlation for ideal mixture. 
The enthalpy data is supplied to the progrannne as a three 
degree polynomials as a function of temperature, taken from Maxwell .. 
data book or Yen and Alexander (1965). 
The differences in generating the vapour-liquid equilibrium 
affects the temperature, reboiler and condenser load. 
Table (6.1) and (6.2) give the data and the results from 
Khan progrannne and Humber refinery calculation respectively. 
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Table .6.1 Data and results from Khan programme (1965) 
Stabilizer C/C4 Splitter Gasoline I Splitter 
Reflux ratio 1.381 2.291 0.0 
No. of theore ti ca 1 stages 17 20 7 
Feed plate location 8 10 5 
0 Top temperature C 66.468 47.51 78.359 
Bottom temperature 0-c 143.919 101.904 94.155 
Top pressure (atm) 10.252 16.102 3.517 
Bottom pressure (atm) 11.068 16.988 3.721 
Feed pressure (atm) 10.609 16.521 3.653 . 
0 Feed temperature C 110.193 71.233 93.228 
Condenser load (Watt) 11,932,300 5,724,200 1,836,00 
Reboi1er load (Watt) 9,585,100 5,988,600 0.0 
Feed rate (Mole/Hr) 3149.4 1925.5 1223.9 
Distillate rate (Mole/Hr) 1925.5 880.6 563.8 
Bottom rate (Mo1e/Hr) .. 1223.9 1044.9 660.1 
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Table 6.2 Humber refinery calculations * 
Reflux ratio 
No. of actual stages 
Feed plate location 
o Top temperature ( C) * 
Bottom temperature (oC) * 
Top pressure (atm) 
Bottom pressure (atm) 
(Before A and B X-417) 
o Feed temperature ( C) * 
Feed pressure (atm) 
Condenser load (Watt) * 
Reboi1er load (Watt) * 
Feed rate (Mole /Hr) 
Distillate rate (Mo1e/Hr) 
Bottom rate (Mo1e/Hr) 
'" Note: 
Stabilizer C3/C4 Sp1itter Gasoline Splitter 
1.381 2.291 
34 40 
17 20 
48.888 43.333 
133.333 102.222 
10.252 16.102 
11.068 16.988 
86.111 66.111 
10.524 16.466 
9,902,800 4,800,500 
7,690,200 5,263,500 
3149.4 1925.5 
1925.5 880.6 
1223.9 1044.9 
0.0 
16 
13 
68.333 
87.222 
3.517 
3.721 
87.222 
3.715 
1,267,000 
0.0 
1223.9 
563.8 
660.1 
Some of these data are taken from the actual plant e.g. 
feed composition, reflux ratio and number of p'lates and some 
are calculated e. g. temperatures, reboilers and condensers loads. 
The calculated data are indicated by an (*) asterisk against 
the heading. 
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Table (6.1) shows there is not much difference in the 
results obtained from (Khan programme) and the data given by 
Humber refinery, if the plate efficiency is assumed to be 50%. 
The differences are due to. 
1. Different computer programme have been used. 
2. Different methods of generating the 18pour-liquid 
equilibrium data have been used. 
3. The enthalpy data are taken from Maxwell data book 
for hydrocarbons or Yen and Alexander (1965) for saturated 
vapour and saturated liquid. 
The mixture is assumed ideal therefore a short-cut method 
calculation is used first to calculate the minimum reflux ratio, 
theoretical number of plates and the approximate value of temperatur, 
pressures, reboiler and condenser load for the stabilizer and 
Propane/Butane splitter. It was found that, the minimum reflux 
ratio is equal to 0.69 and 1.145, the number of theoretical 
plates are 17 and 20 for the stabilizer and Propane/Butane 
splitter, respectively. Thus, the scale up of the actual reflux 
to the minimum is 2.0 and the plate efficiency is 50%. 
Plate-to-plate calculations are used to design the gasoline 
splitter. The reflux ratio is constant and equal to zero. All 
the results are given in table (6.1). 
6.4.l.b. Design of distillation column with respect to energy 
integration: 
Two parts are considered to design the distillation column 
with respect to energy integration. 
6.4.1.b.l. Energy integration without intermediate heat exchanger. 
Energy integration is considered between reboilers and 
condensers only. 
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From the results, it was found that no energy matching 
occurred between the reboi1ers and condensers. Thus, the operating 
pressure at the top of the gasoline sp1itter (column (3~ is 
increased, which increases the temperature at the top of the 
column. As shown in figure (6.2) and (~.3). 
Figure (6.2), shows that the temperature of stream (C) 
is less than the temperature of stream (E). To consider energy 
matching between these two streams, the operating pressure is 
varied and is increased to 8.5 atm which brings the temperature 
of stream (C) to a value which can be matched with the bottom 
stream of Propane/Butane splitter stream (E). The minimum 
temperature differences between streams exchanging heat is assumed 
o to be 5 C. 
Table 6.3 gives the top and bottom temperature, pressure, 
condenser and reboiler load of the three colum~s (stabilizer, C3/C4 
splitter and gasoline splitter), Where the pressure at the top of 
gasoline splitter is increased to 8.5 atm. 
Table 6.3 Temperature, pressure, condenser and reboiler load of 
the three columns. 
Stabilizer ~3/C4 Splitter Gasoline 
Splitter 
Top temperature (oC) 66.468 47.51 110.054 
Bottom temperature (oC) 143.919 101.904 125.573 
Top pressure (atm) 10.252 16.102 8.5 
Bottom pressure (atm) 11.068 16.988 8.7 
Reboi1er load (Watt) 9,585,100 5,988,.600. 0.0 
Condenser load (Watt) 11,932,300 5,724,200 1,645,500 
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The energy matching between condenser of column (3) 
(gasoline splitter) stream (C) and reboiler of column (2) 
(C3/C4 splitter) stream (E) is calculated by: 
The condenser load of the gasoline splitter = 1,645,500 \Jatl 
The reboiler load of the propane/butane splitter = 5,988,600 Wa.tt 
Then, 
The reboiler load of propane/butane splitter = 5,988,600-1,645,500 
= 4,343,100 Wa.H 
Total reboiler load = Reboiler load of stabilizer + Reboiler load 
of C3/C4 splitter + gasoline splitter 
= 9,585,100 + 5,988,600 = 15,573,700 
Total reboiler load with energy integration = 9,585,100 + "4,343,100 
= 13,928,200 
Percentage saving in total reboiler load = 15,573,700 - 13,928,200 
15,573,700 
= 10.6% 
6"4.1.b.2. Energy integration with intermediate heat exchanger 
The investigation of the possibilities of energy integration 
with intermediate heating and cooling by using interstage heaters 
and coolers, respectively at the pinch points is considered. 
Thus, for the stabilizer and the Propane/Butane splitter the pinch 
points location was determined by a course of plate-ta-plate 
calculation, for the gasoline splitter no pinch points are considered 
To investigate this possibility, assume that the stabilizer 
and the Propane/Butane splitter are operated at" minimum reflux ratio 
of (1.0 x R • ) and less than the minimum of (0.8 x R . ). 
nun ml.n 
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Heat added at the pinch points is equal to the differences 
between the heat required for the usual reflux ratio (2.0 x R • ) 
IIll.n 
and the heat input into the reboiler under this mode of operation 
(between 0.8 and 1.0 x R .). Similarly the heat removed above 1D1n 
the pinch points is equal to the differences between the heat 
required for the usual reflux ratio (2.0 x R • ) and the heat 
m1n 
removed from the condenser under this mode of operation (between 
0.8 and 1.0 x R • ). 
IIll.n 
Table 6.4 gives the results when energy integration with 
intermediate heaters and coolers is considered at the Iinch points 
at the minimum reflux (1.0 x R . ) condition. 
m1n 
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Table 6.4 Results at minimum reflux condition (1.0·x R . ). 
IDl.n 
Stabilizer 
Top temperature (oC) 66.488 47.649 
Bottom temperature (oC) 143.835 101.602 
Top pressure (atm) 10.252 16.102 
Bottom pressure (atm) 11.068 16.986 
Top intermediate Temp (oC) 98.164 55.406 
Bottom intermediate Te~ 
(C) 125.291 86.556 
Top intermediate pressure 
(atm) 10.507 16.381 
Bottom intermediate pressure 
(atm) 10.711 16.661 
Reboi1er load at the base 
(Watt) 4,963,400 2,985,800 
Condenser load at'the top 
(Watt) 6;136,700 2,856,500 
Intermediate reboiler load 
(Watt) 4,792,500 2,994,300 
Intermediate condenser load 
(Watt) 5,966,200 2,862,200 
Top intermediate stage 6 7 
Bottom intermediate stage 10 13 
Gasoline 
Splitter 
110.054 
125.573 
8.5 
8.7 
0.0 
1,645,500 
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As shown in table (6.4) no intermediate heaters and· coolers 
is used in the gasoline splitter, because the reflux is 
zero and the column is operated as a flash column, 
(all the overhead vapour (light gasoline) is condense rl and routed 
to the Merox treater and then to the storage}. 
Figure (6.4), shows the temperature of each stream in the 
configuration, where energy matching is considered between stream 
'(C) and stream (E) and between streams (a) and (d). 
The calculation of saving;in energy with respect to intermediate 
heaters and coolers are as follows: 
1. Matching between stream C and E 
Reboiler load at the base of column (2) (C3/C4 splitter), 
at 1.0 x R. = 2,985,800 
ml.n 
Condenser load at the top of column (3) (gasoline splitter) 
= 1,645,500 
Reboiler load at the base of column (2) (C3/C4 splitter) 
= 2,985,800 - 1,645,500 
= 1,340,300 
2. Matching between streams a and d 
Intermediate reboiler load of C3/C4 splitter (at 1.0 x Rmin) 
stage No (7) = 2,994,300 
Intermediate condenser load of stabilizer at (1.0 x R . ) 
ml.n 
stage No(13} = 5,966,200 
Intermediate reboiler load of C3/C4 splitter 
= 2,994,300 - 5,966,200 = -2,971,900 
Total reboiler load without energy integration = 15,573,700 
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Total reboi1er load 
Column (1) (Stabilizer) = 4,963,400 + 4,792,500 = 9,755,900 
Column (2) (C3 /C4 sp1itter), = 1,340,300 
Column (3) (gasoline splitter) = 0.0 
Total reboiler load = 11,096,200 
Percentage saving in total reboiler load = 15,573,700 - 11,096,200 
15,573,700 
= 28% 
The condition of reflux ratio less than the minimum is assumed. 
Table (6.5) gives the results of the stabilizer and C/C4 splitter 
with energy integration with intermediate heaters and coolers, where 
heat is added and removed at the pinch points at the condition of 
reflux less than the minimum. Heat added at the pinch points is 
equal to the differences between the heat required for the usual 
reflux ratio (2.0 x R . ) and the heat input into the reboiler 
m1n 
at the bottom at (0.8 x R .). Similarly the heat removed above 
m1n 
the pinch points is equal to the differences between the heat 
removed for the usual reflux ratio (2.0 x R . ) and the heat 
. m1n 
removed from the condenser at the top at (0.8 x R' • ). 
m1n 
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Table 6.5 Results at a reflux less than the minimum of 
(0 .8 X R . ) 
m1n 
T t t (oC) op empe ra ure 
B ( oC) ottorn temperature 
Top pressure (atm) 
Bottom pressure (atm) 
Top intermediate 
temperature (oC) 
Bottom intermediate 
o tempe ra ture ( C) 
Reboi1er load at the 
base (Watt) 
Condenser load at the 
top (Watt) 
Intermediate reboi1er 
load (Watt) 
Intermediate condenser 
load (Watt) 
Stabilizer 
66.499 47.743 
143.78 101.433 
10.252 16.102 
11.068 16.986 
96.56 54.924 
125,715 87.116 
4,087,500 2,551,800 
4,849,900 2,450,200 
5,751,000 3,593,300 
7,159,500 3,434,600 
Gasoline 
Splitter 
110.054 
125.573 
8.5 
8.7 
0.0 
1,645,500 
Figure (6.5) shows, the temperature of each stream in the 
configuration where energy matching is applied between stream (C) 
and stream (E) and between stream (a) and (b). 
The calculation of saving in energy with respect to intermediate 
heaters and coolers are as follows: 
1. Matching between stream C and E 
Reboiler load at the base of column (2) (C3/C4 splitter) at 0.8 x Rmi 
= 2,551,800 
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Condenser load at the top of column (3) (gasoline splitter) 
= 1,645,500 
Reboiler load at the base of column (2) (C3 /C4 splitter) 
= 2,551,800 - 1,645,500 
= 906,300 
2. Matching between stream a and d 
Intermediate reboiler load of column (2) (C3/C4 splitter) at 
1.2 x R • 
ml.n = 3,593,300 
Intermediate condenser load of column (1) (stabilizer) at 
1.2 x R . 
=n = 7,159,500 
Intermediate reboiler load of column (2) (C3/C4 splitter) 
= 3,593,300 - 7,159,500 
=-3,566,200 
Total reboiler load 
Column (1) (stabilizer) = 4,087,500 + 5,751,000 = 9,838,600 
Column (2) (C3/C4 splitter) = 906,300 
Column (3) (gasoline splitter) = 0.0 
Total reboiler load = 10,744,800 
Percentage saving in total reboiler load 
= 15,573,700 - 10,744,800 
15,573,700 
= 31% 
The steam rate is cakulated for the stabilizer and C3 /C4 
splitter. 
as, 
at 11.204 atm steam the latent heal) 
= ~0055 x 10 J/Kg for the stabilizer 
and at 4.4 atm steam 6 = ·2151 x 10 J/Kg for the C/C4 splitter. 
Table 6. 6 gives the rate of steam used for the stabilizer 
and C3/C4 splitter with?ut energy integration, with energy 
integration without and with intermediate heat exchangers • 
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Table 6.6 Rate of steam for the stabilizer and C3/C4 splitter 
Stabilizer C3/C4 splitter Gasoline 
splitter 
Steam rate without 
energy integration (Kg/hr) 17,206 10,023 27,229 
Steam rate with 
energy integration 
without intermediate 
heat (Kg/hr) 17,206 7,269 24,475 
Steam rate with energy 
integration with 
intermediate heat 
(Kg/hr) at 1.0 x R . 
mn 
17,206 2,243 19,449 
Steam rate with energy 
integration with 
intermediate heat 
(Kg/hr) at 0.8 x R . 17,206 1,516 18,722 
mn 
The results show that, when energy integration is considered 
wi thout intermediate load the savings in total reboiler load is 10%, 
this is increased to 28% when intermediate heaters and coolers 
, 
are considered and the columns are operated at minimum reflux :ratio, 
thus it gives about 18% saving from the energy integraticnwithout 
intermediate heaters and coolers • When the reflux ratio is 
reduced at the top and bottom of the column to 0.8 x R . , the 
m1n 
savin~in total reboiler load is increased to 31% which gives 
about 20.4% savings from the savings at minimum reflux and 2.25% 
savings from the savingswith energy inegration without intermediate 
heat. Operating in this way increased both the diameter,height 
of the column and no allowance has been made for this, i.e. the 
calculated savingsis purely one of energy. 
The savings. in steam is proportional to the savings in total 
reboiler load 
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Chapter Seven 
Application of optimal heat exchanger networks 
7.1 Previous Work: 
The development of a theoretical approach to system" 
synthesis is drawing increasing attention in various fields 
of engineering including process engineering. 
Process system synthesis involves determining the optimal 
interconnection of processing units as well as the optimal 
type and design of the processing units within a process system. 
An important process design problem is the synthesis of 
minimum cost network of heat exchangers to transfer the excess 
energy for a set of hot streams to streams that require heating 
(cold stream s). 
The optimal heat exchanger network has been studied by 
several workers, Hwa (1965), Kes1er and Parker (1969), Masso 
and Rudd (1969), Ichikawa and Fan (1973), Lee et a1 (1970), Pho 
and Lapidus (1973), Rathore and Powers (1975), Nishida and 
Lapidus (1977), Linnhoff and ~lower (1977). The problem can 
be stated thus:- given (n) streams to be heated and (m) streams 
to be cooled to find the heat exchanger network which will carry 
out the desired temperature changes with the minimal cost. The 
cost is made up of two factors. 
1. The cost of heat exchangers to carry out the energy transfer. 
and 
2. The cost of utilities which might be required to process each 
stream to its required final condition (temperature). 
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The optimal solution to this problem usually involves an 
integration of the hot and cold streams in heat exchangers to 
reduce the need for outside energy sources and sinks (utilities). 
Hwa (1965), proposed a separable programming approach for 
optimal heat exchanger. Kes1er and Parker (1969), formulated 
the energy integration as a linear programming problem. Masso 
and Rudd (1969) used heuristics to determine the proper energy 
matches which would lead to efficient heat exchanger networks. 
Ichikawa and Fan (1973), have proposed a search method 
based on the maximum principle. Lee et a1 (1970) solved the 
problem of optimal heat exchanger networks by branch and bound 
technique. 
Branch and bound methods (Law1er and Wood (1966», Mitter 
(1970) are schemes for searching for optimal solution. The 
power of the methods derives from the fact that, for certain 
problems only a small fraction of the possible solutions need 
actually be enumerated. The remaining solutions are eliminated 
from consideration through the application of bounds that establish 
that such solution cannot be optimal. 
These methods involve basic steps. 
1. Branching, which consists of dividing Ie..tS of soi.utiODS into 
subsets. 
2. Bounding, which consists of establishing bounds on the'va1ue 
of, the objective function over subsets of the solutions. 
The basic strategy is to generate sets of subprob1ems by 
decomposing the original problem. Each set of the subprob1ems 
is checked to See if it possesses 'solutions within the boun<ls. 
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If the solution'l to a given subset of problems are outside the 
bounds then the subset is no longer considered. 
Techniques like branch and bound Lee et al (1970), and 
tree searching Pho and Lapidus (1973), have helped to reduce 
the number of combinational possibilities to be enumerated 
but the largest problem solved no more than ten streams (Pho 
and Lapidus (1973». 
An alternative synthesis method presented by Ponton and 
Donaldson (1974) is mainly based on the heuristics of always 
matching the hot stream of highest supply temperature with the 
cold streams of the highest target temperature. 
Rathore and Powers (1975), pointed out that costs for 
steam and cooling water will normally be more important than 
the cost for plant to the extent where several, quite disimilar 
network topologies will all feature near optimal costs in so 
far as they feature near maximum eriergy recovery. The procedure 
is: 
1. To identify the upper bounds on energy recovery for a 
given problem. 
and 
2. To carry out a depth-tree search in order to rapidly 
identify some, but not all networks with maximum or near 
maximum energy recovery. 
Nishida and Lapidus (1977), give the approach synthesis of 
minimum cost networks of exchangers. The synthesis strategy 
adopted is to create a network of a minimum investment cost with 
a maximum amount of heat exchange among hot and cold process 
streams. Specifically, optimization principle are used first 
to "explore analytically the necessary conditions for minimizing 
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the total heat transfer area of the network when the investment 
costs of exchangers are approximated as linear function of their 
heat transfer areas. 
The necessary conditions ·derived suggest a simple and 
practical algorithm called the minimum area algorithm for the 
synthesis of a minimum area and nearly minimum cost network of 
exchangers, heaters and coolers. The next step is to employ 
a set of simple evo1u tionary rules to systematically modify 
the resulting minimum area network so that the total cost of 
investment and utilities can be reduced. 
Siiro1a (1974), Hohmann (1971) presents a method for 
synthesis of minimum area networkwhich also include s techniques 
for assuming a suitable approach temperature and given utility 
supplies. Hchmann and Lockhart (1976) describe developments which 
are aimed at assuming the feasibility of a network of exchangers 
by examination of the minimum approach temperature found in the 
network. Both technqiues indirectly provide correct estimates 
of resource requirements by confirming the feasibility of a 
network for assumed utility supplies. 
The majority of published studies on the synthesis of heat 
exchanger networks have given very little theoretical guidance 
on how hot ot cold process streams are to be optimally exchanged 
as well as where heaters and coolers should best be placed in the 
network. 
It has been assumed that if a process stream does not reach 
its desired output temperature it reaches its output temperature 
by an exchange with a utility stream in an auxiliary heater or 
cooler. 
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The matching of a process stream with heating or cooling 
utility is thus restricted to its last matching step. 
This approach, however will often exclude many cheaper 
networks. Furthermore, in most previous synthesis techniques, 
there has been no provision in which a stream is exchanged 
more than once with another stream. Both of these will 
frequently lead to the creation of networks with high energy 
recovery and less total cost. 
A new method by Linnhoff and Flower (1977) called the 
temperature interval TI-method " is proposed which also 
makes use of the fact that desirable network structure will 
normally feature high degrees of energy recovery. 
The method deals with the problem in two stages. ' 
1. Preliminary networks are generated which exhibit the 
highest possible degree of energy recovery. 
2. Preliminary networks are used as convenient starting 
points when searching for the most satisfactory network 
from other points of view. 
For the first stage the original synthesis proplem is 
split into subproblems each of which extends over a limited 
temperature interval only. Synthesis of subnetworks which 
solve these subproblems is trivial even when carried out in 
a way which ensures maximum overall energy recovery. The 
approach is based on thermodynamic theory and is thoroughly 
systematic. Combinational problems are considerably reduced 
since suitable networks can be methodically assembled from 
smaller units so that there is no need to carry out searches 
through the computer solution space. 
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In cases where maximum energy recovery would require 
too complex, or too expensive a network, this will be recognized 
during the synthesis and introduction of parra11e1 stream 
splitting may be considered. The second stage is the search 
for the most satisfactory final network. The temperature 
method a11ows:-
1. The identification of the upper bound on energy recovery 
for a given heat exchanger network synthesis problem. 
This method is based on entha1py balances which form the 
basis of the methods of Hohman (1971) and Nishida et a1 
(1977). 
2. The systematic generation of a variety of networks which 
perform at this upper bound. 
The networks are produced by the TI-method with very small 
computational effort. This has been made possible by interpreting 
the problem on thermodynamic rather than a combinational grounds. 
The physical constraints which govern the feasibility of heat 
transfer are kept as relaxed as possible by an entirely systematic 
procedure. 
7.2 Heat exchanger networks in distillation: 
The overall problem of finding the optimal design of heat 
exchanger networks in the. configuration can be divided into three 
parts. The first is that of finding the optimal configuration 
for least energy without heat interchange. This problem was 
considered by Freshwater and Henry (1977). The second is to 
examine the different configuration to find the optimal design 
for least energy with heat interchanging between condensers 
and reboilers only. This was considered by Rathore (1974), 
Freshwater and Ziogou (1976). The third part is to find the 
optimal design for least energy with heat interchange and 
with intermediate coolers and heaters supplied at the pinch 
points in the column. 
There is no analytical method for determining t~e optimal 
heat exchanger network. The possibilities which were examined 
by Rathore (1974) for five component systemS are very large 
there being 15 streams and 14 configurations to be considered. 
The application of the heuristics reviewed earlier to 
distillation columns operating at constant pressure, where energy 
matching is considered between reboilers and condensers only. 
This is because the severe constraints on such systems limit 
the number of feasible methods to less than 5 (and usually less 
than 3). Therefore the possibilities can be seen by inspection 
and examined relatively early. In several cases examined, there 
are only two streams exchanging heat and the degree of freedom 
is 1.0. So, there is no ·optimal" possibility for heat exchanger 
networks. 
When more than two heat exchangers are involved the problem 
of finding the optimal solution can become very complex. For 
example, Lee et al (1970), have shown that for four streams energy 
integration problem some 4200 possible solutions can be identified. 
Thus, all the other methods given previously are considered for 
four and more streams to be matched. 
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To increase the feasibility of energy matching between 
streams exchanging heat, and the possibility of heat exchanger 
networks in distillation columns, intermediate heaters. and 
coolers are considered at the pinch points above and below the 
feed stage respectively. So in this case the possibility of heat 
exchanger networks is increased, and the degree of freedom is 
increased. Thus, the optimal heat exchanger networks can be 
considered. The Linnhoff method is considered to be the most 
powerful and is applied in this case. Examples are given later 
for the two cases. 
Rules of thumb have been proposed to reduce the labour 
involved in searching these many alternatives. These rules 
are given by Rathore (1974) and were discussed in Chapter (2) 
The matches considered by Rathore (1974), were those 
between condensers and reboi1ers only because the heat load of 
vapourization.and condensation are usually much larger than the 
sensible heat loads. The temperature remains the same during 
condensation and vapourization. In addition to the feasibility 
of a match, it is also necessary to know the amount of energy 
available to each source and the amount required at each sink, 
and the temperature at the top and the bottom of each column 
.in the configuration and for each feed. 
The uncompleted matching of sources and sinks of energy 
results in a matching at its original temperature. This 
unmatched portion is then considered for further matches with 
other sources or (sinks) within the system. The important 
feature is that the temperatures of the stream do not change 
when the match is made. 
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This assumes no sub cooling and superheating during phase change. 
Freshwater and Ziogou (1976), applied the same rules given by 
Rathore (1974) for four component mixtur~by assuming that the 
minimum approach temperature difference between streams exchanging 
. SoC. energy 1S And the feasibility matrix for a five and four 
component systems was determined by examining the temperature 
at the top and the bottom of each column in each configuration 
and for each feed type •. 
In this work energy matching is considered for four 
component systems with intermediate coolers and heaters supplied 
at the pinch points above and below the feed plates. Rathore's 
(1974) rules and Linnhoff (1977) method are applied in this work 
to find the optimal heat exchanger network and the possibilities 
in four component mixtures for two configurations (I and 11). 
The optimal heat exchanger network is considered for four 
component mixtures between condensers and reboilers only, and 
between intermediate heaters and coolers for the two configurations 
(I and II). 
An example is given below to show the optimal heat exchanger 
network in the two configuratiors and for the two cases (with and 
without intermediate heaters and coolers). 
7.3 Example: The mixture is Iso:-butane,N-butane, N-Pentane and 
Hexane, is separated by three distillation columns in two different 
configurations (I) and (11), the feed compositions are 0.25, 0.25, 
0.25 and 0.25, feed flow rate is 400 kg Mol/hr, feed temperature 
is 75.6oC and constant pressure is assumed for each of the three 
columns of 6.8 atm. 
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7.3.1. Optimal heat exchanger networks considered between 
condensers and reboilers only without intermediate 
heaters and coolers: 
Figure 7.1 (a,b), shows the two configurations (I and 11) 
respectively for the above mixture. 
7.3.1.1. Heat exchanger networks calculation for each configuration. 
In configuration (I), heat exchanger network is feasible 
between streams(C) and (D) only, where the top temperature of 
column (3) (condenser) is 107.20 C and the bottom temperature of 
column (1) (reboiler) is 95.90 C, the temperature differences 
between the streams exchanging heat is aT ~ 11.3, So, energy 
matching is considered between the hot and the cold stream~. 
C ... D Matching 
Reboiler load at column (1) = l7,34i,000 kJ/hr 
Condenser load at column (3)= 6,125,000 
Reboiler load at column (1) = 17,341;000 6,125,000 
= 11,215,000 kJ/hr 
Heater is needed to heat the rest. 
In configuration (11), heat exchanger network is available 
only between stream (C) and stream (E), where the temperature 
at the top of column (3) (condenser) is 107.50 C and the bottom 
o temperature of column (2) (reboiler) is 64.8 C, the temperature 
difference between streamsexchanging heat is 6T = 42.7~C, so 
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energy matching is considered between hot and cold stream s 
C ... E Matching 
Reboiler heat load at column (2~ = 14,432,000 
Condenser heat load at column (3) = 6,108,000 
Reboi1er heat load at column (2) = 14,432,000-6,108,000 
= 8,323,000 kJ/hr 
Heater is needed to heat the rest of stream (E) 
7.3.1.2 Cost Calculation: 
Configuration I 
Cost of exchanger (1) (between stream (C) and (D) ) 
as shown in figure (7.1a) 
The cost data are taken from Linnhoff (1977) Part (1) 
6T = 11.3 + 273 = 284.30 k. 
area (A) _ 2,679,000(kcal/hr) x 3.97 x 0.29307 = 14.618 m2 
- 750 x 284.3 
Cost of exchanger = 3000 x (14.618)0.5 = $ 11470. 
Cost of steam of exchanger (1) 
Cost = 0;006 x -.,..;1,=_ 
1676 
= $40.15/hr. 
Configuration 11 
x 2,679,000 x 4186.8 
1000 
Cost of exchanger (1) (between stream (C) and (E» 
as shown in figure(7.1b) 
6T = 42.7 + 273 = 315.7ok. 
area (A) = 1,988,000 (Kca1/hr) x 3.97 x .29307 = 9.788 m2 
750 x 315.7 
Cost of exchanger = 3000 x (9.7688)0.5 = $ 9376.53 
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Figure 7.1 (a,b). 
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Cost of steam = 0.006 x 1 x 1,988,000 x 4186.8 
1676 1000 
= $29.797/hr. 
To increase the feasibility of energy matching between 
streams exchanging heat, and the possibilities of optimal heat 
exchanger networks in distillation,columns with intermediate 
coolers and heaters are considered at the pinch points above 
and below the feed stage respectively. 
7.3.2. Optimal heat exchanger networks considered between 
condensers, reboilers and intermediate heaters and coolers. 
Figures 7.2 (a,b), shows the intermediate heaters and 
coolers, where the feasibility of energy matching is increased. 
To consider the optimal heat exchanger networks for 
configurations(1 and 11). 
1. The temperature at the top, bottom and at the intermediate 
section of each column should be considered. 
2. TIle amount of energy available at each source and the 
amount of energy required at each sink should be considered. 
Energy matching is considered between, 1.) condensers and 
reboilers only, and 2) between heaters and coolers at the 
intermediate section. 
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7.3.2.1 Heat exchanger networks calculation for configuration (11) 
For configuration (11) figure (7.2b) the energy between 
streams are considered. Stream (C!) is matched with stream (ID. 
Stream (c) is matched with stream (d) 
Stream (a) is matched with stream (e) 
and stream (c) is matched with stream (e) 
The uncompleted matching o~ sources and sinks of energy 
results in a matching at its original temperature is considered 
for further matches with other sources and (sinks) within the 
system. 
The amount of heat available and required for each source 
and sink respectively are given in table (7.1). 
Table 7 1 Data for configuration (II) • 
Stream Source Sink Sink °e aToe 
(kJ/hr) Ir source °e Stream (kJ/hr 
e 5,1.49,700 107.4 E 11,899000 64.9 42.4 
c 1,222,700 120.2 d 1, 753,00 85.5 34.7 
a 1,448,000 67.3 e 2,886,000 59.3 8.0 
c 1,22l,70C 120.2 e 2,880,000 59.3 60.9 
(A) 
T=51. lr-"'----. 
T=56 __ L 
1 
T=70 8 d 
T=95.9 
(D) 
T=57.S A 
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(B) 
T=63.9 
2 
T=97.5 e 
(E) 
T=123.8 
(C) 
r--...L..---,' T=I 0 7 • 3 
c T = 121.5 
3 
f T = 126.5 
(F) T=146.7 
a) configuration (I) 
B T = 51.1 
b T = 54.0 
2 
e T = 59.3 
E T=64.9 
'------I b) configuration(I! 
T=8S. S d 
T=124.1 D 
.Figure 7.2(a,b) 
r--__ (C) T = 107.4 
c T = 120.20 
f T = 128.7 
~--~T = 147.1 F 
Configurations I and 11 with intermediate heat 
exchanger. 
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Choice (a) 
Stream (C) is matched with stream (E) 
According to figure (1.2 b), the reboi1er heat load in column 
(2) = 11,899,000 - 5,149,700 = 6,750,000 kJ/hr 
Stream (c) intermediate is matched with stream (d) intermediate 
Reboi1er heat load column (1) intermediate ~ 1,753,000 - 1,222,700 
= 531,700 kJ/hr 
Stream (a) intermediate is matched with stream (e) 
Reboiler heat load column (2) intennediate = 2,880,000 - 1,448,000 
~ 1,432,000 kJ/hr 
. The total reboi1er heat load with intermediate heat load and 
with energy matching is. 
Total 
Column (1) = 7,201,300 + 531,700 = 7,733,000 kJ/hr 
Column (2) = 6,740,000 + 1,432,000 = 8;172,000 kJ/hr 
Column (3) = 5,401,000 + 1,284,000 = 6,685,000 kJ/hr 
Total = 22,591,000 
Total reboi1er heat load without energy matching 
= 8,768,000 + 14,432,000 + 6,422,000 
= 29,621,000 kJ/hr 
Choice (b) 
Stream (C) is matched with stream (E), as considered before. 
Stream (a) is matched with stream(8) as considered before, then 
reboiler heat load = 1,432,000 kJ/hr 
Stream (c) is matched with the rest of stream (e) 
Reboi1er heat load column (2) intermediate = 1,432,000 - 1,222,700 
= 209,300 kJ/hr 
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Total reboi1er heat load with intermediate heat load and with 
energy matching 
Total 
Column (1) = 7,201,300 + 1,753,000 = 8,954,000 
Column (2) = 6,740,000 + 209,300 = 6,949,000 
Column (3) = 6,685,000 
Total = 22,568,000 kJ/hr 
~3.2.2 Cost calculations for the two choices, the data are 
taken from Linnhoff (1977), part (1) 
The overall heat transfer coefficient for heaters = 1000 
Overall heat transfer coefficient for coolers and exchangers=750 W/o 
Cost of steam = 0.006$ Kg 
Cost of water = 0.0015$ Kg 
Cost of heat transfer area (a) = 3000 (a)0.5$(a) in m2 
Steam pressure = 45 bars 
Temperature of steam = 258°C 
Latent heat = 1676 KJ/Kg 
Cooling water temperature = 300 C ~ T ~ 800 C 
out 
2.1 Choice (a) 
According to figure (7.3a) 
Cos t of exchangers 
Cost of exchanger (1) 
Reboi1er load (QR) = 1,610,000 x 3,97 x 0.29307 (Watt) 
T = 42.4 + 273 = 315.4·K 
Area (A) = 1,610,000 x 3.97 x 0.29307 
750 x 315.4 
2 
= 7.917 m 
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Cost of exchanger = 3000 x (7.917)°·5 = $8441.1 
Cost of exchanger (2) 
Area (A) = 127,000 x 3.97 x 0.29307 = 0.640 m2 
750 x 307.7 
Cost = 3000 (0.640)°·5 = 2401 
Cost of exchanger (3) 
2 Area (A) = 342,000 x 3.97 x 0.29307 = 1.897 m 
750 x 281.03 
Cost = 3000 x (1.897)°·5 = $4131.5 
Cost of heater (f) 
Area (A) = 306,700 x 3.97 x 0.29307 = 1.269 m2 
1000 x 281.032 
Cost = 3000 x (1.269)°·5 = $3380.8 
Cost of cooler (b) 
Area (A) = 687,900 x 3.97 x 0.29307 = 3.263 m2 
750 x 327.06 
Cost = 300 Ox (3,263)°·5 = $5419.2 
Total cost of exchanger, heaters and cooler = $23773.7 
Cost of utilities 
Cost of steam of exchanger (1) 
Cost = 0.006 x 1 x 1,610,000 x 4186.8 
1676 1000 
= $24.13/hr 
Cost of steam of exchanger (2) 
Cost = 0.006 x 1 x 127,000 x 4186.8 = $1.904/hr 
1676 1000 
Cost of steam of exckanger (3) 
Cost = 0.006 x 1 x 342,000 x 4186.8 = $5.149/hr 
1676 1000 
Steam used for heater (f) 
Cost = 0.006 x 1 x 306,700 x 4186.8 = $4.598/hr 
1676 1000 
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Cost of water of cooler (b) 
M '= Q S> T 
A T 30 T m 800 C ssume in = • out 
M : 687,900 : 13759.0 Kg/hr 
1 x 50 
Cost = 0.00015 x 13759.0 = $2.064{hr 
Total cost of utilities = $37.846/hr 
2.2 Choice (b) 
According to figure (7.3b). 
Cost of exchangers 
Cost of exchanger (1) 
Cost = $8441.157 
Cost of exchange (2) 
Area (A) = 342,000 x 3.97 x 0.29307 
750 x 281.032 
Cost = 3000 x (1.897)0.5 = $4131.52 
Cos t of exchanger (3) 
2 
= 1.897 m 
Stream (e) leaving at the same temperature. 
6T between stream c and e = 333.90 K 
Area (A) : 50,200 x 3.97 x 0.29307 = 0.2405 m2 
750 x 333.9 
Cost = 3000 x (0.2405)0.5 = $1471.3 
Cost of heater (f) = $3380.8 
Cost of heater (d) 
Area (A) ._ 418,800 x 3.97 x 0.29307 = 1.359 m2 
- 1000 x 358.5 
Cost = 3000 x (1.359)0.5 = $3497.7 
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Cost of cooler (b) 
Cost = $5419.23 
Cost of utilities 
Cost of steam for exchanger (1) = $24.13 
To calculate the utility cost, stream (a) is matched with stream 
(e) and the uncompleted matching of stream (e) is matched with 
stream (c), therefore the reboiler heat load = 50,200. 
Cost of steam = 0.006 x 1 x 50,200 x 4186.8 = .$).7759/hr 
1676 1000 
Cost of steam for heater (f) = $4.598/hr 
Cost of steam for heater ~d) 
Cost = 418,800 x 4186.8 x 1 x 0.006 
1000 '-;-';16'""77"6 
Cost of cooling water for cooler (b) 
Cost = $2.064/hr 
Total cost of equipment - $26341.77 
Total cost of utilities = $37.846/hr 
= $6.278/hr 
Cost of utilities for choice (1) and (2), are the same, while 
the cost of heaters, coolers and exchangers for 'clloice(l) is less than 
for choice (2), therefore the total cost of choice (1) is less 
than the total cost of choice (2), and the energy integration 
for choice (1) is easier'than fOr choice (2), therefore choice (1) 
is optimal. 
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7.3.2.3 Heat exchanger networks calculation for conf~gurai:ion (1) 
For configuration (1), the optimal heat exchanger network s 
are considered first between condensers and reboi1ers only and 
secondly between heaters and coolers of each column in the 
configuration. The energy matching between streams are considered, 
according to figure (7. 2a) • 
Stream (C) is matched with stream (D). 
Stream (c) is matched with "stream (d). 
Stream (c) is matched with stream (e) 
and stream (b) is matched with stream (d) 
The matching between these streams depends on the temperature 
difference between streams to be matched and the reboi1er heat load 
for each stream in the configuration. 
The uncompleted matching of sources and sinks of energy 
results in a matching at its original temperature is considered 
for further matching with other sources or sinks within the system. 
The amount of heat available at the source and the amount 
of heat required for the sink is given in table (7.2). 
Table 7 .2 Data for configuration (1) 
• • Strean Source T C Stream Sink T C oT 
(KT/hr) Source (KT/hr) Sink 
C 5,024,00e 107.3 D 14,231,000 95.9 11. ~ 
c 1,225,00e 121.5 e 1,151,000 97.5 24.0 
c 1",225,00e 121.5 d 3,468,000 70.8 50.7 
b l,061,00e 79.7 d 3,468,000 70.8 8.9 
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Stream (C) is matched with stream (D) 
Reboi1er heat load for column (1) stream (D) = 14,231,000 
Condenser ~eat load for column (3) stream (C) = 5,024,000 
Reboi1er heat load for column (1) = 14,231,000 - 5,024,000 =9,207,000 
k,T/hr 
The same calculation for the two choices. 
Intermediate section. 
Choice (a) 
Stream (c) intermediate is matched with stream (d) intermediate 
Reboiler heat load column (1) stream (d) = 3,468,000 - 1,225,000 
= 2,243,000 kJ/hr 
Stream (b), t d' t is matched with stream (d), d: t 1n erme 1a e 1nterme 1a e 
The unmatched stream(d) is matched with stream (b), so 
the reboi1er heat load of column (1) stream (d) after the second 
matching = 2,243,000 - 1,061,000 
= 1,182,000 kJ /hr 
Total reboi1er load 
Column (1) = 9,207,000 + 1,282,000 = 10,389,000 
Column (2) = 4,618,000 + 1,151,000 = 5,769,000 
Column (3) = 5,149,000 + 1,288,000 = 6,437,000 
Total reboi1er load = 22,596,000 kJ/hr 
Total reboi1er load without energy matching = 29,542,000 kJ/hr 
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Choice (b) 
Stream (c) is matched with stream (e) 
Reboi1er heat load for column (2) stream (e) = 1,151,000 - 1,225,000 
. = - 74,000 
Stream (c). t d' t (the unmatched part) is matched with stream 
. 1n erme 1a e 
(d) • 
Reboi1er load for column (1) stream (d) = 3,468,000 - 74000 
= 3,394,000 
Stream (b). t d' t is matched with stream (d). d' t (the 1n erme 1a e 1nterme 1a e 
unmatched part) 
Reboi1er heat load for column (1) stream (d) = 3,394,000 - 1,061,000 
= 2,333,000 
Total reboi1er heat load 
Column (1) = 9,207,000 + 2,333,000 = 1,154,000 
Column (2) = 4,618,000 
Column (3) = 5,149,000 + 1,288,000 = 6,437,000 
Total reboi1er load = 12,209,000 
7.3.2. ~ Cost calculation for the two choices, the data are 
taken from Linnhoff (1977 ) 
4.1 Choice (a) 
According to figure (7. 4a) 
Cost of exchanger (1)( stream (C) is matched with stream (D») 
Area (A) = 2,199,000 x 3.97 x 0.29307 
750x 284.3 
Cost = 3000 x (11.99)0.5 = $10390. 
2 
= 11.99 m 
Cost of exchanger (2) (stream (c) is matched with.stream (d) ). 
Area (A) = 535,800 x 3.97 x 0.29307 = 2.57 m2 
750 x 323.7 
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Cost = 3000 x (2.57)0.5 K $4809 
, 
Cost of exchange (2) 
2 Area (A) = 282,400 x 3.97 x 0.29307 = 1.554 m 
750 x 281.9 
Cost = 3000 x (1.554)0.5 = 3739 
Cost of heater (f) 
Area (A) = 307,700 x 3.97 
1000 x 399.5 
2 
x 0.29307 d 0.89 m 
Cost = 3000 x (0.89)0.5 = $2839 
Cost of cooler (a) 
Area (A) _ 792,400 x 3.97 x 0.29307 _ 3.73 
- 750 x 329.8 -
Cost = $5792 
Cost of heater (e) 
Area (A) = 275,000 x 3.97 x 0.29307 
750 x 370.5 
Cost = 3000 x (1.15)0.5 = $3219 
Cost of utilities 
2 
= 1.15 m 
Cost of steam for.matching stream (C) vith stream (D) 
C = 2,199,000 x 
s 
1 x 0.006 x 4186.8 = $32.96/hr 
1676 1000 
Cost of steam after the uncompleted matched stream (d) to 
match vith other source. 
Q = 282,400 (after the 0.0 matching) 
C = 282,400 x 1 x 4186.8 x 0.006 = $4.23/hr 
s 1676 1000 
Cost of steam for heater (f) 
C = 307,700 x 4186.8 x 1 x 0.006 = $4.61/hr 
s 1000 1676 
Cost of vater for cooling (a) 
M = 792,400 = 15,848 Kg/hr 
1 x 50 
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Cost of steam for heater (e) 
C 
s 
= 275,000 x 4186.8 x 1 x 0.006 = $4.12/hr 
1000 1676 
Total cost of utilities = $48.3/hr 
Total cost of equipment = $30,800 
4.2 Choice (b) 
According to figure (7. 4b) 
Cost of exchange (1) (stream (C) is matched with stream (D) ) 
Cost =. $10390 
Cost of exchanger (3) (Stream (c) is matched with stream (e) ) 
-2 2 Area (A) = 17,600 x 3.97 x 0.29307 = 9.2 x 10 m 
750 x 296.9 
Cost = 3000 x (9.2 x 10-2) = $910.6 
, 
Cost of exchanger (2) (stream (c) is matched with stream (d) ) 
Area (A) = 2 810,800 x 3.97 x 0.29307 = 3.9 m 
750 x 323.:] 
Cost = 3000 x (3.9)0.5 = $5914 
Cost of exchanger (2) (stream (b) is matched with stream (d» 
The uncompleted matching of stream (d) from the matching of stream 
(c) and stream (d) is matched with stream (b). 
2 Area (A) =.557,400 x 3.97 x 0.29307 = 3.07 m 
750 x 281.9 
Cost = 3000 'x (3.07)°·5 = $ 5254 
Cost of heater(f) 
Cost = $2840 
Cost of cooler (a)' 
Cost = $ 5792 
Cost of utilities 
Cost of steam for matching stream (C) with stream (D) = $32.9/hr. 
Cost of steam after the two matching of stream (c) with stream (d) 
and stream (b) with stream (d) 
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Cs - 557,400 x 1 
1676 
x 0.006 x 4186.8 = $8.35/hr 
1000 
Cost of water for cooler after matching between stream (c) and 
streams (e) 
M = 17,600 = 352.7 Kg/hr 
1 x 50 
Cost of water = 0.00015 x 352.7 = $5.3 x 10-2/hr 
Cost of steam in heater (f) 
Cost of cooling water for cooler (a) 
Cost of water = $2.38/hr 
Total cost of utilities = $48.3/hr 
Total cost of equipment = $31101 
The results show that choice (1) is optimal 
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44 Application of Linnhoff (1977) method to distillation column 
heat exchanger network,s 
The new method proposed by Linnhoff (1977), the temperature 
- Interval method (TI-method) is considered to solve the problem 
of heat exchanger networks between heaters and coolers in the two 
configuratior. s. (I) and (II). 
Any network which solve the problem is thought of as an 
array of (n) subnetworks. Each 9f these subnetworks includes all 
streams (or parts of streams) which fall within a defined temperature 
interval. 
Each subnetwork represent a separate synthesis task. The 
method considered by Linnhoff (1977) to design the optimal heat 
exchanger network. In case of these, there is only one hot and cold' 
stream to be matched and a heater is required to deal with the 
residual of the cold stream (which has a higher heat capacity 
flow rate), and a cooler is required to deal with the residual of 
the hot stream. 
Two alternative designs can be identified in each case which 
require different amounts of heat to be supplied by the heaters. 
These designs can be determined by simple inspection but in 
more complex cases, a systematic method will be required. 
1. Rank the hot and cold stream; in order of decreasing heat 
capacity flowrates. 
2. Specify matches between the first hot and the first cold, 
second hot and second cold etc. streamS until the only 
original streams left are either called all hot or all cold 
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3. Match the largest remaining stream with the largest residual 
of the primary matches, the second largest remaining stream 
with the second -rilrgest residual etJ:.(at this stage temperature 
constraints must be considered). 
4. Whatever remains after this steps, i.e. original streams, 
primary residuals or secondary residuals etc, the final 
step is to match thece against utility hot and cold. 
Whatever method is used for synthesisof network the maximum 
degree of energy recovery will never be realised if the method 
creates, at the early stage, a situation which later results in 
prohibitive constraint. One way of avoiding such a situation is 
by making sure, during each step of the synthesis, that the 
freedom of choice of design decisions at later steps is not 
prejudiced." This freedom of choice can be related to the source 
temperature of the next unit of heat which is to be exchanged. 
The higher this temperature is, the more flexibility there is 
as to where this unit of heat may be placed in the network. 
Accordingly, the freedom of choice, can be maximised, throughout 
the synthesis, simply by matching a hot stream section to that 
particular cold stream section which has the highest temperature. 
This is the main function of the temperature partitions between 
the original subnetworks of the TI-method: heat will be passed 
on from the (Kth) subnetwork to the next one of the lower 
temperature only after all cold streams" within the (Kth) subnetwork 
have been provided for. 
To search for the upper limits to the loads of heaters and 
coolers in the subnetwork is carried out in a systematic way. 
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The values are given of the net heat required for each sub-
network. This defect (I\? is the difference between the heat 
input I k, which corresponds to the heat supplied by the heater(s) 
and heat output 0k(ie) the heat removed by the coo1er(s). For 
the (Kth) subnetwork, the term Dk may be calculated by means of: 
Dk= I k- Ok = (Tk - Tk+1)(cPco1d - cPhot) ................... 1.1 
~, will be positive or negative depending on whether the heat 
capacity f10wrates of the hot streams are less or greater than 
those of the cold streams. If, Dk is positive more heating than 
cooling is required. 
To calculate the maximum amount of heat made available 
to SN (K+1) subnetwork. 
I k +1 = Ok •••••••••••••••••••••••••••••••••••••• • ••••••••••• • 7.2 
The heat output from subnetwork SN(K+1) 
0k+l = Ok - Dk +1•••••••••••••••••••••••••••••••••••••••••••• 7. 3 
Where (SN) represents a subnetworks where all streams in a subnetwork 
run through the same temperature interval. 
7.5 Application of Linnhoff (1977) method to the same example 
considered before. 
The four points considered above were used to find the o?timal 
heat exchanger networks. The heat rate was calculated by latent 
heat multiplied by the mass flow rate, the input and output 
temperature for each stream is the same or ~T = ° for each stream 
to be matched as considered before. 
For configuration (11) the data for each stream to be matched 
are given in table (7.3), according to the above four rules and 
the minimum temperature difference for stream to be matched is SoC. 
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Table (7.3) Reboilers, condensers, heaters and coolers heat 
load for each stream to be matched for configuration 
(II) 
Stream I Source (kJ /hr) Stream Sin/: (kJ /hr) 
C 5,149,700 E 11,890,000 
a 1,448,000 e 2,886,000 
• 1,222,000 d 1,753,000 c 
Where the data are shown in figure (7.5a). Thus, 
Stream (C) is matched with stream (E) 
Reboi1er heat load for stream (E) = 11,890,000 - 5,149,700 
. = 6,740,000 
A heater is needed to heat the uncompleted part of stream (E) 
Stream (a) is matched with stream (e) 
Reboi1er heat load for stream (e) = 2,886,000 - 1,448,000 
= 1,438,000 
Heater is needed to heat the uncompleted part of stream (e) 
Stream (c) is matched with stream (d) 
Reboiler heat load for stream (d) = 1,753,000 - 1,222,000 
= 531,000 kJ /hr 
Heater is needed to heat the uncompleted part of stream (d). 
The cost calculation is given before for choice (1) and the data 
for the cost are taken from Linnhoff (1977), for cost of utilities 
and cost of exchangers, heaters and coolers. 
For configuration (I), the data for each stream to be 
matched are given in table (7.4) 
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Table (7.4) Data for configuration (I) 
. 
Stream Source Stream Sink 
C 5,024,000 D 14,230,000 
c 1,225,000 d 3,468,000 
b 1p6l,000 d Unmatched 
of stream (d) 
with stream(c) 
Where the data are shown in figure ( 7.5b) Thus, 
Stream (C) is matched with stream (D) 
Reboiler heat load for stream (D) = 14,230,000 - 5,024,000 
= 9,207,000 
Heater is needed to heat the uncompleted part of stream (D) 
Stream (c) is matched with stream (d) 
Reboiler heat load for stream (d) = 3,468,000 - 1,225,000 
= 2,243,000 
Stream (b) is matched with the uncompleted matching of stream (d) 
~eboiler heat load for stream (d) = 2,243,000 - 1,061,000 
= 1,182,000 
The cost calculation is -given before for choice (1) (configurati, 
(I» 
The calculations show that the optimal network for configuration 
(I) and (11) are as given above and there is no other optimal heat 
exchanger networks between the streams to be matched, even when 
intermediate heaters and coolers are considered. Only one or two 
optimal heat exchanger networks for configurationG(I) and (II)Were 
obtained. 
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Chapter 8 - Conclusions 
8.1 Conclusions 
Distillation is an energy intensive operation which 
is carried out on such a large scale as to make it highly 
desirable to investigate the possible energy savings. 
This thesis considers these possibilities with particular 
emphasis on multicomponent distillation. 
The previous work by Freshwater and Henry (1977) 
shows the variation in energy requirement for various possible 
process configurations, for a mUlticomponent feedstock of 
ideal components. 
Most of the work reported in this thesis has been based 
on a consideration of four component near ideal hydrocarbons 
mixtures. 
A wide range of operating conditions have been simulated 
by varying, a) the feed compositions, b) relative volatilities 
and c) the degree of recoveries. 
The number of different process configurations possible 
to separate a mixture of four component feedstocks' is 5. 
However, the previous work (reported in chapter 3 and discussed 
by Freshwater and Ziogou) has shown that the major differences 
exist between only two of these five configurations and hence 
this work has concentrated on these two-(configurations I and 
11) - favourable configurations. 
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Detailed design and economic evaluations were developed 
for each of these. 
The aimwas to predict which of the two process configurations 
is opeima1, as a function of the process parameters which 
specify the separation. Viz: 
1. Feed composition 
2. Relative Volatility 
3. Degree of recovery of the components 
4. Reflux ratio 
The objective function used to compare the two 
configurations I and 11 is the total reboi1er load, which 
has been shown to be directly related to the operating cost. 
It was not possible to predict under what process 
conditions either of the two configurations is optimal. 
Ther~fore, a mathematical model wes developed for ideal 
four component mixtures relating the overhead condenser 
heat load beneen any of the two configurations and the 
component vo1atilities, feed compositions and the degree 
of recoveries of components. 
All feedstocks were taken to be at their bubble point 
temperature at the column pressure, the condenser load was 
used as an objective function. 
-354 -
. It was not possible to solve this mode analytically 
for the prediction of optimal configuration because 
1. The thderwood equation is used to determine the 
reflux ratio. Six values of the $ parameters are 
necessary for the simultaneous solution. 
2. The distribution of. the non-key components into both 
top and bottom products cannot be predetermined but 
must be known if the model equations are to be solved 
Because of these difficulties it was concluded that 
this model was largely of academic interest. 
An alternative approach was developed in which the 
range of variables was extended indefinitely by introducing 
the concept of pseudo-components. These pseudo-components 
were devised to have any desired value of relative volatility. 
Their properties were derived from known alkanes from propane 
through to Heptane. 
A graphical relatiohship between the reboiler load 
and the component relative volatility was developed, which 
related the cost, feed compositions and component volatilities 
The use of the concept of pseudo-components enabled a new 
design method to be developed for the selection of the optimal 
configuration for four component mixtures. 
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To extend the work on energy reduction in four 
component mixtures ~nergy integration is considered 
for configurations I and 11. 
a) Without intermediate reflux 
and 
b) With intermediate reflux 
Energy matching is considered between reboilers and 
condensers only and between intermediate heaters and coolers 
by varying the reflux ratio for each column in the configuration. 
The results obtained from the analysis for four component 
feedstocks show that, configuration 11 is the one where 
energy re-use is feasible for all cases of all mixtures and 
feed types studied, where as configuration I only provides 
heat interchange in about half the cases. 
Configuration I is usually optimal when heat interchange 
is feasible. This is because configuration I neatly always 
shows the least energy requirements without heat interchange. 
When the additional sophistication of intermediate 
heat supply and removal (intermediate reflux) is introduced 
there are two consequences 
1. Much greater possibilities of heat interchange 
2. Hence much greater potential savings. 
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Thus, when energy integration with intermediate reflux 
is considered the feasibility of energy integration is greatly 
increased for almost all the cases of configuration (I). 
Thus, it is seen that out of 160 possible combinations 
(5 feed mixtures x 4 feed systems x 2 configurations x 2 
degrees of recoveries and 2 interstage flow), energy integration 
is feasible in almost all the cases, (78% of the cases) 
The percentage savings in total reboiler load for both 
cases is increased reaching a maximum of 407.. 
In dealing with the above cases, the optimal design of 
heat exchanger networks for least heat energy with heat 
interchange without and with intermediate reflux for four 
component separation is considered. The results of applying 
the existing heuristics of heat exchanger networks on 
distillation columns with energy integration between reboilers 
and condensers only, show that severe constraints limit 
the number of feasible methods to less than 5. When intermediate 
reflux is introduced heat exchanger networks heuristics are 
useful in choosing the optimal system. 
The results show however that only one or two optimal 
hea.t exchanger networks for configurations I and 11 were 
. 
obtained even with the intermediate reflux. 
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Thus, the possibility of optimal heat exchanger 
networks in distillation is not high because the systems 
are heavily constrained. 
The methods and techniques of energy reduction that 
have been developed are applied to a real mixture of near-
ideal components that is processed by Conoco Ltd at their 
Humber refinery. It is shown that the percentage savings in 
total reboiler load for the three columns by simple heat 
interchange is 28%. By increasing the reflux at the inter-
mediate section the percentage savings are increased to 31%. 
The applications of energy reduction to non-ideal 
systems has been considered. These cases are likely to be 
important because of the high energy requirements for the 
separation of non-ideal mixtures. 
A brief examination of the pnnciples of separation 
applied to non-ideal systems shows that a generalized approach 
is not at present possible 
It was found that the previous rules considered by 
Freshwater and Henry (1977) for three component ideal systems 
cannot be applied to non-ideal systems. 
Two real systems where investigated in detail 
a) Acetone/Cumene/and Phenol 
and 
b) Ethanol]Water 
· -3$-
It was shown that simple techniques of changing the 
reflux ratio in the re·ctifying section for Acetone/ 
Cumene/and Phenol separation, the percentage savings in 
total reboi1er load is 16%. A more sophisticated technique 
combining the vapour reuse and mu1tieffect principles is 
used for the Ethanol/Water system. The saving is. 20% 
of the energy used for a conventional process arrangement. 
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8.2 Suggestions for further work 
1. Ideal Systems 
1.1 The method of pseudo-components enables systems of 
any number of ideal components and any conf~guration to be 
calculated (by computer). The results could then be used to 
plot a whole series of regions of optimality for different 
process conditions likely to be. encountered. This would involve 
a considerable amount of work but it is conceivable that a 
generalised computer programme .could be developed which would 
automatically scan a wide range of process conditions. 
Furthermore it is possible that a new and more powerful 
heuristics might be discovered which offered a more elegant 
way of solving these problems. 
1.2 This work has only considered those cases in which 
the columns all operated at the same pressure. By varying 
the pressure of operating many more heat interchange possibilities 
are apparent. Further work should be indicated to explore this 
variable. 
, 
-360-
1.3 Use of methods other than heat interchange 
1.3.1 Thermal Coupling 
Distillation system contain a thermal coupling when 
a heat flux is utilized for more than one fractionation. and 
the heat transfer between fractionation sections occurs by 
direct contact of vapour and liquid. Thermally coupled distillation 
can separate close boiling components with considerable saving 
of heating and cooling costs. 
The thermally coupled systems are considerably more 
complex than conventional system although the general shape of 
stages versus reflux is similar. The aim is to find a design 
for a given separation of the feed rather than trying to 
optimize a given design. Because of their complexity thermally 
coupled systems have not been studied in detail. Their promise 
is such that more work should be done on this. 
1.3.2 Heat Pumps 
Heat ,pumps have extensive applicability to distillation 
whenever direct refigeration on chilled water are required for 
condensation. 
Heat pumps have a very limited range of applicability 
because of the temperature sensitivity of existing working fluids. 
Should this be overcome then this application should be examined 
more thoroughly. 
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2. Non-ideal systems are not amenable to logical search 
procedures over ranges of compositions because of this non-
idea1ity. However there are two possible lines of attack. 
2.1 To apply the methods outlines in this thesis to 
a) Other non-ideal systems 
b) Non-ideal systems of more than 3-components 
2.2 To try the methods outlined in 1.3 above to non-ideal 
systems. 
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-362-
REFERENCES 
American Petroleum Institute (1966) Technical Data Book 
A.P.I. Div., of Ref., N.Y. 
Armengand (1881), French Patent, 142920 
Bannon, R.P., Marple, S. (1978), Heat Recovery in 
Hydrocarbon Distillation, Chemical Engineering 
Progress, July, 41-44 
Barbaudy, J. (1926), Rec. trov. chim. 45, 207. 
Benedict, M.(1947), Multistage Separation Processes, 
Transaction American Institute Chemical Engineers, 
43, 2, 239-258 
Brien, N.G., Du Pont Co., Wilmington, Del.(1976) 
Reducing Column Steam Consumption, Chemical 
Engineering Progress, July, 65-57. 
Candle, P.G. (1975), Chemical and Industry, 717. 
Chesshire, J., Buck1ey, C. (1976), Energy Use in U.K. 
Industry, Energy Policy, Sept, 237-254. 
Chao, K.C. Seader, J.D., (1961), A General Correlation 
of Vapour-Liquid Equi1ibria in Hydrocarbon Mixtures, 
American Institute of Chemical Engineering Journal, 
Dec., 598 - 605 
Dantzig, G.B., (1963), Personal Communication Linear 
Programming and Extension, 317, PriniationUniversity, 
Press, Princeton, N.J. 
-363-
Fenske, M.R., (1932), Fractionation of Straight-Run 
Pennsylvania· Gasoline, Industrial and Engineering 
Chemistry, May, 482-485 
Fitt, J.S., and Thorne, D.H.G. (1977), Energy in the 
80's Industrial Chemical Engineering Symposium 
Series, Conference, April, 11, 1. 
Flow Pack User Description (1970), I.C.I. 
Flower, J .R. and Jackson, R. (1964), Energy Requirements 
in the Separation of Mixture by Distillation, 
Transaction Institute of Chemical Engineers, 42,249-256 
Freshwater, D.C., (1951), Thermal Energy in Distillation, 
Transactions of The Institution of Chemical Engineers, 
29, I, 149-159 
Freshwater, D.C., (1961), The Heat Pump in Multicomponent 
Distillation, British Chemical Engineering, 
6, 6 June, 388-39-
Freshwater, D.C., (1975), Energy Economy, Chemistry and 
Industry, 15, Nov, 943-949 
Freshwater, D.C. and Henry, B.D., (1975). The Optimal 
Configuration of Multicomp·onent Distillation Trains, 
The Chemical Engineer, Sept., 533-536 
Freshwater, D.C. and Henry, B.D., (1974) Paper presented 
to the 76th National American Institute of Chemical 
Engineering Journal, Conference Tulsa, Oklahoma 
-364-
Freshwater, D.C •. and Ziogou, E., (1976), Reducing Energy 
Requirements in Unit Operations 
The Chemical Engineering Journal, 11, 215-222 
Geyer, G.R. and Kline, P.E., (1976), Energy Conservation 
Schemes for Distillation Processes 
Chemical Engineering Progress, May, 49-51 
Gomez, A. and Seader, J.D., (1976) Separation Sequence 
Synthesis by a predictor based ordered Search, 
American Institute of Chemical Engineering Journal 
22, 6, Nov, 970 - 979 
Guthrie, K.M. Grace, W.R. and Co., (1969) Capital Cost 
Estimation, Chemical Engineering,March,24, 114-141 
Harbert, W.D., (1957), Which Tower Goes Where? 
Petroleum Refinery, 36, March, 169-174 
Heaven, D.L., (1969), Optimal Sequence of Distillation 
Column's M.Sc. Thesis, University of California Barkely 
Hendry, J.E. and Hughes, R.R., (1972), Generating Separation 
Process Flowsheets, Chemical Engineering Progress, 
68, 6, June, 71-76 
Hendry, J.E. Rudd, D.F., and Seader, J.D., (1973) 
Synthesis in the Design of Chemical Processes, 
American Institution of Chemical Engineering 
Journal, 19, I, Jan, 1-15 
-365-
Henry, B.D., (1977), A Study of the Optimal Sequencing 
of Multicomponent Distillation Trains, 
Ph.D. Thesis, Loughborough, England 
Hohmann, E.C. (1971), Optimal Networks For Heat Exchangers, 
Ph.D. Thesis, University of South California. 
Hohmann, E.C. and Lockhart, F.J. (1976), Optimum Heat Exchanger 
Network Synthesis, Paper No. 220, American Insitute 
of Chemical Engineering Journal National Meeting, 
Atlantic City, N.J. 
Hwaz C.S. (196~), Mathematical Formation and Optimization of 
Exchangers Networks Using Separable Programming, 
American Institute of C:emical Engineering - International 
Chemical Engineering Symp08~um Series, 4. 
Ickikawa, A. and Fan. L.T. (1973), Optimal Synthesis of 
Process Systems Necessary Conditions for Optimal System 
and its use in Synthesis of Systems, Chemical Engineering 
Science, 28, 357. 
Jones, C.A., Schoenborn, E. M. and Colburn, A.P. (1943) 
Industrial Engineering Chemistry, 35, 666 
Kesler, M.G., Parker, R.O., (1969), Optimal Networks of 
Heat Exchanger, Chemical Engineering Progress Series, 
92, 65, 111-120 
King, J.G., (1971), Separation Process, McGraw-Hill 
Kha~ Programme (1965), Package available at Loughborough 
University, England. 
Kirschbaum, E., Gerstner H (1939), Z. CDI. BEIH VERFAHREN-
STECHNIK, 1,10. 
Kline, P.E. (1974), Technical Task Force Approach to energy 
Conservation, Chemical Engineering Progress, 70,2,Feb,23-27 
-366-
Kobayaski, S.H., Umeda, T. and Ichikawa, A.(197l) 
Synthesis of Optimal Heat Exchanger Systems are approach 
by The Optimal Assignment Problem in Linear Programming 
Chemical Engineering Science, 26, 1367-1380 
Larkin, J.A., Pernberton, R.C. (1976), Thermodynamic properties 
of Mixtures of Water + Ethanol Between 298.15 and 383.l50 K, 
National Physical Laboratory, Division of Cbemical 
Standards, NpL Report Chemical 43, Jan. 
Lawer, E.L. and Wood (1966), Branch and Bound Methods, 
A Survey Operation Research, 14, 699-719. 
Lee, K.F., Masso, A.H., and Rudd, D.F. (1970), Branch and 
Bound Synthesis of Integrated Process Design, Industrial 
Engineering Chemistry Fundamentals, 9, 1, Feb, 48-57. 
Linnhoff, B. and Flower, J.R. (1977), Synthesis of Heat 
Exchanger Networks,; I. Synthesis Generation of Energy 
Optimal Networks, 11. Evolutionary Generation of 
Networks, with Various Criteria of Optimality, Conference 
Leeds University, (paper published in American Institute 
of Chemical Engineering Journal (1978), 24, 4 July, 
633-653). 
Lockhart, F;J. (1947), Multicolumn Distillation of National 
Gasline, Petroleum Refiner, 20, 104 
Maikow, V.P., Vilkov, G.G., and Gal'tsov, A.V. (1972) Optimal 
Design of Multicomponent Fractionating Plants From the 
Thermoeconomic Standpoint, Institute of· Chemical Engineers, 
12,3, July, 426-432. 
~367-
Menzies, M.A. and Johnson, A.I. (1972), Synthesis of 
Optimal Energy Recovery Networks using Discrete 
Methods, The Canadian Journal of Chemical Engineering, 
50, April, 290-296. 
Masso, A.H., and Rudd, D.F. (1969), The Synthesis of System 
Desi~ns,American Instituteof Chemical Engineering Journal, 
51,1, Jan, 10-17 
Maxwell, J.H., (1950), Data Book on Hydrocarbons, Van 
Nostrand, Prince ton. 
Meissner, H.P., (1971), Processes and Systems in Industrial 
Chemistry, Prentice-Hall, Englewood, Cliffs, N.J. 
-Mttter, L.G., (1966), Branch and Bound Methods, A Survey 
Operation Research, 14, 699. 
National Economic Development Office Report (NEDO) (1975) 
Report Energy in Industry, HMSO 
Nishida, N. Koboyashi, S., and Ichikawa, A. (1971), Optimal 
Synthesis of Heat Exchanger Systems, Necessary Conditions 
For Minimum Heat Transfer Area and their Application to 
Systems Synthesis, Chemical Engineering Science, 26, 1841-
1856 
Nishimura, H. and Hiraizumi, Y. (1971), Optimal System 
pattern For !!ulticomponent Dis tillation Systems, 
International Chemical Engineering, 11, 1, Jan, 188-193 
Nishida, N., Lia, Y.A. and Lapidus, L. (1977), Studies in 
Chemical Process Design and Synthesis, American 
Institute of Chemical Engineering Journal, 23,l,Jan,77-93 
-368-
Norman, W.S. (1945), The Dehydration of Ethanol By 
Azeotropic Distillation, Transaction of Chemical 
Engineering, April, 28, 66-75. 
Otsuk, H., Williams, F.C. (1953), Chemical Engineering 
Progress Symposium Series, 49, 55. 
Powers, G.J., (1972), Heuristic Synthesis in Process 
Development, Chemical Engineering Progress, 68, 8, 
Aug., 88-95 
Petlyuk, F.B., Platonov, V.M. and Slavinskii, D.M., (1965), 
Thermodynamically optimal metHod for separating 
multi component mixture, International Chemical Engineering, 
5,3, July, 555-561. 
Petlyuk, F.B., Platonov, V.M., and Avellyan, V.S. (1966), 
Optimal Arrangements in the Fractionating Distillation 
of Multicomponent Mixtures, Khim programme, 42,11, 1-15 
Pho, T.K., Lapidus, L. (1973), Topics in Computer Aided Design 
(Synthesis of Optimal Heat Exchanger Networks By Tree 
Searching A1gorithmsh American Institute of Chemical 
Engineering, Journal, 19, 6, Nov, 1182-1189. 
Ponton, J.W., and Dona1dson, R.A.B., (1974), A Fast Method 
For The Synthesis of Optimal Heat Exchanger Networks 
Chemical Engineering, Science, 27, 2375 - 2377. 
-369-
Rathore, R.N.S.Van Wormer, K.A. Powers G. J. (1974) 
Synthesis Strategies for Hulticomponent Separation 
Systems with Energy integration, American Institute 
of Chemical Engineering Journal, 20, 3, May 491-502 
Rathore, R.N.S. Vanwormer, K.A., Powers, G. J. (1974) 
Synthesis of Distillation Systems with Energy Integration, 
American Institute of Chemical Engineering Journal, 
20, 5, Sept, 940-949 
Rathore, R.N.S. and Powers G.J. (1975), A Forward Branching 
Scheme for ~he Synthesis of energy recovery systems 
Industrial Engineering Chemistry Process Design 
Development, 14, 2, 175-181 
Redich, 0 and Kwong J. N. (1949), Chemical Review, 44, 233 
Redich, A.T. Kister, and Turnquist, L.E. (1952) Chemical 
Progress SY'1posium Series, 48, 2, 49 
Rod V. and Mack, J. (1959) Separation Sequences in 
MUlticomponent Rectification. 
ColI. Czech, . Chemical Comm, 24, 3240, 3249 
Rodrigo, B.F.R., and Seader, J.D. (1975), Synthesis of 
Separation Sequence by Ordered Branch Search, American 
Institute of Chemical Engineering Journal, 21, 5 Sept, 
881-894 
Rudd, D.F., and Tedder, D.W. (1978) Parametric Studies in 
Industrial Distillation, American Institute of 
Chemical Engineering Journal, 24, 2 March, Part I (303-315) 
Part 11 (316-322), Part III (323-334) 
- 370 -
Rudd, D.R., Powers, G.J., and Siirola, J.J., (1973), 
Process Synthesis, Prentice-Hall, Englewood, Cliffs, N.J. 
Salib, P.F., (1978), Energy Integrated MUlticomponent 
Distillation System, M.Sc. ·Tech Thesis, April, Sheffield 
Schinskey, F.G.,· (1976), Energy Conserving Control Systems 
For Distillation Units, Chemical Engineering Progress 
May, 73-78. 
Siirola, J.J., (1974), Status of Heat Exchangers Network 
Synthesis, Paper No. 42, Submitted to American Institute 
of Chemical Engineering National Meeting, Tulsa, 
Oklahoma, March, 10-13 
Siirola, J.J. and Rudd, D.F., (1971), Computer-aided Synthesis 
of Chemical Process Designs, Industrial Engineering 
Chemistry Fundamental, 10, 3, 353-362. 
Stephanopoulos, G, and Westerberg, A.W., (1976), Studies in 
Process Synthesis - 11 Evolutionary Synthesis of Optimal 
Process Flowsheets, Chemical Engineering Science, 
31, 195-204. 
Stupin, W.J, and Lockhart, F.J., (1972), Thermally Coupled 
Distillation - A Case History, Chemical Engineering 
Progress, 68, 10, Oct, 71-72. 
Tomio, Umeda, Akira, H., and Atsunobd, Ichikawa (1972), 
Synthesis of Optimal Processing System by An 
Integrated Approach, Chemical Engineering Science, 
27, 795-804. 
-371-
Thompson, R. W., and King. C.S. (1972), Systematic 
Synthesis of Separation Schemes, American Institute 
of Chemical Engineering Journal, l8,5,Sep~, 941-948 
Yen, L.C. Alexander, R. E. (1965), Estimation of Vapour 
and Liquid Enthalpies, American Institute of Chemical 
Engineering Journal, 11, 2, March, 334-339. 
Young, S. (1902), Journal Chemical Engineering Society. 
81, 707-739. 
Weiler, D.W., and Wolf, C.W. (1975), Energy Cost prompt 
improved Distillation, The Oil and Gas Journal, 
Sep~, 1, 85. 
William, C.P., Thomas, A.W. (1977), Energy Saving Schemes 
in Distillation, Chemical Engineering, Sept~26, 78-86 
Wilson, G.M., (1964), A New Expression for the Excess Free 
Energy of Mixing, Journal of American Chemical Society 
86, 20, Jan, 127-130. 
APPENDICES 
APPENDIX Al 
Separation Calculations 
-372-
Appendix !l- Separation Calculations 
Four set of equations: 
Overall material balance (M-equation) 
M •• (X •• V. T.) = L. 1 x .. l-(V.+W.) Y •. - (L.+V.)X. 1J 1), J, J J- 1,J- J J 1J J J J 
+ V·+l Y. ·+1 + F.Z .. = 0 •.•.•••••••••• (Al.l) J 1,J J 1,J 
Vapour-liquid equilibrium equation (E-equation) 
E.(X .. v. T.) = Y .. - K .. X .. = 0 ••.•••••••••••••••••••• (Al.2) 
J 1J, J, J 1J 1J 1J 
Heat balance (H_ equation) 
H. (X .. V.T.) = L. 1 h. 1 - (V. + W.) H.-(L. + V.) h. 
J 1J, J' J J- J- J J J J J J 
+ Vj +l Hj +l +FjHFj 
Sumation equations (S-equations) 
- Q. = O ••••..•.•••••••• (Al.3) 
J 
m 1 'M.4) S. (X.. V. T .) = 1: Y.. - .0 = 0 •••••••••••••••••••••••• \ . 
J 1J, J,J i=l 1J 
or 
m 
S.(X .. V. To) = 1: X .. - 1.0 = 0 ••••••••••••••••••••••• o{Al •. 4a) 
J 1J, J, J i=l 1J 
Equations (AI. 1 and AL 2) are combined and the L' s are 
expressed as a function of V's by an overall material balance 
of all stages from the condenser through the Jth stage. 
Where 
+ i. (Fk - Wk - Vk) - D 2 oS J~n-l ••••••••••••• (AI.OS) k=2 
D = V1+ Ul ••••••••••••••••••••••••••••••••••••••••• (AI.6) 
The overall material equation is then reduced to a tridiagonal 
ma tices form, 
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+ Cl Xi2 = Dl ••••.••••••••••••••••••••••• (Al.7) 
A. X. • 1 + B.X •• + C.X. j J 1,J- J 1J J 1. +1 
AX. "l+BX. =D ••••••••••••••••••••••••••••••••••• (Al •. 9) 
n 1.'r n 1n n 
or in matrix notation as 
B1 'C 1 Xil D1 
, A2 B2 C2 Xi2 D2 
A. B. C. X .• ,= D. • <AL 10) J J J 1J J 
A B 
n-1 C X. 1 D n-1 n-1 l.,n- n-1 
A B X. D 
n n 1n n 
or 
{x .• } = {D.} 
1J J 
1 ~i ~m (Ai; 11) 
Where 
Cl = V2Ki2 
Dl = 0.0 
••••••••••••••••••••••••••••••••••••• (~1.1~) 
'-1 
A. = L. 1 ='V.+ ~ 
J J- J k=2 
B.; = [(V. + W .)K .• + (L. + U.) ] 
J J J 1J J J 
(A1.12a) 
= -[(V. +W.)K .• + V. 1 + ~ (FK-WK-~) 
J J 1J' J + k=2 
-D + U. ] 2~J~n-1 
J 
(AI. 12b) 
C. = V·+1K. J+1 2.;J';n-1 J J 1, (A.I.12c 
and 
A = V +B, B =-(VK. +B), D = 0 
n n n n 1n n (A. I. 13) 
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Where Vn + B = RLIQ (N-1), and B - RLIQ(N) 
The MESH equations for mu1ticomponent separation at 
constant pressure in a Complex column became. 
M •• (X .. , V. T.) = [A-C1 {Xi}-{D}= 0 1J 1J J' J -ll 
m 
S. (X •• ,T.) = 1: K •. X .• - 1.0 = 0 l~j~n 
J 1J J i=l 1J 1J 
( A1.1S) 
H. ( x.. V. T.) = (H. +1 - h.) V . +1" - (H. -h.)(V . + W.) 
J 1J, J, J J J J J J J J 
-(h.-h. 1) L. 1 + F.(HF·-h.) - Q = 0 l~j~n 
"J J- J- J J J 
(A1.16) 
There are n(m+2) independent variables in these n(m+2) 
equations, to solve these non-linear equation some iterative 
approaches were used. A simple and fact iterative procedure 
is the tridiagona1 matrix method. 
The flow rates, and composition of feed streams are given, 
the amounts of all product streams are specified, F.,Z .. , W. 
J 1J J 
Uj , D and B are all constants. 
An initial set of V. and T. is assumed, [ABC] and {D} are 
J J 
constant, provided that the equilibrium ratios, K .. ls is 1J 
expressed as a function T.' • Then the M-equation is linear. 
J s 
By grouping the vector {D} with [ABCJas; 
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Bl Cl Dl 
A2 B2 C2 D2 
A. B. C. D. 
J J J J 
A B C D i<i<m (Al.17) 
n-l n-l n-l n-l 
A B D 
n n n 
The solution of equation (AI. 14) for[X •. J is obtained 1.J 
by algorithm derived from the Causs elimination method. 
In this algorithm, two auxiliary quantities P. and q., are 
" J J 
calculated by first evaluating Pl and ql and advancing forward 
with J increasing, that is 
PI = Cl/BI , ql = Dl/Bl •••••••••••••••••••••••••••••• (Al.18a) 
P. = C./(B. - A.P. 1) 2~j~n-l •••••••••••••••••••..•• (Al.18b) J J J J J-
q. = (D. - A.q. l)/(B. - A.P. 1) 2"j~n •••••••••••• (AI.18c) 
J J J J- J J J-
Then, values of X .. 's are calculated by first evaluating 1.J 
"X. and receding backward with J decreasing until X •• is reached, 1.n ~ 
Thus, 
x. = q ••••••••••••••••••••••••••••••••••••••••••• (Al.19a) 1.n n 
x .. =q. -Po X .. 1 ~j~n-l •••••••••••••••••••••• (Al.19b) 1.J J J 1.,J+ 
When the X's obtained from the above algorithm substituted 
"into"equation(Al.l5}and if K .. is expressed as a function of 
. 1.J 
temperature then, equation(Al.l5) is a function" of" temperature 
only. 
K •• - a .. 1.J - 1.1. 
S.(T.) = If 
J J i=l 
2 3 
+ a . T. + a . T. + a . T . l~i~m •••••••••• • (AI ~ 20) 21. J 31. J 41. J 
(~ a
k
• T~-l) Xij ;"l"OE{) l"j$n •••••••••• (AI. 2).) 
k=l 1. J 
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but if is express as a function of temperature and total 
pressure using Antoine equation the S.(T.) is a function 
J J 
of temperature and pressure. 
Where 
K Exp [A(I) + B(I) 1 ij = _ c-m+T_ 
p. 
T 
pp = Exp IA(!) + B(I) I 
C(I) +T 
K 
I,J 
m 
S. (T .) = 1: 
J J i=l 
X •• - 1.0 = 0 
~J 
1.~ j.~n •••••••••••••••••• ( A-l,. 21a) 
The solution of this equation employed the Newton iteration 
method. 
When X .. 's, T.'s are obtained then a new value of V. can 
~J J J 
be calculated from the heat balance equation (Al.16). The 
enthalpies of the internal vapour and liquid streams can be 
calculated by use of ideal solution approach of Yen's generalized 
equations. 
m 2 3 () H = 1: y.. (b .. + b..i T. + b • T. + B . T .) • • • • • • • • •• • • • • •• AL 23 j i=l ~J U 'L. J jl J t;. J 
m 
h. = 1: 
J i=1 
Where 
l::::j"n 
X (c + ro T. + c .T~ + C .T~) l"J·~n •.•••... (Al.24) ij' ii "2i J 3L J 4L J 
aki = 1~k,,4 and 1::::i"m, coefficients of the K .. functions as defined 
1J 
AJ 
bki 
B 
B. 
J 
Cki 
C. 
J 
D 
{D} 
E. 
J 
Ff 
F. 
J 
h. 
J 
H. 
J 
H. 
J 
HFi 
i 
J 
K 
K •. 
1J 
L. 
J 
m 
M •• 
1J 
n 
P. ,q. 
J J 
• 
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a Tridiagonal matrix 
= Lower diagonal element of [~J 
= ~~4 and l~~m • coefficient of the H. ftmctions 
J 
= Bottom products 
= Diagonal elements of the matrix [ABd 
= 1~k$4 and l~ism , coefficients of the hi functions 
= Upper diagonal elements of the matrix IABC] 
= Overhead distillate product 
= Coluum vector 
= Equilibrium function 
= Feed stream at the feed plate 
= Feed stream'at stage J. 
= Enthalpies of liquid stream L. J 
= Enthalpies of vapour stream V. J 
= Heat balance functions. 
= Enthalpy of the feed stream F. J 
= Component number 
= Stage number 
= Iteration number or dummy subscript 
= Equilibrium ratio of component i at stage J. 
K .. = y • . /x .. 
1J 1J 1J 
= Liquid stream flowing from the jth plate down to 
the (J+l)th plate. 
= Total number of components of the mixture to be 
separated. 
= Material balance functions 
= Total number of plates in the complex coluum 
= /pxiliary quantities in the tridiagonal matrix 
algorithm. 
QIj 
QD 
s. 
J 
T. 
J 
U. 
J 
v. 
J 
w. 
J. 
x .. 
1.J 
{x. } 1. 
y .. 
1.J 
z .. 
1.J 
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= Heat duty of the reboiler 
= Heat duty of the condenser 
= Sumation functions 
= Temperature at the jth plate 
= Liquid side stream from the jth plate 
= Vapour stream leaving the jth stage to the 
(j-l)th plate above. 
= Vapour side stream from the jth plate 
= Composition of .the liquid stream leaving the 
jth plate, mole fractions. 
= Column vector 
= Compos i t ion. of liquid stream leaving the jth 
plate, mole fraction. 
= Composi tion of the feed stream entering the jth, 
plate, mole fractions. 
APPENDIX A2 - Development of 
Computer Programmes. 
A2.l Introduction 
A2.2 Programme (FlOw Pack) 
A2'.3 Programme (FlovT Dis t) 
A2.4 Programme (Khan) 
A2.S Programme Cost 
A2.6 Programme (Splids) 
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AppendixA2 - Development· of· computer programmes 
A2.1 Introduction 
The programmes developed for this study are written in 
Fortran IV and performed on an ICL 1900A operating under the 
George III system. The programmes developed are Flow-rack 
programme" Flow dist programme,- Khan and cost programmes. 
Flow pack programme details are given in the IeI Simulation 
programme manual (1971). Flow Dist programme subroutines are 
taken from the Flow pack programme. The only differences is 
the master s\tbroutine which calls the distillation column· design 
subroutine. This is because the separation calculation in 
Flow dist are short cut method for the calculation of reflux 
ratio and number of plates. 
The vapour, liquid flow and the composition of each 
components at each stage in the column is calculated by using 
Khan programme (1964). In this programme heat can ~e added 
or removed at any stage in the column. 
The total annual operating cost for each configuration 
without energy integration, with energy integration without 
and with intermediate heaters and coolers was calculated using 
a modification of the Henry programme (1977). 
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A2.2 Programme (FLOW PACK) 
The distillation subroutine is included in FLOWPACK 
programme required an input data for each distillation column: . 
a. Physical property data: 
This is included the vapour-liquid equilibrium data and the 
Vapour-liquid enthalpy data for each feed component. 
The vapour-liquid equilibrium data was generated by using 
Antoine coefficients only for ideal systems, while for 
non-ideal systems the vapour-liquid equilibrium data are 
generated from Antoine equation added to Wilson equation 
Where the non-ideality was assumed to be in the liquid 
phase only, the vapour assume to be ideal, So, 
* Ki = y K 
Where, 
Ki = Exp Gi + Bi ] 
T+C. 
1. 
(Antoin e equation) 
y = activity coefficients calculated by using Wilson equation 
(1964) • 
Ln 1 = I-In (~ X A. ) - ElkA.ki 
j i ji k EX.A- • 
J-KJ 
Where 
So, 
Aij = Vj Exp (-( Aij - )..H) /RI) 
"i 
d= In y. + In k· = yi k· I 1. 1. 
Where, 
A,B,C = constant in temperature dependence of equilibrium 
coefficient. 
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A = Binary constant of wilson equation 
~ij- ~ii = Binary constant in Wilson equation 
v = Molar volume 
y - Activity Coefficients 
T = Temperature 
R = Reflux ratio 
Enthalpy data was generated by using the molar enthalpy 
coefficients for both the liquid and vapour phase and have been 
supplied to the programme as a three degree polynomia~as a function 
of temperature only. The enthalpy for vapour and liquid phase 
are obtained from Yen and Alexander (1965), APldata book (1966) 
and Maxwell data book for hydrocarbons (1950) 
b) Feed femperature and pressure. Thus the feed temperature 
for all mixtures are calculated by using bubble point 
calculation to find the temperature at which the expression 
Ek.X. = 1.0 is valid. 'Were the tolerance set for all cases 
1 1 
was 0.001 
c) Number of feed components, feed rate and composition of each 
component. 
d) Recovery of light key component at the top product (di~tillate) 
of the feed. 
e) Recovery of heavy key component at the bottom product of the 
feed. 
f) Reflux ratio as a function of minimum reflux ratio (factor 
feed scale up of the minimum reflux ratio) 
g) Pressure drop per plate 
h) Condenser type specification 
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i) Process topology consider the arrangement of distillation 
columns in the configuration. 
j) The final print out for each unit gives 
1. The temperature and pressure at the top and the bottom 
of each column in the configuration. 
2. Flowrate of each stream in the configuration. 
3. Number of theoretical plate above and below the feed 
plates for each distillation column in the configuration. 
4. Reflux ratio of each column. 
5. Reboiler and condenser load for each .:column-in the 
the configuration. 
A2.3 Programme ( FLOW dis t ) 
This programm is developed from (Flowpack programme). 
The topology of the given process is read in as date as in the 
case of the Flow pack programme. The programme incorporated a 
master segment in which the overall mass balancing and sequencing 
of calculation was determined. 
The master segment was used for the sequencing of 
distillation 'trains by calling up of a distillation subroutine 
within the configuration. 
A'i..4 Programme (KhaJ) :-
This programme designs the distillation column by plate 
to plate calculation. The input data required are:-
1. Distillate rate 
2.Reflux ratio 
3. Number of theoretical stages 
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4. Number of components required 
5. Condenser type specification (total condenser) 
6. Murphree plate efficiency 
The murphree plate efficiency used as an input data was 
set equal to 1.0, so that the number of stages required as an 
input data are the theoretical number of stages calculated by 
Fenske's equation at total reflux as: 
11 .• 1J 
= (Cl •• ) 1J 
The emergent vapour is described by the above equation 
When Cl •• ' are the relative valabilities modified by the newly 1J • 
defined efficiences 11 .. which i propose to call an exponential 1J 
efficiency to distinguish it from Murphree's linear efficiencies. 
The advantage of defining 11 as an exponent of Cl •• that, for 1J 
example two stages for 
to one stage for which 
which 11 .. 1J 
all 11 .. = 1J 
= 0.5 are exactly. equivalent 
1.0 provided that the Cl •• 1J 
do not change over the range considered. 
The definition of exponential efficiency here put forward 
is not unrelated to the existing practice. When an estimate 
is made of the number of actual stages from Fenske's equation 
and dividing by the overall efficiency, the use is implied of 
equation above with all 11 .. equal and constant up the column. 1J 
7. The physical data, are the vapour_liquid equilibrium 
data, and the vapour-liquid enthalpy data. 
The vapour-liquid equilibrium data was generated by using 
Antoine equation for ideal systems, while for non-ideal system s 
the vapour-liquid equilibrium data was generated from Antoine 
equation plus the activity coefficients calculated from Wilson 
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equation (1964) in the liquid phase only. 
The vapour-liquid enthalpy data was supplied to the 
programme as a three degree polynomial as a function of temperature 
only. 
8. Feed temperatur~ flowrate, pressure and composition. 
9. Feed plate location is considered to give the best 
separation according to the assumed reflux ratio and 
theoretical number of plate, which is taken from 
Flow Dist programme. 
10. Temperature and pressure at the top and the bottom 
of the column. 
11. Heat added and removed at.the pinch points is required 
as an input data, when energy integration with intermediate 
heaters and coolers is considered. All the input data 
are taken from the F10wDist programme. 
A2.S Programme Cost 
This programme calculate the cost of the distillation 
column, heat exchangers, where the print out of the programme 
provided the.cost of each equipment in the configuration, cost 
of cooling water, cost of steam, cost of chilled water and the 
total annual operating cost. 
The economic service life is assumed to be 10 years. 
The column is assumed to be plate type column, the design 
is as ballast tray towers and the design method is in accordance 
to Glitsch ballast tray design manual (1969) 
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The input data required are:-
1. Service life 10 years 
2. Flood factor 
3. System factor 
4. The overall heat 'transfer coefficients for condenser 
and reboiler 
5. Plate efficiency assumed to be 60% 
6. Tray spacing constant on 61 cms 
7. Temperature approach in heat exchangers is 100C 
8. Diameter of the column depends on vapour rate at the 
top of the column 
The overall plate efficiency is assumed constant for each 
column in the configuration, it was found that the variation 
of plate efficiency does not produce a corresponding variation 
in the total column cost. 
The cost of column and heat exchanger are calculated as: 
Cost of A = Cost of B @i,zeofAl LS~1~z~e~o~f~BJ x slope of cost curve 
All the cost calculation procedure is taken from the 
previous work of Henry (1977) 
Using an intermediate heaters and coolers at the pinch 
points, this will effect the equipment cost, cost of water, 
cost of steam and the total annual operating cost. This was 
considered previously in chapter 4. 
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A2.6 Programme 'splids' 
The splids programme was developed by Henry 
(1977) and it is modified in this work to four 
cOmponent feedstocks to incorporate the concept of 
pseudo-component. To generate component having a 
specified relative volatility. The K-values, vapour 
and liquid enthalpies are generated from the programme 
for each component in the feedstock. By this programme, 
four comppnent feedstockscould be formulated in which 
the volatility of the components would be as predetermined 
simple multiples and not the values obtained by the use 
of actual components. 
APPENDIX A2-l - Flowdist programme 
input data 
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AppendixA2-l Flow dist programme input data 
Data are read in using free formate" (Fo.o). 
Card 1 - Title of the program 
Card 2 - Number of component Maximum 25 components. 
Card 3 - Component names, each component is typed on a 
separate card. 
Card 4 - Antoine coefficients for generating the k-values, 
the constants are A, B, and C, to be read as 
LnP = A (i) + B (i) 
C(i)+T 
P ~ is the pressure in MroHg 
T = is the temperature in °c. 
Card 5, -The molal enthalpy coefficients of liquid and vapour 
phase are given, the data for each component are 
typed on a separate card, where all the eight coefficients 
for each component are typed on the same card. 
2 3 H'L = Vl + V2T + V3T +V4T 
Where H Land H V are the liquid and vapour enthalpies 
in J{Kg and TOK, Ll ,L2 ,L3 , L4 and Vl ,V2,V3 and V4 are the liquid 
and vapour phase coefficients respectively. 
Card 6. - Cost parameters. If the cost is not required. read" the 
value of zero if it is required the value of 1 is typed 
(formate 12). If the costing is not required the next 
card will be card 1 • 
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Card 7 - Molecular weight for each component, each is given on 
a separate card. 
Card 8 - Liquid density coefficients for each components. All 
the coefficients Dl ,D2,D3 and D4 are punched on the 
same card for each component (Free formate). 
DL = Dl + D2T + D3T2 +D4T3 
thus D is in Kg/m2 and T is in oK. 
L 
Card 9 - The values of Flood factor and system factor (free., 
formate) are 0.7 and O~l respectively. 
Card 10- Service equipment life is 10 years 
Card ll-Two coefficients for the vapour capacity factor equation 
and two coefficients for the vapour capacity factor limit 
point equation are given in the same card. Which for 
vapour capacity factor equation the coefficients are: 
F 1 = 0.46, F2 ~0.015 
The vapour capacity factor limit point equation coefficients 
are: 
F5 = 0.60809, F6=-0.06l82 
Card 12- The overall heat transfer coefficients for the condenser 
and reboiler in w/m2oK. 
Card 13- Cost data are: 
1. The cost of distillation column with diameter 
parameter of 100 
2. Cost of 9.29 m2 of tray 
3. The cost of 92.9 2 m heat exchanger 
4. The cost of 4546 litres of cooling water. 
5. The cost of 453.5 kg of steam 
6. The cost of 4546 litres of chilled water. 
All are punched on the same card. 
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Card 14 Contains 
Card 
Card 
Card 
1. Slope of column - diameter parameter versus cost curve. 
2. Slope of heat transfer area versus cost of curve 
15- The total number of process topology. 
16- The unit numbers to which the distillate and the bottom 
streams go from the first colmnn. If the distillate 
is a product stream the UNIT No. is equal to zero. If 
the bottom stream is the product, the unit number is put 
equal to zero. 
17- This card contains: 
1. Temperature of feed in °c 
2. Pressure of feed in N/m2 
3. Amount of each component in feed in Kg mol/hr. 
All these are punched on the same card. 
Card 18- contain the unit parameter data for each distillation 
column. This card is required for each unit. The data 
is punched in (Format 312 ) 
1. Light key component number 
2. Heavy key component number 
3. The condenser specification of the value is 1 is for 
total condenser and 2 for partial" condenser. 
Card 19- The rest of unit parameter data for each distillation 
column is given on this card. The date are punChed in 
(Free format). 
1. Fractional recovery of light key component in the distillate 
2. Fractional recovery of heavy key component in the bottoms 
3. Pressure drop per plate 
4. Scale-up fa"ctor of minimum reflux ratio 
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Cards 18 and 19 are repeated for each unit as Card 18 for unit 1 
card 19 for unit 1 
card 18 for unit 2 
card 19 for unit 2 
card 18 for unit 3 
card 19 for unit 
and so on. 
Card 20 Key is A parameter for reading in further area for 
1) Key = o No further DATA .is to be read in 
2) Key = 1 New unit parameters are to be read in 
3) Key = 2 New feed stream is to be initialised 
4) Key = 3 New process topology is to be read in 
Where all cards from 15 to card 20 are repeated 
APPENDIX (A2-2) 
Khan progrannne input data 
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Appenaix (A2-2) Khan programme - input data. 
The input data are:-
Card 1 - Input heading 
Card 2 - Data contains are 
1 - Number of components 
2 - Number of theoretical plates calculated by 
Fenske's equation 
3 - TPRINT equal to I, (if the sumation error 
is not less than 0.001 and lPRINT equal to 
I, a second iteration is required and so on. 
All the data are punched on the same card. 
Card 3 - The data required are as follows: 
1 - Reflux ratio 
2 - The initial input temperature at the top of the 
1 . 0 co unm 1n C. 
3.- the initial input temperature at the bottom of the 
1 . 0 co umn 1n C 
4 Initial top pressure in (atm). 
5 - Initial bottom pressure in (atm) 
All the data are punched on the same card. 
Card 4 - Index equal 1. 
Card 5 - Murphee plate efficiency equal to 1.0, because 
the theoretical number of plates are used as an 
input data to the programme calculated by Fenske's 
equation at total reflux, as considered before 
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Card 6 - The data required are 
1 - Number of liquid side stream (No. LSS) 
2 Number of vapour side stream (No. VSS) 
3 - Number of heat (No. HIT) 
If'" NOLSS, NOVSS, and .NOHTT equal to zero then no 
liquid and vapour side streams and no heat duty at each 
stage is required. The input data on .NOLSS = 1, All the 
distillate at the top of the column is in the liquid phase 
so to condenser is considered. 
NOVSS = 0, no vapour side stream 
NORTT = no intermediate heaters and coolers 
are considered. With intermediate heater and cooler (NO HTT) 
is equal to 2 for one heater below the feed stage and one 
cooler above the feed plate at the pinch points respectively. 
All the data are punched on the same card using 
a (free format) 
Card 7 - The data required are: 
1 - Distillate stage number 
2 - Distillate rate. 
The two data are punched on the same card, the 
stage number is equal to 1, and the distillate rate is in 
kg mole/hr. 
Card 8 - Intermediate stage number ,,,here heat is removed 
2 - Amount of heat removed from the intermediate stage 
pinch point in kJ/hr. 
The data are punched on the same card 
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Card 9 - Data required are: 
1 - Intermediate stage number when heat is added. 
2 - Amount of heat added at the intermediate stage 
(pinch point) in kJ /hr. 
The data are punched on the same card. 
Card 8 and 9 are considered when intermediate heater and 
cooler is considered. 
Card 10 - The molal enthalpy coefficients of liquid and vapour, 
phase are given, the data for each component are punched on a 
separate card, when all the eight coefficients are pjnched on 
the same card 
where HI H are the enthalpy of liquid and vapour phase in 
, v 
J/kg and in OK, Ll ,L2,L3,L4 , Vl ,V2,V3 and V4 are the liquid 
and vapour coefficients respectively. 
Card 11 - Antoine equations for generating the k-values, 
the constants are A, B, and C to be read as. 
LnP = A(i) + B (i) 
c(i) + T 
p = is. the pressure in (atm) 
T • h ~n (oC) = ~s t e temperature • 
Card 12 - The data required are: 
card. 
1 - Feed stage 
2 - Feed rate in kg mole/hr 
3 - Feed temperature in °c 
4 - Feed pressure in (atm) 
All the data required are punched with the same 
-394-. 
Card 14 - Feed composition, where the data are punched 
on the same card. 
Card 1 - 14 are repeated for each column in the configuration. 
APPENDIX A2-3. 
Calculation of equipment 
cost and total operating cost 
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Appendix A2_3 
This appendix gives the calculation of equipment cost 
and total yearly operating cost. 
The assumptions made for cost estimation are:-
1. Assume ideal mixture, where the vapours obeys ideal gas law. 
2. Assume a constant molal flow 
3. The diameter of the column based on vapour flow at the top 
of the column 
4, Assume tray efficiency of 60% 
5. Tray spacing 61 cm (2ft) 
6. Tray area is 85% of the column area. 
7. All the equipment is assumed to be carbon steel 
8. Assume the equipment is operated all the year 
9. Economical service life is 10 years 
1. Cost of distillation column 
Calculate a dimension parameters VT by mUltiplying 
the diameter of the column by the height. 
The cross sectional area of the column CA 
CA = 3.1416 * (DT) 2 
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and, the tray area is taken as 85% of the cross sectional 
area of the column. 
TA = 0.85 x CA 
Cost of column 
* r VTJEl 
LlOO . * 
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Where. 
Cl = Cost of distillation column with dimension parameter 
of 100 
C2= Cost of tray with in area of 9.29 m
2(lOO ft 2) 
El = Slope of column diameter parameter Versus cost curve 
E2 = Slope of tray area versus cost curve 
N = Factor used to calculate the height of the column 
2. Cost of Condenser 
The overall heat transfer coefficient for condenser is 
taken as 567.B w/m2 oK. (100 Btu/hr ft2oF). The surface area 
of condenser is calculated using 
A c * 3.97 
Ac = U * TD 
2 If the surface area of condenser is greater than 929 m 
2 (1000 ft ). the area is divided by two and the cost is calculated 
and multiplied by two. 
Cost of condenser 
Cc = C3*(1~~~3 
C3 = Cost 
(1000 ft2). 
2 
of heat exchanger with surface area of 92.9 m 
E3 = Slope of heat transfer area versus cost curve. 
Hc = Condenser load·is in Kca1/hr. 
T = Log mean temperature difference. is calculated by: D 
T = [(TT-BO) - (TT-lOO)] /A1og [(TT-BO) /(TT-100)] 
D 
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If TT is less than 110 then. 
TD m [CTT-40) - (TT - 45)] / Alog [(TT-40) /(TT-45)1 
3. Cost of reboiler 
2 2 690 kN/m , (100 pound/m), steam were used. The overall 
heat transfer coefficient of the reboiler is 710 N/m2oK 
(125 Btu/hr ft2oC) 
The logmean temperature difference is calculated by: 
T = 338 - T (T in OF) B 
The surface area of reboiler is calculated by 
'\ = ~ x 3.97 
U x TB 
Cost of reboiler 
Aa E3 
CR = C3 * [1000] 
~ = Reboiler load in Kcal/hr 
All the cost data were multiplied by 1.505,which is the ratio 
for 1969 and 1973. 
4. Cost of steam: 
The cost of steam per year is calculated by 
Cs = 24 * 365 x C5 * HR * 3.97/1000 x 1000 
Cs = Cost of 453.6 kg (1000 lb) of steam 
5. Cost of Water 
The cost of cooling water per year is calculated by: 
C
w 
= 24 x 365 x C4 x HC x 3.97/1000 x 20 x 8.33 
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C4 = Cost of 4546 liter (1000 gal of cooling water) 
The same equation is used for chilled water except C4 is 
replaced by Cs cost of 4546 liter (1000 gal of chilled water). 
6. Equipment Cost: 
CE =.Cost of column + cost of reboiler + Cost of condenser. 
7. Yearly operating cost: 
C =4X{:Z\+C 
o 10} w + C s 
The cost estimation is taken from the previous work by B. Henry 
(1977) • 
Cost estimation with intermediate heat exchangers 
The same assumptions were made. The diameter of the 
column is based on the vapour flow at the top and the bottom 
of the column. Thus, using an intermediate load this will 
change the vapour flow through the column. The vapour 
flow will reduce to V: (minimum vapour) and less than the 
m1n 
minimum. When the column is operated at the minimum reflux ratio, 
and less than the minimum. At the intermediate section the 
vapour flow is equal to the vapour. flow when the column. is 
operated at actual reflux ratio. Thus, the diameter of the 
column will change at the top and the bottom of the column, 
the height of the column will increase with the intermediate 
heaters and coolers supplied at the pinch points. 
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The cost of heat exchange~ is assumed to be equal to the 
cost of condensers and reboilers as: 
Cexchanger = C3 * [ :~~~h r3 
Where: 
Aexchanger = Area of heat transfer and is equal to 
A 
exchanger = H * 3.97 U + T 
exch D 
Uexch = overall heat transfer coefficient for heat 
exchangers and is assumed to be. equals to the overall heat 
transfer coefficients of condensers 567.8 w/m2oK. 
H = Amount of heat exchanged between the two stream to 
be matched. 
DATA Cards input 
Card I - Number of components in the feed mixture to the 
configuration format is 12 
Card 2 - Molecular weight for each component 
Card 3 - Coefficients for liquid density. All four coefficients 
are punched in the same card, then cards (2) and (3) 
are repeated for each component. 
Card 4 - Two coefficients for the vapour capacity ~actoT 
equation. 
Card 5 - The two coefficien~for the vapour capacity factor 
for limit point equation 
Card 6 - The flood factor and system factor 
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Card 7 - contains the following cards 
1 - The cost of distillation column diameter parameter 
2 -
3 -
4 -
5 -
6 -
of 100 
Cost of tray with an area of 9.29 m2 
2 Cost of a heat exchanger with an area of 92.9 m 
The cost of 4546 litres of·cooling water 
The cost of 453.5 kg of steam 
The cost of 4546 litres of the chilled water 
Card 8 - Contain the slope of eost curve 
1 - Slope of column diameter parameter versus cost of 
curve 
2 - Slope of tray area versus cost of curve 
3 - Slope of heat transfer area versus cost curve 
Card 9 - The overall heat transfer coefficients for 
condenser and reboi1er in W/m2oK. 
Card 10- Service life of equipments in years. The format 
is 13 
Card 11- Number of runs to be made, the formate is 13 
Card 12- Contains the feed, .&.stillate, 'lottom product and 
the reflux ratio to the column, all the rates are 
in (kg moles/hr) 
Card 13- Bottom composition of each component 
Card 14- Number of theoretical plates in the column, temperature 
of the bottom and top product in degree centigrade 
and the pressure in N/m2 
Card 15- Condenser, and reboiler heat load in GJ/w hrs 
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Cards 12 to 15 are repeated for each case. For actual reflux 
and, minimum reflux and reflux less than the minimum. 
When intermediate heaters and coolers are considered at 
intermediate section at the pinch points, heat exchanger' 
networks are considered between stream exchanging heat. The 
cost of heat exchanger ne two rk$ was considered separately and 
cost of steam and cooling water is also considered, as 
discussed'before.- Then the total equipment cost is calculated 
and the annual operating cost. 
The data are: 
Flood Factor = 0.7 
System Factor = 1.0 
Cost of Distillation Column. Diameter parameter' of 100:£1200 
Cost 2 of 9.29m Tray = £270.0 
Cost of 2 92.9m heat exchanger = £2625.0 
Cost of 4546 litre of cooling water = £0.09 
Cost of 453.5 kg of steam = £0.50 
Cost of 4546 litre of chilled water = £0.18 
Slope of column di~meter parameter versus cost curve = 0.431 
Slope of tray area versus cost curve = 0.923 
Slope of heat transfer area versus cost curve = 0.633 
Overall heat transfer coefficient for condenser 20 = 567.8 w/m K 
Overall heat transfer coefficient for reboiler = 709. w/m2oK 
Service life of equipment = 10 years 
APPENDIX A2-4 Splid;programme 
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A!'PEND1CES A2-4 Programme SPLIDS 
Sf'lids programme has been considered by Henry (1977) 
for three component mixture, while in this thesis it is 
modified for four component mixture, The results generated 
from this programme i.e. K-values, vapour and liquid 
enthalpies for pseudo-component and the reference component 
are used as in input data for Flow Dist programme to 
design each column in the two configurations I and 11. 
The K-values generated from the programme are in form 
of 
K = a +bT + cT2 + dT3 
while the K-values used in F~ow dist are in form of Antoine 
equation. 
In po = A B 
+--
C + T 
po = vapour pressure in romHg 
T o = temperature in degree C 
The coefficients in the first equation (a, b, c and d) are 
not equal to the coefficients A, Band C 
Thus to calculate A, B and C. 
In po = A +_B_ 
C+T 
YA 
= po XA il 
KA = P 0 P 0 = KA·PA A A 
TI 
KA = K-values are calculated for each component by knowing 
the coefficients a,b,c and d and the temperature T 
TI = is the total pressure 
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Thus PA
o is calculated at certain temperature, the same 
procedures is repeated for different values of temperature 
and different feed components. 
Algebra is needed to find the values of A, Band C for 
each component, where four equations are required at four 
different temperatures to calculate the coefficients A, Band 
C. 
The input data to splids programme are: 
1. READ DATA - Number of components total molar flowrates, 
recovery specifications, molecular weights of reference 
components (if required), Coefficients for K-values and 
liquid and vapour enthalpy coefficients of reference 
componen ts • 
2. Read Number of relative volatility cases to be studied. 
3. Read relative volatility for A to B, B to C and C to D 
4. Read numbers of feed compositions 
5. Read feed c~mpositions 
6. Compute bubble point temperatures for a given feed 
composition and relative volatility. 
The K-values, vapour ~nd liquid enthalpies for the 
pseudo-components A, Band C over the required temperature 
range are calculated by the modified splids programme 
for four components. The previous procedure for three 
components are given by Henry (1977). 
APPENDIX A3 
Mathematic model for four components 
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APPENDIX A3- Mathematic1 model for four component s 
mixture. 
The vapour flow from the top of the distillation 
column is given by. 
v = D (R + D) 
if R = 1.25 Rmin 
v = D (1. 25 R. + 1) •••••••••••••••••••••••••••••••••••• (A3 .1) 
m1n 
R. is determined by Underwood's method as: 
m1n 
aA XAD aB XBD a C ZeD aD XDD =~. + 1 ••.•••••••. (A3.2) 
__ + _ + _ 1"- 1n 
~ is calculated from Fenske's equation at the feed. 
XCF · aD ~F = l-q •••••••••• (A3. 3) 
+ --
The feed enters at its bubble point temperature, so q=l, 
Assume the left handside of 
Y = R. + 1 so R. = Y-l 
nun , m1n 
aD ~F = 0 
+--
aD-$ 
equation (A3.2) 
....•..•. . (A3 . 4) 
= Y 
V. = D.(1.25 (Y.-l) + 1) = D. (1.25 Y. - 0.25) •••••••••• (A3· 5' 
1 1. 1. 1. 1. • • 
V. = D. (1.25 Y. - 0.25) •••••••••••••••••••••••••••••••• (A.3.6: 
1 1 1 
Thus for three columns in a given configuration, the sum of 
the overheads vapour loads from each column would be 
= VI + V2 + V3 
= Dl (1.25 Yl - 0.25) + D2(1.25 Y2-O.25)+ D3(1.25 Y3-O.25) 
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For the comparison of the two possible configurations for 
the separation of the four component feeds, an expression 
between the differences in the total vapour load from 
each configuration. 
(Vl +V2+V3)D - (Vl +V2+V3)i = 1.25 [(DlYl+D2Y2+D3Y3)D-(DlYl+D2Y2 
+D3Y3)iJ - 0.25 [(Dl +D2+D3)D - (Dl +D2+D3)i] 
or /W 1.25 [. J 
F - -F- (DlYl+D2Y2+D3Y3)D - (DlYl+D2Y2+D3Y3\ 
.~ 0/5 [(Dl +D2+D3) D - (Dl +D2+D3) J .................. (A:3.8; 
The variables are 
1. Feed composition XAF , ~F' XCF , and ~F 
2. Relative volatility of feed componenets aA' aB' a C 
and aD. 
3. Degree of recovery of each component ~A,RFB' ~C 
and ~D. 
1. calculation of distillate flowrate for each column 
in the configuration in terms of the variables specified 
above. 
Direct Configuration 
Cohnnn (1) 
Number of moles of Dl = Moles of A + Moles of B 
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DID a XAF • F •. RFA + ~F.F. (I-RFB•5) ••••••••••••••••••• (A3.9) 
Column (2) 
Number of Moles of D2 = Moles of A + Moles.of B 
+ Moles of C 
Column (3) 
Number of moles of D3 = Moles of B + Moles of C + 
Moles of D 
D3D = ~F·F. (l-RFB) + XCF·F. RFC+XDF·F. (I-RFD)········(A3.11) 
DI ,D+D2,D+ D3,D = XAF·F +~F.F. (2-RFB•5)+XCF ·F. 
(I+RFC - RFCO.
5) + ~F.F. (I-RFD)·····················(A3.12) 
Indirect Configuration 
Column (1) 
Number of Moles Dl = Moles of A + Moles of B + Moles of C 
DI,i = XAF.F + ~F.F. RFBO. 5 + XCF·F.(l-RFCO.5) •••••.••• (A3.13: 
Column (2) 
Number of Moles D2 = Moles of A + Moles of B 
D2,i = XAF·F. RFA + XsF·F. (RFBO.
5
- RFB)····· .•••..••.•• (A3.14: 
Column (3) 
Number of Moles of D3 = Moles of B + Moles of C + Moles 
of D. 
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D3,i a XBF.F. (1 - RFB) + XCF.F. RFC + XUF.F. (l-RFD) 
. O.S 
Dl,i + D2,t D3,i = XAF·F. (l-RFA) + XBF.F. (1+2 RFB -
2 RFB) + XCF.F. (l-RFCO.
S+ RFC) + XUF.F. (1-RFD) ••••••• (A3.1S) 
Substituting equation (A3.l2) into (A3.1S) 
~D _ X~ (1 - 3RF O.S + 2 RFB) - XA~. RFA •••••.•••••••••• (A3.l6) F - -13F B fir 
11. Development an expression of 'y' term in equation 
(A3.8) 
The Underwood equation 
~D 
Y = C1XAD + CZ~D + C3XCD + C4 (1 - XAD-~D-XCD) 
Y = (C l -C4) XAO + (CZ-C4) XBD + (C3 -C4) XCD + C4 
The Y function is derived for each column: 
Column (1) 
¥CD = 0.0, XOD = 0.0 
Y = Cl XAD + Cz ~D 
Y = XAD (Cl-CZ)+ C2 ..••.•..•..••••.....•...•...•••••.•••• (A3.l7: 
XAD = Number of moles of 01 
Total number of D1 
Y1,D = XAF·F. RFA (C1-CZ) + Cz 
01 ,0 
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Cl _ aAB C 1 
...!!:::..----, 2= -:--!:.--
aAB_~l 1 
F 
] 
+ C2(~.RFA+XBF(l-RFBO.S)] Yl D =..L 
, Di 
< ,D 
Col= (2) 
XADZ = XAF·F. (l-RFA) 
D2 ,D 
~D2 = XBF·F. RFB 
D2,D 
XCDZ = XCF cF. (l-RFCO.
S) 
D2,D 
Y2,D= Ci XADZ + Ci ~DZ + C) XCDZ 
= XADZ(Ci - C3) + XBD2 (Ci - C) + C3 
••••• (A3. 18) 
Y2,D ,,--x. [XAF • Cl-RF A)' (Ci - C3) + XBF·RFB(Ci-C) + DZD C;1 
DZ,D F 
Substitute DZ,D 
~1 = Ci - C) , ~2 = Ci - C) 
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Where, 
C, I 1 = a AC C' 1 3=-
Column (3) 
~D3 = l1lF· F • (l-RFB) 
D3 ,D 
XCD3 = ~D·F. (l-RFD) 
D3 D , 
Substitute D3 ,D 
1-4>2 
C, I 2 = aBC 
(C" - C") 3 4 
Y 3,D =..1:. r l1lF' (l-RFB) (Cz - Ct:) + XCF ' RF C· (C3 - Ct:) 
D3 ,D L . 
+ Ct: (l1lF'( 1-RFB) + XCF ' RFC + ~F' (1 - RFD) 1 
e" - ell c 2 4 = Cl 
c" - ell c 3 4 = C2 
et! a It 
2 = BD· 
ex " -BD 4>3 
C" 4 
= 
1 
1 - 4>3 
e" a. 11 
3 = _C.::;D=--__ 
Cl 11 - 4>3 CD 
Y3 ,D =. r!-- iCC1' ~F. (l-RFB) + CC2 XCF • RFc + 3,D l 
ct: (l1lF' (l-RFB) + XCF RFc + ~F' (l-RFD)) ] ........... (A3.20; 
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Indirect Configuration 
Column (1) 
XAD 1 
Substitute XCD = 1 - XAD - XsD 
Yl,i = XAD(<lAC" __ 1_ \ + XBD 
<l AC"-tj> 4 1 -tj>4 I 
dl = <lAC" , d2 = 1 
<lAC"-tj>4 l-tj>4 
Distillate compositions 
Xs ~ F F~·5 D '" F. 
Dl,i 
(dl -d3) + ~F·RF~·5. (d2-d3) + d3 Dl,i } 
F 
Substitute Dl . 
,1 
+ XCF' (1-RF~·5») ...................................... (A3.2l) 
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Column (2) 
" Y2,i _ QAll XAD 1 + -- ~D 
Y2,i = XAD 
Q " AB 1 
1-<1>5 
, , 
d1 = QAll" 
QAll"-<I> 5 
, 
d2 = _1_ 
1-<1>5 
, , , 
Y2,i = XAD (d1 - d2)+d2 
Distillate compositions. 
Y2 • - F ~---
, D2 • ,~ 
Column 3 
Y3 • 
QBD" ~D QCD" XCD 1 T-
,~ =-- t--
1 
1 - <1>5 
D2 • 
-!2:. 
F 
~D 
QBD"-<I>6 QC!l"-<I>6 1-<1>6 
Y3 • ,~ = ~D 
.. 
QBD" d1 = , 
--
QBD"-<I>6 
QBD" 
-
QBD"-<I>6 
" d2 ~ 
1 .,. XCD 
--
1-<1>6 
QCD" , 
QCD"-<I>6 
QCD" __ 1_ + _1_ 
QCD"-<I>6 1-<1>6 1-<1>6 
" d3 = 1 
1 -<1>6 
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Distillate compositions 
D3 . 
,l. 
Substitute in D3 ., where 
, l. . 
.. It 
'1l = d2 -d3 
" 
Y3 ,i =_F_ 
D3 . 
,l. 
(dc'~F,(l-RFB) + XCF,RFC '1l + d3(~F,(1-RFB) + XCF ' 
RFC + XDF , ••••••••••••••••••••••.••••.••••• • (A3. 23) 
III Development of the objective function equation (AS) 
~ = 1,25 [(D1DY ID +D2DY 2D +D~DY 3D) - (DU Y li +DZi Y 2i + D3i Y 3i)1 
F F 
-O~25~DID + D2D + D3D)-(Dli+D2i+D3i)1 
Substitute as follows 
YID, Y2D, Y3D and Yl i,Y2i,Y3i 
and ~D = ~F (1. - 3RF~' 5 + 2RFB) - XAF ' RF A 
The simplification of the equation yield to 
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, , t. 
(CI-CBI-C3-~~d2 + 0.25) + 1.25 ~F (C2+ CCI + C4-dC-d3-O.25) 
'" 0 5 + 1.25 ~F·RFB (0.5 + CB2 -CCI-C4 +d2 + dC+d3) + "1.25.XBF·RFB• 
, .. n 
(0.75 - C2-d2-d2) + 1.25 XCF(l-d3) + 1.25.XCF.RFC(Cc2+c4-dD-d3) 
0.5 11 .. 
+ 1.25 XCF.RFC (d3-1) + 1.25 ~F (l.RFD) (C4 - d3 ) ••••• (A.24) 
To simpl~fy the expression by the volatility term as 
Where 
C j 1 \ 
2 \-1 -<1>1 ) ID 
C' "( 1 \ 
3 = 1 -<1>2) 2D 
C" (1 \ 
3D 4 = 1 -<1>3 :")3D 
d' (1 ) 2 = 1 -<1>5 2i 
I cx BD d" ~ ) 
: cx--'B::'::D'----<I>-6 3 i 
d) . (1 \ 
1 -<I> J 3i 
Equation (A3.25) is the mathematical model relating the 
difference in the overhead vapour flow per mole of feed to the 
feed composition, component relative volatilities and the 
degree of recovery, size values of <I> Underwood parameter is 
contained. 
APPENDIX A4 
Khan Programme (Simplified 
computer progrannne) 
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Appendix A4- Khan progrannne (Simplified computer. progrannne) 
r--"''----,.--~ CALL INPUT @ 
1-__ • CALL VLE (PRESS, l,T,J) 0 MASTER 
1---,.-----1.----+ CALL FEED G) 
<Dr------lt..-------1-__ CALL VLE (Press,2,T,J) ® 
Set an initial temp, 
press, flowrate profiles 
Calculate the new temperatures 
flowrates and liquid compositions 
CALL TRIG (To calculate the 
initial liquid composition) ~ 
CALL Output (1) PRINT OUT the 
initial set-up of the problem. 
CALL BUBBLE (To calculate the 
new temperature) 
CALL VAPOUR (To calculate the 
new flowrates at the top and 
the bottom at each stage and 
calculate the top, bottom 
condenser and reboi1er load, 
respectively) 
'-----4 CALL TRIG (To calculate 
the new liquid composition)~ 
SIGMA = 0 (Sutmnation error) 
00 J = I,N 
SIGMA 1 = ABS (Sum(X) "'I) 
IF (SIGMA I.GT. SIGMA) SIGMA=SIGMA 1 
IF (Np.GT. 2) CONTINUE 
DO I = I,M 
PEX (I,J ,NP) = Ex (I,J) CONTINUE 
YES 
Call Output 'WRITE SIGMA 
(2) 
STOP 
NO 
STOP 
YE~ 
CALL OUTPUT (2) 
(The subroutine 
produces print-o, 
of the final res' 
ults of the colrn 
calculations. 
200 
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-'L--,I:::;N~P::;.UT"-_--JI 0 
.l. 
Read, heading, number of components, number of plates, 
IPRINT, Reflux ratio, Top initial temperature, Bottom 
initial temp, Top initial pressure, Bottom Initial pressure 
INDEX, plate eff, Number of liquid side stream - No. of 
vapour side stream, No. of heat interstage, vapour - and 
liquid enthalpy coeffs. 
t 
1- RETURN I 
1 
l END I 
IVLE I ,0) 
-. 1. 
Go To (100,200, 200), KNT 
;-
I Read (A,B, and C Antoine Coefficients I 
l! 
DO LOOP I,-I,M 
Calculate K-values using Antoine 
• equations 
J 
I Return I 
1 
I END I 
I:) 
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FEED @ 
READ No. of feed sidestreams, No. of 
feed plate, feed rate, feed temperature, 
feed pressure, and feed composition 
Calculate "-Values for each component in 
the feed (CALL VLE) 
alculate Feed CALL N 
enthalpy Calcul 
EWPOL(Subroutine 
ate the new 
imations of a approx 
Calculate the total enthalpy of the 
RETURN 
END 
I TRIG 0 
J 
root t 
liquid 
feed 
Subroutine to calculate the liquid mole 
fraction (X(I,J» by solving the material, 
energy and equilibrium equations. To solve 
these equation the Tridiagonal Matrix Method 
is considered 
o calculate the 
compositions) 
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Appendix AS: The effect of changing the feed 
type on total reboiler for 
1. Iso-Butane, N-Butane, N-Pentane and Hexane 
2. Iso-Butane, Iso-Pentene, N-Pentene and Hexane 
3. Iso-Butane, N-Butane, Iso-Pentane and N-Pentane 
• 
~ 
'" 0 
'""' 
x 
..., 
~ 
::" .. ~ 
'1j 
III 
0 
'""' 
... 
CJ 
'""' OM
0 
,D 
CJ 
... 
'""' <;l 
... 
0 
f-< 
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C' - With energy integration. and with interstage flow 
of (0.35 x Rinin)· 
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Figure (A5.l) ~ Effect of changing the feed type on total 
I 
I 
I 
Feed type 
reboiler load for a mixture of Iso-Butane, N-Butane, N-Pentane 
and Hexane and 9.9.5% recovery 
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Cl - Energy inte~ration with interstage flow of 0.35 x Rmin 
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C - Energy integration wi th inters tag f ow of 0.25 x Rmin 
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Figure (AS.2) Effect of changing feed type on total reboiler 
load of mixture Iso-Butene, Iso-Pentene. N-Pentane and Hexane 
at 99.5% recovery 
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C' - Energy. integration with interstage flow of (0.35 x Rmin) 
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Figure AS.3 Effect of changing the feed type on total 
reboiler load.of mb,:ture Iso-Butane, N-Butane, Iso-Pentane, 
and N-Pelltane of 99.5% recovery 
